
Fuel 333 (2023) 126266

Available online 20 October 2022
0016-2361/© 2022 The Author(s). Published by Elsevier Ltd. This is an open access article under the CC BY license (http://creativecommons.org/licenses/by/4.0/).

Evaluation of the effect of pressure and heat transfer on the efficiency of a 
batch fuel reactor, using Iron-based Oxygen Carrier with a CFD model 

Wang Lu a, Pietro Bartocci b,*, Alberto Abad b, Arturo Cabello b, 
Margarita de Las Obras Loscertales b, Teresa Mendiara b, Liang Wang c, Qi Chen a, 
Yingquan Chen a, Xianhua Wang a, Haiping Yang a,*, Hanping Chen a, Mauro Zampilli d, 
Francesco Fantozzi d 

a State Key Laboratory of Coal Combustion, Huazhong University of Science and Technology, Wuhan, China 
b Instituto de Carboquímica (ICB-CSIC), Miguel Luesma Castán 4, 50018 Zaragoza, Spain 
c SINTEF Energy Research, Postboks 4761, Torgarden, Trondheim, Norway 
d Department of Industrial Engineering, University of Perugia, Via G. Duranti 67, 06125 Perugia, Italy   

A R T I C L E  I N F O   

Keywords: 
Chemical looping combustion 
Syngas 
Iron 
BECCS 
Bioenergy 
Gas turbine 

A B S T R A C T   

Coupling a Chemical Looping Combustor fed with biofuels with a turbo expander is a promising Negative 
Emissions Technology (NET) to realize climate neutral targets in China and Europe. This is also an example of 
Bioenergy with Carbon Capture and Storage (BECCS) technology. To realize it, we need a Pressurized Chemical 
Looping Combustion process (PCLC). In this work, a Eulerian-Lagrangian hybrid model is developed in Barra-
cuda-VRTM software, incorporating chemical reactions to predict the performance of a Fuel Reactor using Fe2O3 
as oxygen carrier and syngas as fuel, under different pressures, ranging from 1 bar to 20 bars. The model pre-
dicted the conversion efficiency of syngas reduction using an iron-based oxygen carrier (Fe2O3/Al2O3). The 
results show, that the increase in pressure promotes the conversion of CO and inhibits the conversion of H2. 
When the two gases are considered together, the increase in pressure promotes the reaction between syngas and 
Fe2O3 and reduces the demand for Fe2O3 oxygen carrier per unit of syngas Lower Heating Value and so also the 
inventory of the reactor. Increasing temperatures promotes both the reaction of H2 and CO with Fe2O3. Dealing 
with CO conversion, this is more affected by pressure changes and temperature changes than H2. This represents 
important information for Fuel Reactor design, scale up and optimization. Further validation is neded in batch 
and continuous pressurised plants.   

1. Introduction 

The power sector is undergoing drastic changes owing to the demand 
of low carbon technology [1,2]. The “European Green Deal”, released by 
the European Commission, aims at making Europe the first “climate 
neutral” continent and the first to achieve carbon neutrality by 2050, 
demonstrating a strong willingness to lead the world in achieving carbon 
neutrality [3]. The roadmap that has been development in 2019 pro-
poses to realize a 50 % reduction of the EU’s greenhouse gas emissions 
by 2030 (respect to the emissions of year 1990) [4]. To achieve this 
ambitious goal, it’s likely that the conventional gas turbines and internal 
combustion engines will need to be integrated in systems employing 
biofuels, alternative fuels (like hydrogen or ammonia) and/or CCS 

(Carbon Capture and Storage) [5]. 
CCS is an important process that can significantly reduce CO2 

emissions from industrial activities and power plants and can allow 
using current combustion based electricity production technologies [6]. 
On the other hand, CCS can correspond to an energy penalty and so to a 
reduced efficiency of the power plants, for this reason high efforts in 
research are focused on developing CCS with the lowest energy penalty 
(also taking into account that CO2 to be stored needs to be compressed 
and liquefied and this will also imply an energy penalty, which is not 
avoidable). 

The IPCC (Intergovernmental Panel on Climate Change) has reported 
that BECCS (Bioenergy with Carbon Capture and Storage) is a key 
technology for meeting the carbon reduction targets which have been 
pledged by the “Paris Agreement” for this century [7]. However, the 
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high cost of the initial investment and the costs of operation are 
important bottlenecks for the CCS technology to be applied in industrial 
clusters [8]. CLC (Chemical Looping Combustion) is an attractive tech-
nology which produces a pure flow of CO2 and water vapor as exhaust 
gases of combustion and for this reason is one of the cheapest ways to 
perform carbon capture [9,10]. In chemical looping combustion the 
conventional combustion process is divided into two main reactions: the 
oxygen in the air is first transferred to the oxygen carrier through an 
oxidation reaction and then the oxygen carrier reacts with the fuel 
through a reduction reaction. In total one redox cycle is performed 
during CLC. In this way, the exhaust gases of combustion are almost only 
composed by CO2 and H2O and so it is easy to reach a high purity flow of 
carbon dioxide and to avoid the drawbacks of oxyfuel combustion, 
which are:  

- the high temperature of combustion (respect to combustion with air);  
- the costs of separating oxygen from air. 

We have to take into account also that CLC has less exergy destruc-
tion respect to conventional combustion, given that the equilibrium 
temperature for the reduction and oxidation reactions is much closer to 
the real temperature at which the oxidation and reduction reactions 
happen; while the equilibrium temperature of combustion is in reality 
much higher respect to the real combustion temperature (which is 
allowed by the current properties of the materials used in combustion 
chambers and boilers) [11]. This will reduce the irreversibility of the 
combustion process, when chemical looping is used. Also, the costs of 
separating the CO2 after combustion from the exhaust gases (the so- 
called post combustion carbon capture) can be avoided. This is a treat-
ment which has a high cost due to the high concentration of nitrogen in 
the exhaust gases, and is encountered in case of conventional combus-
tion processes [8,12]. The difficulty in the separation of CO2 from 
exhaust gases of combustion increases further if solids fuels, like coal, 
are combusted, which implies that exhaust gases have an important 
concentration of contaminants, like sulfur. 

Oxygen carriers play an important role in the economic and efficient 
operation of CLC combustors [13]. The selection of oxygen carriers re-
quires comprehensive consideration of the price, the conversion rate, 
the loading amount of oxygen, the resistance to attrition and agglom-
eration [14–16]. Iron based oxygen carriers of synthetic or natural 
origin oxygen carriers are considered as promising oxygen carriers, due 
to their sufficiently high oxygen transport capacity during the whole 
reduction–oxidation cycle [17,18]. However, in the actual chemical 

looping reactor, real operating conditions have to be considered and it is 
interesting to understand how these can influence the oxygen transport 
capacity, which is typical of the different types of oxygen carriers. 

Pressure is a key parameter to increase the efficiency of gas turbines 
[19], together with turbine inlet temperature (TIT). For power plants 
based on PCLC (Pressured Chemical Looping Combustion), increasing 
the pressure will also decrease the cost for CO2 compression storage in 
the downstream part [20]. PCLC is still on an embryonal stage if we 
compare it to PCFB reactors, which have already reached commercial 
scale [21], see the Karita 360 MWe power plant and the Osaki 250 MWe 
power plant. The barriers which avoid the development of PCLC power 
plants on a commercial scale are:  

- (1) high efficiency oxygen carriers are needed, which can operate at 
high temperature and high pressure;  

- (2) low attrition rate oxygen carriers are needed which can work in 
extreme conditions;  

- (3) kinetics aspects under high pressure and temperature conditions 
are not known;  

- (4) reactor injection system has to be adapted to biofuels;  
- (5) the use of the hot air produced from the air reactor in a gas 

turbine has to be optimized;  
- (6) exhausts should be filtered to retain the dust released by oxygen 

carrier attrition;  
- (7) high electrical efficiency of the power system has to be granted 

together with high fuel conversion in the combustor. 

So far, limited work on the behavior of oxygen carriers for PCLC has 
been made. Jin et al. [22] designed and manufactured an elevated- 
pressure (up to 9 bars) fixed-bed reactor and characterized the oxygen 
carriers in TGA and fixed-bed reactor. Wolf et al. [23] analyzed the 
feasibility of a CLC system consisting of two interconnected pressurized 
fluidized bed reactors and further developed the hypothetical layout, by 
dimensioning its components. Rana et al. [24] analyzed the oxidation 
performance of ilmenite under pressurized conditions (8 bars) in TGA. 
They indicated that the oxidation kinetics can be modelled by a two-step 
mechanism (2nd order random nucleation dominating at lower con-
versions, and Jander’s solid state diffusion model [25] dominating at 
higher conversions). Our previous study analyzed the influence of 
pressure and the reduction rates of the oxygen carriers in PTGA exper-
iment [26]. However, the reaction rate between fuel and OCs is not only 
influenced by OCs’ reaction kinetics, but also is favored by the heat and 
mass transfer, which is a non-negligible factor in industrial PCLC 

Nomenclature 

Greek letters 
∂, ∇, δ Incremental change, - 
θ Volume fraction, - 
μ Viscosity, kg/(m⋅s) 
ρ Density, kg/m3 

τ Stress tensor, Pa 
∅ Viscous dissipation, - 

Subscripts 
f Fluid phase, - 
i The ith species, - 
s Solid phase, - 

Symbols 
A Particle acceleration, m/s2 

d Stoichiometric factor for the combustion of fuel gas with 
oxygen, mol of O2 per mol of fuel gas 

D Turbulent mass diffusion coefficient for gas, m2/s 
Ds Interphase momentum transfer coefficient, - 
F Inter-phase momentum transfer rate 
FR Fuel Reactor, - 
h Specific enthalpy, J/kg 
k0 Pre-exponential constant, - 
m mass, kg 
MP-PIC Multiphase-Particle in Cell, - 
n reaction order, - 
OC Oxygen Carrier, - 
p pressure, Pa 
q Fluid heat flux, W/m2 

R Universal gas constant, J/(mol⋅K) 
Sh Inter-phase energy exchange rate, - 
V volume, m3 

T temperature, K 
u Velocity vector, m/s 
Yi Mass fraction, -  
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fluidized bed conditions. Therefore, it’s necessary to explore the reac-
tion rate and the detailed behavior of the OC in the fluidized bed fuel 
reactor under pressured conditions, which is also important for indus-
trial design and optimization of PCLC. Given that Pressurized Chemical 
Looping combustion (PCLC) pilot plants are still not so common, the use 
of CFD (Computational Fluid Dynamic) is needed to model and foresee 
how the technology works and also to design optimized plants. 

CFD simulation of the fuel reactor is a useful step to design, optimize, 
scale up and further understand the performance of industrial equip-
ment [27,28]. The Eulerian-Eulerian (E-E) method and the Eulerian- 
Lagrangian (E-L) method have been widely used in fuel reactor simu-
lation [29]. Wang et al. [30] investigated the CLC processes in a dual 
circulating fluidized bed (DCFB) reactor by E-E method. The gas–solid 
flow behavior and reactive characteristics were well predicted based on 
a cluster structure-dependent (CSD) drag coefficient model. Li and Shen 
[31] studied gas–solid hydrodynamics in a 3D DCFB based on E-E 
method, and predicted reasonable radial solid distribution and pressure 
distribution using 4 different drag force models. The authors have 
published a work on a batch fluidized bed reactor fed with biomethane 
and working with iron-based oxygen carriers [32]. Nevertheless, the 
performance of the batch fluidized bed and the reaction characteriza-
tions of OCs have never been studied in pressurized conditions. 
Compared with the Eulerian-Eulerian method, the Eulerian-Lagrangian 
method can track particles in time and space, which greatly improves 
the calculation accuracy of particle size, density and shape [33]. MP-PIC 
(multiphase-particle in cell) is a typical Eulerian-Lagrangian method, in 
which the gas phase is treated as a continuous phase and it is solved 
using the Eulerian method, while the solid phase is treated as a discrete 
phase solved by the Lagrangian method [34]. In the MP-PIC method, the 
concept of parcels is introduced, to simplify the computational costs of 
the actual calculation process, several particles with same properties 
(species, temperature, velocity, etc.) are put into a parcel, which rep-
resents the calculation unit [35]. This greatly reduces the cost of 

calculation and improves the efficiency of the model. 
Barracuda-VRTM uses the multiphase-particle in cell (MP-PIC) 

method to simulate gas–solid interactions. This has already been 
described by Reinking et al. [36]. In this work, we use Barracuda-VRTM 

(Version 17.4.0) to develop a comprehensive three-dimensional nu-
merical model for the fuel reactor. The reactor is a part of the GTCLC- 
NEG concept (shown in Fig. 1), which has been proposed in the Marie 
Curie IF project with the same name. 

The project is managed by ICB (Instituto de Carboquimica), 
belonging to CSIC (Spanish National Research Council). The objective is 
to develop a Carbon Negative Technology, capable to burn multiple 
biofuels derived from biomass (eg, pyrolysis oil, biogas and syngas) and 
to capture the CO2 emissions at a very low cost. The model incorporates 
the fluid dynamics, the mass and heat transfer equations, and the 
chemical reactions that guide the oxygen carrier reduction. Calculations 
results are compared with the data derived from PTGA experiments 
performed in ICB-CSIC previous projects, to validate the model. This 
study has the ultimate objective to investigate the specific behavior of 
the Fe-based oxygen carrier in the FR and the detailed influence of 
pressure and temperature under elevated pressure conditions on the 
oxygen carrier reaction rate. 

To the best of authors’ knowledge there is no work, at the moment, 
on CFD of pressurized CLC Fluidized Bed reactors. Besides this, the ox-
ygen carrier used is iron based, but has a high reactivity, due to the 
influence of Alumina and also this represents an original aspect. 

2. Model development 

The model simulates the chemical reactions happening in a bubbling 
fluidized bed reactor, used as a fuel reactor in a chemical looping 
combustion plant. The set of reactions used in the model are the 
following: 

Fig. 1. The GTCLC-NEG concept [32].  
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CO + 3 Fe2O3 → CO2 + 2 Fe3O4 (1).                                                       

H2 + 3 Fe2O3 → H2O + 2 Fe3O4 (2).                                                       

The transformation of Fe2O3 into Fe3O4 and then into FeO is regu-
lated by time, as we can see also by [37]. For this reason, it is important 
to regulate the length of the reduction cycle in a way that it stops once 
the first reduction of iron is completed. One of the important results of 
our analysis is to identify the length of the reduction cycle, to stop this 
before FeO is formed. Future experimental tests will be performed before 
the cycle ends to derive information also on the kinetics of the process 
and to confirm in the end the results of the PTGA experiments. 

The reactions (1) and (2) are used to model the reduction of the 
oxygen carrier by two kinds of fuels: CO and H2. Syngas composition is 
modelled assuming 50v% of concentration of H2 and 50v% of concen-
tration of CO, according to what reported also in: [38,39]. The 
reforming of water vapor over the iron oxygen carrier it is neglected 
because this phenomenon is much more prevalent when nickel oxygen 
carrier is used, respect to iron oxygen carrier. 

Table 1 shows the different cases that were simulated. As reported in 
Table 1, the influence of pressure and temperature are studied. The 
conversion rates of the oxygen carrier using H2 and CO as fuel are 
compared with PTGA experimental results, to prove the validity of the 
model. 

The simulation is performed in transitory mode for a maximum 
period of 90 s. 

2.1. Description of fuel reactor model 

The structure and mesh of Fuel Reactor (FR) model are shown in 
Fig. 2. To reduce unnecessary calculation work, the temperature control 
in the reactor is realized based on three aspects: 

- the reactor wall is supposed to be initialized to the desired temper-
ature and to maintain it constant during the reaction process (reactor 
temperature is changed between 973 K and 1273 K);  

- the temperature of the fuel gas entering the reactor is the same as 
that of the reactor walls;  

- the temperature of the solids is the same as that of the reactor walls 
and of the fuel gas entering the reactor. 

In this way the model starts at time 0 when thermal equilibrium is 
already reached. The inner diameter and the length of the Fuel Reactor 
are respectively 56 mm and 470 mm. Dealing with the ratio between 
height and diameter, which is a characterizing parameter in many flu-
idized bed reactors; we have to consider that the process of chemical 
looping in fluidized beds needs more stringent conditions respect to 
gasification and combustion. In fact, for pilot scale CLC reactors, the 
diameter depends directly from the mass flow (of fuel in this case) and 
the required velocity range. In fact, we know that the air reactor is 
usually designed to work in fast fluidization regimes and the fuel reactor 
is usually designed to work in bubbling fluidization regime, see Fig. 3. 

The inlet is located at the bottom of FR, which is set in Barracuda to: 
flow boundary. As it can be seen from Fig. 3 the velocity used in this 
study is about 0.3 m/s as it is also indicated in Fig. 4. The choice was 
done to grant fast and full conversion of the oxygen carrier, based on the 
height (and so the mass) of the bed material, and also to grant similar 

operating conditions respect to the experimental tests performed using 
the PTGA. 

Dealing with the height of the reactor, this depends from the 
Transport Disengaging Height (TDH). Since we don’t want entrainment 
of the oxygen carrier in the Fuel Reactor, the height of the reactor should 
be at least higher than the TDH. 

Dealing with laboratory reactors the dimensions (diameter and 
height) are mainly given by the dimensions of the heaters. Based on 
these assumptions, it is the mass flow of the gas which is adapted, always 
to have the same velocity regimen and the same conditions as experi-
mented in the PTGA reactor. 

To reduce the requirements on calculation power, the grid of the 
model was designed with 20,000 cells. Real cells represent the cells that 
exist in the interior of the geometry, which are also the cells used in 
calculation process. The mesh of the model is shown in Fig. 2 and the 
total number of real cells of the model is 17,136, and there are 12 X cell 
lines, 12 Y cell lines and 119 Z cell lines. The gas mixture (fuel and N2) is 
purged into the Fuel Reactor from the bottom and passes through the 
oxygen carrier bed. To eliminate the influence on the reaction rate of 
fuel partial pressure, the fuel partial pressure was set to 1 bar for all the 
cases, by adjusting the volume fraction of fuel in the gaseous mixture. 
During the simulation, the fuel reacts with the oxygen carrier. The fuel is 

Table 1 
Simulated cases.   

Case study Validation 1 Validation 2 Sensitivity on Pressure Sensitivity on Temperature 

Fuel type Syngas (50 % H2 & 50 % CO) H2 CO Syngas Syngas 
Fuel flow (m/s) 0.3 0.3 0.3 0.3 0.3 
Temperature (K) 1073 1073 1073 1073 973, 1073, 1173, 1273 
Pressure (bar) 10 1, 5, 10 1, 5, 10 1, 5, 10, 15，20 10  

Fig. 2. Geometry and mesh of FR.  
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oxidized while the oxygen carrier is reduced. It is essential to control the 
operating conditions: like the flow rate of the fuel, to optimize the ox-
ygen carrier fluidization. The detailed operating conditions are shown in 
Table 1. The outlet is located at the top of FR, which is set to: pressure 
boundary equal to 1 bar. 

We can see from Table 1 that two separate validations of the model 
are performed, based on the experimental data reported in [26]: first the 
model is validated with hydrogen as a fuel (considering the experi-
mental conditions in terms of flow and partial pressure reported in [26]) 
and then the model is validated for carbon monoxide (considering the 
experimental conditions in terms of flow and partial pressure reported in 
[26]). The approach adopted is possible, given that in the same exper-
imental tests the two gases were treated first separately and then they 
were mixed (final results showed a good correspondece to the sum of the 
results obtained from the two separate gases). 

2.2. Oxygen carrier properties and their influence on kinetics and 
thermodynamic aspects 

Highly reactive Fe-based oxygen carrier supported by Al2O3 was 

studied. The main physical properties of the oxygen carrier are shown in 
Table 2. It contains 45 % of metal oxide, as indicated by the short name 
(Fe45Al) and it is prepared by freeze granulation. The characterization 
data were taken from the lab-scale analysis performed previously in ICB- 
CSIC studies [15,26]. Due to the different strength, reactivity, porosity 
and specific surface area of each oxygen carrier, the contents of the 
active metal (MeO) and particle size are different. Sphericity and solid 
volume fraction of the oxygen carriers were set to 0.85 and 0.6, 
respectively [36]. The initial oxygen carriers bed height was set as 100 
mm, which is a typical value of the tests already performed at the lab 
facility. 

To have a good computational performance of the simulation, as 
already said, a limited number of reactions for the oxygen carrier 
reduction are considered (see reactions (1) and (2)). 

It is worth noting that iron can have several kinds of reduced forms 
(Fe3O4, FeO, Fe) but only the transformation between Fe2O3 and Fe3O4 
may be applicable for industrial CLC systems [42]. Therefore, it has been 
imperative to control the state of iron oxide during the modeling pro-
cess. This has been obtained by carefully estimating with the CFD soft-
ware the time required to perform a reduction cycle. 

Fig. 3. Different operating regimes of air and fuel reactor, according to [40] and [41].  

Fig. 4. Fluidized bed reactor configuration [32].  
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The chemical reaction rate is a function of temperature T, pressure P, 
the concentration Ci of gas evolved in the reaction and time t. It is 
measured from experimental data which have been empirically fitted 
based on the Shrinking Core model to derive Arrhenius law constants. 
The activation energy, pre-exponential factor and order of reaction have 
been then inserted in the Barracuda-VRTM software, as shown in eq. (3). 
The detailed discussion on implementing these reactions can be found in 
Hamilton et al. [43]. 

dXMO

dt
= k0

(
P
P0

)d

e− E
RT Cn

i (3)  

where dXMO
dt is the oxygen carrier conversion rate, k0 is the pre- 

exponential constant, P0 is atmospheric pressure, E is the activation 
energy, R is the universal gas constant. The detailed parameters used to 
model chemical reactions are shown in Table 2. 

The data shown in Table 2 has been derived through the experiments 
described in [26]. The tests shown in [26] have mainly compared 
different oxygen carriers (Cu-, Ni- and Fe- based) using syngas as the 
reducing agent. 

In these experiments total pressure has been changed between 0.1 
and 3.0 MPa. The experiments were carried out with two approaches: at 
constant partial pressure of the reducing gas and at constant volume 
fraction of the fuel gas. Different sets of experiments were performed 
with separated H2 and CO or with mixed H2 and CO in different pro-
portions. The grain model with spherical or plate-like geometry in the 
grains was chosen for the determination of the kinetic triplets and it was 
assumed that the chemical reactions controlled the global reaction rate 
(and so that gas diffusion into the oxygen carrier particle was negli-
gible). The results of the experiments performed in [26] have shown 
interestingly that with Cu- and Fe- oxygen carriers the reaction rate of 
the oxygen carrier with syngas corresponded to the sum of the effects 
obtained using the individual fuel gases: CO and H2. This is very 
important also for the study presented in the paper, because it confirms 
that the approach of validating the model separately with H2 and CO it is 
correct, because then when adding the two effects in the final simulation 
at pressurized conditions, we will have a reasonable result. Other 
important results of the experiments are:  

- the reaction rate of hydrogen is generally higher than that of CO, so 
in chemical looping combustion in pressurized conditions hydrogen 
confirms to be more reactive than carbon monoxide as a fuel; 

- experimental analysis has shown that an increase in working pres-
sure has a remarkable negative effect on the reaction rate of all the 
considered oxygen carriers and all the types of reactions (both 
reduction and oxidation);  

- it was also noted that it is not possible to use the kinetic rate derived 
at atmospheric conditions to model what happens in pressurized 
conditions. 

The solution to the discrepancy between kinetics at atmospheric 
conditions and kinetics at pressurized conditions was represented by an 
“apparent” pre-exponential factor described by Abad et al. 2007 [26] in 
the following way:  

k0,p = k0(P/P0)pq (4)                                                                               

where k0 is the pre-exponential factor at atmospheric pressure and k0,p is 
the pre-exponential factor at pressurized conditions, P0 is atmospheric 
pressure and P is the actual pressure of the experiments or the 

simulation, pq is the parameter calculated experimentally to relate the 
kinetics at atmospheric and pressurized conditions. 

The oxygen carrier has also relevant impact on the thermodynamic 
aspects of the reduction reaction. First of all it is worth saying that by a 
thermodynamic point of view the sum of the two heats released in the air 
and in the fuel reactor should be equal to the heat of combustion of the 
fuel, as reported in [44]. This does not mean that both the heats are 
positive, in fact if the heat released in the air reactor is always positive, 
given that the oxidation reaction is always exothermic the reduction 
reaction can be either exothermic or endothermic it depends on the 
reduction enthalpy which is influenced by the type of oxygen carrier 
used and the type of fuel also. In the case of iron, as it can be seen in [8], 
the reduction enthalpy with Fe2O3 is positive with CH4 (141.6 kJ/mol 
gas) while it is negative with CO (-47 kJ/mol gas) and H2 (-5.8 kJ/mol 
gas). Negative enthalpy stays for exothermic processes, while positive 
enthalpy means endothermic processes. When Fe2O3 is used with syngas 
we see that the process is interestingly exothermic (so it is more favor-
able). When iron is supported over alumina (as in the present study) all 
the processes are exothermic. We have in fact a reduction enthalpy of 
− 62.3 kJ/mol for CH4, − 56.8 kJ/mol for H2 and − 98.0 kJ/mol for CO. If 
we consider nickel based oxygen carriers, we can find quite a similar 
situation with iron. The reduction reaction is positive (156.5 kJ/mol of 
CH4) with methane and negative for hydrogen and carbon monoxide 
(respectively − 2.1 and − 43.3 kJ/mol of gas). In the case of nickel this 
does not change with the support material, in fact we have the following 
reaction enthalpies: 158.6 kJ/mol with CH4 and − 1.6 kJ/mol with H2 
and − 42.8 kJ/mol with CO; using NiAl2O4 as an oxygen carrier in the 
reduction reaction. 

An interesting perspective on thermodynamics aspects is provide by 
the work of the Oak Ridge National Laboratory [45] this work builds up 
on a previous one published by McGlashan [11]. The key thermody-
namic aspect in CLC is that both reduction and oxidation reaction 
happen at temperatures which are closer to equilibrium temperature 
respect to conventional combustion (i.e. the equilibrium temperature of 
conventional combustion is too high and not possible to reach also for 
material resistance problems). This has implications also in the choice of 
the oxygen carrier [11], in fact if we take iron, which has endothermic 
reduction reaction and exothermic oxidation reaction this has a higher 
second law efficiency because the difference in temperature between the 
two reactions could drive two heat engines and recover waste heat from 
the process. 

2.3. Barracuda-VRTM modeling 

The hydrodynamics and heat transfer models adopted in this study 
have already been described in Reinking et al. [36]. The drag model 
used is WenYu-Ergun blended drag model developed by Beetstra et al. 
[46]. Turbulence is described by Large Eddy Simulation (LES) approach, 
and Smagorinsky subgrid-scale model is used by Barracuda-VRTM [47]. 
The fluid-phase continuity equation and the momentum equation are: 

∂
(
θf ρf

)

∂t
+∇⋅

(
θf ρf μf

)
= δṁp (5)  

∂
(
θf ρf μf

)

∂t
+∇⋅

(
θf ρf μf μf

)
= − ∇P − F+ θf ρf g+∇⋅

(
θf τf

)
(6)  

where θf and ρf are the volume fraction and density of the fluid, 
respectively. μf is the velocity, τf is the stress tensor, F is the momentum 

Table 2 
Oxygen carrier main physical properties and kinetic parameters for the reduction reaction [15,26].   

Active MeO content (wt. %) Particle size (μm) Kinetic parameters k0 (mol1-nm3n-2s− 1) E (kJ/mol) n d 

Fe45Al 45 150 H2 2.30E-3 24  0.8  − 1.03 
CO 6.20E-4 20  1.0  − 0.89  
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exchange rate between the fluid and solid phase. g is gravitational ac-
celeration, which is set to 9.80665 m/s2. t is the time, δṁp is the fluid- 
mass source item that is generated by the reaction between the solid 
phase and the fluid phase. 

2.3.1. Energy equation (enthalpy equation) 
The energy conservation equation is shown in eq. (7). 

∂
(
θf ρf hf

)

∂t
+∇⋅

(
θf ρf hf μf

)
= θf

(
∂p
∂t

+ μf ⋅∇p
)

+ϕ − ∇⋅
(
θf q

)
+ Sh + q̇D (7) 

hf is the fluid enthalpy, p is the mean flow gas thermodynamic 
pressure. ϕ is the viscous dissipation. Sh represents the conservative 
energy exchange between the solid phase and the fluid phase and q is the 
fluid heat flux. The term q is calculated with the following equation:  

q = -(λ + λt)∇Tf (8).                                                                             

Where:  

- λ + λt are the laminar and turbulent thermal conductivity;  
- ∇Tf is the gradient of temperature. 

On the other hand q̇D is the enthalpy diffusion which is given by: 

q̇D =
∑N2

i=1
∇⋅

[
hiθf ρf (D + Dt)∇Yf ,i

]
(9) 

Where:  

- hi is the enthalpy of the fluid species;  
- θ f is the fluid volume fraction;  
- ρf is the fluid density;  
- D + Dt are the laminar and turbulent species diffusivity;  
- Yf,i is the mass fraction of species i. 

The approach adopted is consistent with that adopted in [48]. The 
wall to bed heat transfer coefficient is the one already present by default 
in the Barracuda® software, which is also consistent with the one 
adopted in [49]. 

2.3.2. Species transport equations 
The species transport equation is reported as follows: 

∂
(
θf ρf Yf ,i

)

∂t
+∇⋅

(
θf ρf Yf ,iμf

)
= ∇⋅

(
Dθf ρf∇Yf ,i

)
+ δṁi,chem (10) 

Yf ,i represents the mass fractions of each gas species and D is the 
turbulent mass diffusivity related to the viscosity by Schmidt number 
correlation μ/ρf − D = Sc and Sc is set to 0.9. 

2.3.3. Governing equations for solid phase 
The particle phase behavior is predicted by solving a transport 

equation for the particle distribution function (PDF) f. Where f is a 
function of particle positionxs, velocityus, massms, temperature Ts and 
time t: 

∂f
∂t

+
∂(fv)

∂x
+

∂(fA)
∂v

=
fD − f

τD
(11) 

f is the PDF for the local mass averaged particle velocity and τD is the 
collision damping time. A is the particle acceleration, which is deter-
mined by: 

A =
dus

dt
= Ds

(
uf − us

)
−

1
ρs
∇p −

1
θsρs

∇τs + g+Fs (12) 

Ds is the interphase momentum transfer coefficient which is a func-
tion of the particle size, velocity, position and time.θs, ρs and τs represent 
solid phase fraction, mass density and contact normal stress, 

respectively. Fs the particle friction per mass, which is only important at 
very low particle flow at near close pack. 

To simplify the model, the wall of FR was assumed to be adiabatic 
and there is no oxygen carrier consumed by attrition. In a real Fuel 
Reactor, a small percentage of heat will be lost from the wall and also 
oxygen carriers will change their properties due to the processes 
happening in the bed, such as attrition and sintering, but also carbon 
deposition. The fact that the reactor is adiabatic allows us to model the 
reactor available in the laboratories of the Instituto de Carboquimica 
(ICB), belonging to the Consejo Superior de Investigaciones Cientifica 
(CSIC) see Fig. 4. This is a reactor realised in kanthal alloy and heated by 
electricl furnaces. The reactor configuration is shown in Fig. 4. 

The settings chosen for heat transfer will allow to validate the model 
against previous experimental data derived from ICB-CSIC plants, even 
though further analysis will be needed on the process enthalpy charac-
terization, to understand the amount of heat which will be released by 
the chemical reactions. This aspect will be further analyzed in the dis-
cussion section. 

3. Model Validation 

Model validation has been performed based on the rate of conversion 
of the oxygen carriers with pure reaction gases, so pure H2 and pure CO. 
The use of pure and non-mixed syngas components was chosen because 
it is easier to directly control the effect of kinetic parameters on syngas 
single components (i.e. H2 and CO) reaction rate; this approach was 
followed as indicated also already in Table 1. Fig. 5 shows the com-
parison between the calculational results and experimental results of 
Fe2O3 conversion at different pressures. Experimental results are 
derived from PTGA tests, reported in [26] and [50]. 

It can be seen that the calculated results are in good agreement with 
the experimental results, proving the validity of the model and of the 
kinetic parameters. The calculated results also show that the Fe2O3 
conversion rate is slightly lower than experimental results. This can be 
explained with the fact that the fuel flow in the TGA experiments in-
terests a very small mass, while in the case of the batch reactor we have 
less ratio between the mass of the fuel and that of the oxygen carrier (in 
particular this affects the Ci parameter in the eq. (3)). For CO fuel, the 
Fe2O3 conversion rate is slightly higher than the experimental results at 
10 bars after 10 s. This is due to the fact that the conversion rate of Fe2O3 
in the batch reactor is an averaged value on the whole reactor volume 
and it is affected by the turbulence of the airflow and other parameters 
involving heat exchange and temperature gradient formation. This 
eventually results in differences between the experimental data and the 
modelled ones which have no significance by a scientific point of view. 

If the same flow as in the PTGA is used and the same partial pressure 
of the reacting gas is maintained, the results should be pretty compa-
rable. We have to remember that kinetic control of the reaction pre-
dominates in the first part of the reaction, see [15]. So, we believe the 
assumption made is realistic. 

4. Results 

The results section is divided in 5 main parts which take into 
consideration:  

- Temperature field description and insights on the heating rate;  
- Fe2O3 particles volume fraction during time;  
- Influence of pressure on the reduction reaction process in the Fuel 

Reactor;  
- Influence of temperature on the reduction reaction in the Fuel 

Reactor;  
- Syngas conversion efficiency in the Fuel Reactor. 

The above-mentioned aspects will be described in detail in the 
following sections. 
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4.1. Temperature field description and insights on the heating rate 

The data on the temperature fields in the reactor at 10 s of simula-
tion, when the reaction is still happening, are shown in Fig. 6 and Fig. 7. 

Fig. 6 shows the trend of temperature in the reactor at different 
temperatures. The higher the temperature the more is the difference 
between the temperature of the freeboard and the temperature of the 
bed, meaning that the bed has lower reactive behavior while it is the 
freeboard where the reactions happen. In fact, the gas enters the solids 
bed and transports the solids in the freeboard where they react faster. 
The reaction as we know is exothermic for what has been said in para-
graph 2.2 about the oxygen carrier. In this sense the oxygen carrier bed 
shows to have a higher thermal inertia if compared with the freeboard. 

On the other hand, we see interestingly from Fig. 7 that with the 
increase of the pressure the thermal inertia in the solids decreases, 
meaning that the heat transfer is improved. This can be explained with 
the fact that the bubbles inside the bed get smaller with the increase of 
the pressure, which will not only improve the heat and mass transfer, but 
also favor the gas hold-up and homogeneity in the FR [51]. This is a very 

interesting result on the effect of pressure on the temperature field inside 
the reactor when pressure is applied, which has been confirmed by 
previous experimental studies and simulation studies [51,52]. 

4.2. Fe2O3 particles volume fraction during time 

In Fig. 8 it is shown the volume fraction of the Fe2O3 oxygen carrier 
in function of time. We can see from Fig. 8 how the oxygen carrier flu-
idizes under the effect of the syngas flow entering the reactor from the 
bottom. Bubbles firstly form at the bottom of the reactor and then rise as 
time goes on. When bubbles reach the surface of bed, they burst and 
result in the fluctuation of bed surface [53]. 

As the syngas enters from the bottom of the reactor, the oxygen 
carrier in the lower part reacts with it and is converted into Fe3O4. 
Because the reaction between the oxygen carrier and the syngas is fast, 
the syngas is almost consumed at the bottom of the reactor, so the ox-
ygen carrier at the top is hardly transformed. Over time, the oxygen 
carrier at the bottom is consumed, and the oxygen carrier at the top 
begins to convert. According to the 0D simulation studies of 

Fig. 5. Validation of Fe2O3 conversion process: a comparison between calculations and experiments using H2 (a) and CO (b) as fuel at different pressures. Continuous 
lines represent calculated data; the dots represent TGA experimental data [50]. 

Fig. 6. Temperature fields of FR at different temperatures (10 s).  
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Hamidouche et al. [54] and Abad et al. [55], the reaction rate of fuel will 
decrease, due to inadequate contact of the OC with the fuel. Around 60 s, 
the OC has almost completely reacted; this will cause non-ideal com-
bustion efficiency and implies a new reduction cycle has to be set in 
place. The average reduction cycle duration of 60 s also confirms what 
has been already reported in [32,54]. 

4.3. Influence of pressure on the reduction reaction process in the fuel 
reactor 

Temperature is a fundamental parameter if we want to couple a gas 

turbine with a pressurized chemical looping combustor. The efficiency 
of the plant in fact depends on the Turbine Inlet Temperature (TIT). We 
want a target temperature close to 1200 ◦C but this is difficult to achieve 
in PCLC plants, so the combustor is optimized to work at a feasible 
temperature of about 1000 ◦C. We see from the results shown in Fig. 9 
and Fig. 10 that the conversion of the gas is very efficient at that tem-
perature and so the reactor design is correspondent to the specifications 
of a potential power plant. On the other had we have to consider also the 
effect of pressure which is the other parameter which derectly influnces 
the eficiency of the power plant. 

Fig. 9 shows the volume fraction of Fe2O3 at 60 s under different 

Fig. 7. Temperature fields of FR at different pressures (10 s).  

Fig. 8. Fe2O3 particle volume fraction during time (Syngas, 1073 K, 10 bar).  
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pressures. With the increase of pressure, the volume fraction of Fe2O3 
increases. This means that the reaction rate is less fast, which is 
consistent with the conclusion drawn by Abad et al. [50]. It is worth to 
notice that, the influence of pressure is stronger on the range of 1 bar to 
10 bars than on the range from 10 bars to 20 bars. As pressure further 
increases, the influence on the reaction rate is weakened. 

Fig. 10 shows the syngas (H2 and CO) oxidation process through the 
height of the reactor under different pressures. It can be seen that, the H2 
conversion rate decreases with the increase of pressure. For the pres-
sures of 1 bar and 5 bars, H2 is almost completely transformed at 30 mm 
height. But as the pressure increases to 10 bars, H2 is completely 
transformed at 40 mm height. As pressure further increases to 15 bars 
and 20 bars, the reaction rate is further reduced. At 40 mm, the H2 
concentrations are still ~ 1 % and ~ 3 %, respectively. Unlike H2, CO 
shows an opposite trend as pressure changes. The CO concentration still 
has 2 % residue at 40 mm height under 1 bar, but as pressure increases, 
the CO is almost completely transformed, which is in contrast with the 
kinetic parameters calculated by the TGA tests performed in [50]. Based 
on previous studies [50,54–56], increasing pressure will decrease the 

reactivity between OCs and fuel. On the other hand increasing pressure 
will decreasing the size of the bubbles and favor the heat and mass 
transfer. Reaction rate depends on the competition between reactivity 
and heat and mass transfer. This is also the reason why the reaction rate 
changes trend for CO, as it is shown in Fig. 10. Previous studies on the 
influence of pressure on the reaction rate mostly used fixed beds 
[15,56], so heat and mass transfer had little influence on the reaction 
rate. The reason why H2 and CO show different trends with the increase 
of temperature is mainly attributed to the fact that the reaction kinetic 
parameters of H2 are more sensitive to pressure changes than those of 
CO. Therefore, as pressure increases, the dominant factor affecting H2 
conversion rate is kinetics, so its reaction rate decreases. For CO, heat 
transfer prevails on the effect of kinetics and this is improved by pressure 
(this is possible because the reactivity of H2 is much higher than that of 
CO and so it does not allow to see the effect of heat transfer happening). 
Based on the decrease of conversion which has been noted in Fe2O3 as 
per Fig. 9, it can be concluded that the elevated pressure has more in-
fluence on H2 than on CO. 

Fig. 9. Comparison of volume fraction of Fe2O3 at different pressures (time = 60 s).  
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Fig. 10. Content of H2 (a) and CO (b) at different reactor heights under different pressure (Syngas, 1073 K, 10 s).  
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4.4. Influence of temperature on the reduction reaction in the fuel reactor 

Since H2 and CO both have good conversion rates at 10 bars, we 
studied the reduction process in the Fuel Reactor under different tem-
peratures at 10 bars. It can be seen from Fig. 11 that the reaction rate 
clearly increases as temperature increases. 

At 973 K, there is half of Fe2O3 residue at the top of bed at 60 s. As 
temperature increase to 1273 K, the amount of Fe2O3 has almost 
completely reacted. The syngas conversion process along the reactor 
height follows also a similar trend (as it can be seen from Fig. 12). 

For temperature equal to 973 K, we can note there is a low reaction 
rate for syngas and the concentrations of both H2 and CO are still equal 
to ~ 4v% at 40 mm height of the reactor. As temperature increases to 
1037 K, the reaction rate increases considerably. H2 and CO are almost 
completely converted at a height above 40 mm. As temperature further 
increases, the reaction rate increases also but the effect of temperature 
on the reaction rate is weakened. As it is known by common sense, it is 
beneficial to the stability of the reactor to reduce the operating tem-
perature, while ensuring the fuel combustion efficiency. If the chemical 
looping combustor has to be coupled with a gas turbine there is also the 
need to have high temperature exhaust gases exiting it and entering the 

turbine inlet. Therefore, 1073 K is a worthwhile operation condition for 
the Fuel Reactor but if we have to couple it to a gas turbine at least 1273 
K will be needed. 

4.5. Syngas conversion efficiency in the fuel reactor 

Fig. 13 and Fig. 14 show the concentration of syngas at the outlet of 
Fuel Reactor at a time when all the oxygen carrier has been consumed. 
At the time above ~ 70 s, the content of H2 and CO at the outlet begins to 
increase and reaches again 50 v% for both gases at ~ 80 s. This means 
that at the 80th second the oxygen carrier has finished all the oxygen 
which can be transferred to the fuel for oxidizing it and so it is 
completely reduced. As the pressure increases, the time to complete 
reduction decreaes up to 10 bars; then with the increase of the pressure 
the conversion rate of the gas increases. 

This is due in our opinion to the fact that the increase of pressure up 
to 10 bars has an effect on slowing the kinetics as confirmed also by the 
PTGA tests. On the other hand, the effect of pressure improves fluid-
ization and produces smaller bubbles in the bed and increases heat 
transfer, so this effect increases the reaction rate at higher pressures for 
CO. The effect is seen only on CO because H2 is converted much faster 
and this cannot be appreciated. Therefore, once the pressure is increased 
above 10 bars, this will speed up the conversion of Fe2O3. It is important 
to note that changes in temperature and pressure affect CO much more 
than H2. This may be an important point to note for Fuel Reactor 
operation and design. 

It can be seen from Fig. 15, that elevated pressures will increase the 
conversion rate of CO, which proceeds much slower than that of H2 
(which is more reactive). Fig. 15 confirms the fact that H2 conversion 
rate is much more influenced by the effect of pressure and shows a 
decrease which is more evident than that of CO conversion rate and 
begins when the pressure is over 10 bars. 

If we consider the total effect of pressure on syngas conversion at the 
outlet of the reactor we can see that the slower conversion rate due to a 
slower kinetics is not respected at the outlet of the reactor. We see that 
the heat exchange, due to the smaller dimensions of the bubbles, has the 
most important effect in this case. So finally the conversion efficiency of 
the syngas is improved by the increase of pressure in the batch reactor. 

As the effect of elevated pressure on CO is much greater than H2, 
elevated pressure is beneficial to the overall conversion efficiency of 
syngas. This also means that for this Fuel Reactor, the increase in pres-
sure can influence also the ratio between fuel and oxygen carrier and the 
final inventory (expressed in kg of oxygen carrier per MW of syngas 

Fig. 11. Volume fraction of Fe2O3 at different temperatures (pressure = 10 
bars, time = 60 s). 

Fig. 12. The content of H2 (a) and CO (b) at different reactor heights under different temperatures (Fuel = Syngas made of 50v% H2 and 50v% CO, Pressure = 10 
bars, Time = 10 s). 
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input). Fig. 16 shows the amount of oxygen carrier required to achieve a 
syngas conversion rate equal to 99.9 % at different pressures. The 
required oxygen carrier bed height is linearly decreasing with the in-
crease of pressure, the details are shown also in Table 3. At 20 bars, the 
amount of oxygen carriers required is only 64.9 % of that required at 1 
bar, which is of great significance for designing the system. 

Oxygen carrier is an important component of the CLC system, and its 
physicochemical properties are the key factors affecting the perfor-
mance of CLC system. The PCLC system has important requirements on 
the physicochemical properties of the oxygen carriers. Since the reac-
tivity of the oxygen carrier is inhibited by pressure, it is necessary to 
modify the catalyst to adapt it to the pressure conditions or explore new 
materials. In addition, the resistance to attrition, agglomeration and the 
stability of the oxygen carrier under pressurized conditions need to be 
further explored. 

5. Discussion 

5.1. Main insights on the effect of pressure on the reaction rate and syngas 
conversion in pressurized chemical looping combustion 

This paper assesses the effects of pressure on syngas conversion 

Fig. 13. Concentration of H2 (a) and CO (b) at the outlet of the reactor under different pressures.  

Fig. 14. Concentration of H2 (a) and CO (b) at the outlet of the fuel reactor under different temperatures.  

Fig. 15. Influence of pressure on the conversion efficiency of syngas in the 
Fuel Reactor. 
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efficiency and on oxygen carrier reaction rate. We started with the main 
results of the tests performed on a PTGA at the Instituto de Carboqui-
mica (ICB) belonging to the Spanish National Research Council (CSIC) 
with different oxygen carriers and different working pressures. The main 
conclusions for these PTGA tests are shown in Table 4, together with the 
main insights about gas–solid reactions, derived from the previous 
experimental results and simulation results under pressurized condi-
tions; as well as the main insights derived from the CFD analysis per-
formed on the batch fluidized bed plant considered in this study (and 
also shown in Fig. 17). 

5.2. Main insights on the design of pressurized chemical looping 
combustors to be coupled to gas turbines 

Recalling the insights presented in Table 4, we see that an important 
conclusion is presented by the identification of the optimal inventory to 
work with in the particular fuel reactor, which was object of this study. 
Based on previous studies of the ICB-CSIC research group on combustion 
and gasification we see that we can have different values of the final 
inventory for different reactors. 

As explained in [26] the kinetic data derived from PTGA analysis can 
have a practical use in the identification of the solid inventory, which is 
necessary to completely oxidize the fuel that is fed to the fuel reactor. 
The methodology developed by ICB-CSIC for this kind of calculation is 
based on the following assumptions:  

- Perfect mixing of oxygen carrier particles;  
- Plug flow behavior of the fuel gas;  
- No resistance between the gas passing from bubble to emulsion phase 

in the fuel reactor; 

Based on these assumptions the solid inventory can be calculated 
according to the following equation [63,64]: 

Fig. 16. Adaptations required to bed height to counteract the effect of pressure 
increase on oxygen carrier conversion rate. 

Table 3 
Details of the minimum amount of oxygen carrier required at different pressures 
to achieve 99.9% of syngas conversion.  

Pressure Height (mm) Mass (kg) Inventory (kg/MW) 

1 100  1.72  198.71 
5 82  1.41  162.89 
10 77.06  1.33  153.65 
15 72.99  1.26  145.56 
20 64.9  1.08  124.77  

Table 4 
Comparison between the main insights obtained from PTGA and the main in-
sights obtained by the CFD analysis.  

ICB [26,57] 
Parameter PTGA behavior 

Solid conversion rate  - The solid conversion rate increases with temperature 
and syngas concentration. 

The reduction rate of the oxygen carrier is not 
influenced by the concentration of reduction products 
(H2O and CO2). 

The reactivity of the OC is influenced by the solid 
inventory used in the FR and needed to fully convert the 
syngas to H2O and CO2. 

The solids inventory necessary to combust H2 are 
generally lower than those required to combust CO in 
the fuel reactor. 

H2 reaction rate  - The reactivity of the OC with hydrogen is usually higher 
than that with the CO. 

The reactivity of the OC in pressurized conditions 
depends strongly on the type of OC and cannot be 
modeled with kinetic parameters derived at 
atmospheric conditions. 

CO reaction rate  - Solid conversion obtained with CO is much slower than 
that obtained with H2. 

The reaction order for the CO reaction (n = 1) is 
higher than that of the H2 reaction (n = 0.8), this 
implies that the reaction rate for carbon monoxide 
becomes lower at high conversion of the syngas, and 
this implies that the trend of conversion of CO decreases 
and is less fast than that of H2 (as already said). 

Syngas reaction rate  - Syngas reaction rate behavior depends on the type of 
oxygen carrier; 

In the case of iron based oxygen carrier the reaction 
rate of syngas is given by the sum of the reaction rate of 
H2 and the reaction rate of CO. 

Previous experimental results and simulation results under pressurized 
conditions 

Parameter CFD model 
H2S reaction rate [58]  - Pressure has a negative effect on the sulfidation 

reaction. 
SO2 reaction rate [59]  - SO2 reaction rate decreases when total pressure 

increases while partial pressure of SO2 keeps constant; 
SO2 reaction rate increases when partial pressure of 

SO2 increases while total pressure keeps constant; 
Increasing the total pressure results in a smaller 

diffusion coefficient of SO2; 
Increasing the partial pressure of SO2 reduces the 

effectivity diffusivity of SO2; 
Sulfidation reaction of 

CaO [60]  
- Increasing pressure has a negative effect on the 

combined calcination and sulfidation steps. 
CO reaction rate [61]  - Increasing the CO partial pressure (at a constant total 

pressure) leads to higher rates of reaction and higher 
oxygen transport capacity; 

Increasing the total pressure (at a constant CO partial 
pressure) has the reverse effect. 

Kinetics [62]  - The negative effect of the pressure on the redox kinetics 
is most probably caused by external mass transfer 
limitations. 

Sulfidation rate [56]  - Sulfidation rate increases with total pressure when the 
volume fraction of H2S is constant; 

Sulfidation reaction is controlled by the chemical 
reaction and diffusion together. 

This study 
Parameter CFD model 
H2 reactivity  - H2 tends to react generally more quickly with the 

oxygen carrier and its conversion usually is very high at 
all the pressures which have been taken into account. 

With the increase of pressure H2 reactivity tends to 
decrease. 

The maximum reduction of the reactivity of H2 is in 
correspondence to the pressure of 10 bars, then with the 
increase of pressure the heat transfer rate and the 
properties of the bed influence positively the reaction 
rate. 

CO reactivity  - The effect of pressure improves fluidization produces 
smaller bubbles in the bed and increases heat transfer so 
this effect increases the reaction rate at higher pressures 

(continued on next page) 
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2dMO

ROCΔH*
c

τ
Φ

= ygΔX
2dMO

ΔH0
c

δ
Φ( − r0)

(13) 

Where:  

- mOC* is the inventory mass per MW;  
- yg is the molar fraction of the gas;  
- Xg is the gas conversion rate;  
- d is the stoichiometric factor for the combustion of syngas with 

oxygen;  
- MO is the atomic weight of the oxygen;  
- ROC = is the oxygen transport capacity of the oxygen carrier;  
- ΔHc

0 is the standard heat of combustion of the gas fuel, see also [65];  
- τ is the time for complete solid conversion for the reaction at C(s); 

where C is the gas average concentration;  
- Ф is the characteristic reaction rate, as defined in [64];  
- δ is obtained from the derivation of the equations used to describe the 

time for complete solid conversion, depending on the modeling 
approach which is chosen;  

- -r0 is equal to ROC*(dXr/dt), where Xr is the solid conversion in the 
reduction reaction. 

Dealing with the calculation of time for complete solid conversion, 
this is done based on eq. (14) if we speak about spherical grain geom-
etry; or eq. (15) if we speak about plate-like geometry: 

1
τ = 1 − (1 − Xr)

1/3 (14)  

1
τ = Xr (15) 

Following the assumptions made in [26] we derive a value for the 
inventory needed to oxidize completely H2 of about 15 kg/MW at 1 bar 
and a value of 30 kg/MW at 20 bars. While for syngas we would obtain 
about 31 kg/MW if WGS equilibrium is not considered and 30 kg/MW if 
WGS equilibrium is considered. We see from this data that the solids 
inventory increases with the increase in pressure, this contradicts again 
the results of the CFD analysis presented in this work. But can be easily 
explained with the fact that in reality when working with a batch flu-
idized bed which has a significant mass of the oxygen carrier, the 
behavior of the bed has an important effect. This means that in general 
we need more inventory that what calculated with the PTGA, in the real 
conditions represented by a fuel reactor (see what reported in Table 3). 
Besides this an important conclusion of our study is that when consid-
ering the effect of pressure on the fluid dynamics and heat transfer using 
a Eulerian-Lagrangian method and a LES method for modeling turbu-
lence, it appears that the behavior of the bed, the temperature gradient 
and the heat transfer are the final parameters that influences the rate of 
conversion of the syngas, more than the chemical kinetics. 

This important information is not the only one we need to perform a 
detailed design of the plant, which is proposed in the GTCLC-NEG 
project. In fact, we need also:  

- information on the oxygen carrier circulation rate, as reported in 
[64];  

- information of the oxidation and reduction enthalpies, which are 
different for the different types of oxygen carriers, see what reported 
in [65]. 

If we put together the information about the kinetics, the heat and 
mass transfer, the solids inventory, the solids circulations rates, the mass 
flows of fuel and air, the heat integration and the different enthalpies of 
the different steps which compose the cycle that can be obtained by 
coupling a PCLC reactor with a gas turbine we can optimize the plant as 
a whole. This kind of plants has been already proposed for example by 
the MIT, see the publication on the design and optimization of a 

Table 4 (continued ) 

ICB [26,57] 
Parameter PTGA behavior 

for CO. The effect is seen only on CO because H2 is 
converted much faster and this cannot be appreciated. 
Therefore, once the pressure is increased above 10 bars, 
this will speed up the conversion of Fe2O3. 

Syngas  - If we consider the total effect of pressure on syngas 
conversion at the outlet of the reactor we can see that 
the slower conversion rate due to a slower kinetics is 
not respected at the outlet of the reactor and that we 
finally see that the heat exchange due to the smaller 
dimensions of the bubbles has the most important effect 
in this case. 

Temperature effect  - As noted for the PTGA experiments the increase in 
temperature tend to increase the speed of the reaction 
but this effect interacts deeply with that of pressure on 
kinetics and on the fluidization and heat transfer 
performance.  

Fig. 17. The main insights derived from the CFD analysis performed on the 
batch fluidized bed plant. 

Fig. 18. Sensitivity analysis of different drag force models on CO2 content 
(1073 K, 10 bars, 10 s). 
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chemical looping combustion power plant with CO2 capture, proposed 
in [66]. Or the wok on pressurized chemical looping combustion 
developed at Canmet ENERGY [61]. Or the works on the optimization of 
such plants performed at TOTAL, see [67]. From many studies it seems 
that such power plants [68–70] will pay a significant penalty in terms of 
energy efficiency respect to conventional NGCC power plants and con-
ventional coal power plants [71–77]. 

For this reason, the GTCLC-NEG project aims at developing an 
approach for the design of such plants granting high heat integration 
between the reactors and so high plant final efficiency. 

5.3. Sensitivity analysis on drag force 

The sensitivity analysis on the drag force model is proposed in 
Fig. 18. Three approaches have been compared: the Wen-Yu-Ergun 
correlation [78,79], the EMMS-Yang-2004 [80] and the Stokes 
approach [81]. 

The three approaches considered give good agreement among the 
obtained results. 

6. Conclusion 

A three-dimensional model based on the MP-PIC method was 
developed to investigate the performance of a Fuel Reactor using Fe2O3 
as oxygen carrier and syngas as fuel under elevated pressures. The 
syngas flow is calculated based on LES turbulent model and oxygen 
carrier particles are tracked with DEM. The dynamics of the particle 
phase is described by a transport equation. Particle-scale chemical re-
actions are considered on the grid cell based on DEM. 

Through the simulation of the Fuel Reactor at different pressures and 
temperatures and under elevated pressure conditions (10 bars), the 
behaviors of Fe2O3 oxygen carrier and syngas are effectively predicted. 
The conversion rate of Fe2O3 has good consistence with experimental 
results. The results demonstrate that elevated pressure inhibits the 
reactivity of Fe2O3 but favors the heat and mass transfer. Increasing 
pressure promotes the reaction of CO and Fe2O3 and inhibits the reaction 
of H2 and Fe2O3. This is due to the fact that the heat and mass transfer of 
the reaction between CO and Fe2O3 is greatly affected by elevated 
pressure, and this prevails on the kinetics effect. Dealing with H2 this has 
an opposite behavior, respect to CO, because it is highly reactive and the 
effect of heat and mass transfer is negligible, respect to the effect of the 
kinetics. Overall, the elevated pressure promotes the reaction between 
syngas and Fe2O3 and reduces the demand for the oxygen carrier in the 
system. Increasing the temperature not only promotes the reactivity, but 
also the heat and mass transfer in the FR. CO is more affected by pressure 
changes and temperature changes than H2, which reveals to us an 
important insight for Fuel Reactor design and optimization. Before 
realizing the large-scale industrial utilization of PCLC, the influence of 
pressurized conditions on the reduction and oxidation characteristics of 
OCs still needs to be further explored. Besides, modifying OCs to adapt to 
pressurized conditions or seeking new OCs that have excellent perfor-
mance under pressurized conditions may become a hot spot in future 
research. 
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