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A B S T R A C T   

Ambitious decarbonization pathways to limit the global temperature rise to well below 2 ◦C will require large- 
scale CO2 removal from the atmosphere. One promising avenue for achieving this goal is hydrogen production 
from biomass with CO2 capture. The present study investigates the techno-economic prospects of a novel 
biomass-to-hydrogen process configuration based on the gas switching integrated gasification (GSIG) concept. 
GSIG applies the gas switching combustion principle to indirectly combust off-gas fuel from the pressure swing 
adsorption unit in tubular reactors integrated into the gasifier to improve efficiency and CO2 capture. In this 
study, these efficiency gains facilitated a 5% reduction in the levelized cost of hydrogen (LCOH) relative to 
conventional O2-blown fluidized bed gasification with pre-combustion CO2 capture, even though the larger and 
more complex gasifier cancelled out the capital cost savings from avoiding the air separation and CO2 capture 
units. The economic assessment also demonstrated that advanced gas treatment using a tar cracker instead of a 
direct water wash can further reduce the LCOH by 12% and that the CO2 prices in excess of 100 €/ton, consistent 
with ambitious decarbonization pathways, will make this negative-emission technology economically highly 
attractive. Based on these results, further research into the GSIG concept to facilitate more efficient utilization of 
limited biomass resources can be recommended.   

1. Introduction 

According to the recent Sixth Assessment Report from the IPPC [1], it 
is now unequivocal that human activity has led to global warming, 
which is already affecting weather and climate extremes around the 
planet. Following the Paris Agreement in 2015 to limit global warming 
to well below 2 ◦C, there has been increasing international action to 
reduce anthropogenic greenhouse gas emissions to limit the future im-
pacts of climate change. An increasing number of countries are 
committing to net-zero emissions by 2050 or shortly after, driving 
tangible decarbonization efforts around the world. 

While there are many roads to decarbonization, hydrogen is ex-
pected to be part of the solution as an important carbon-free energy 
carrier in sectors such as industry and transport [2]. The latest Energy 
Technology Perspectives report from the IEA [3] estimates the produc-
tion of hydrogen to increase from 75 Mt/year in 2019 to 520 Mt/year in 
2070. However, at present hydrogen is almost exclusively produced 
from fossil fuels with large CO2 emissions. Therefore, such widespread 
use of hydrogen would require the rapid deployment of low-carbon 

hydrogen technologies, including hydrogen from fossil fuels with car-
bon capture and storage [4], from water electrolysis [5] using renewable 
and nuclear electricity, or from natural gas pyrolysis [6]. 

While these low-carbon hydrogen technologies will play an impor-
tant role in the energy transition, there is an increasing consensus that 
negative emission technologies (NETs) will also be required to 
compensate for hard-to-abate CO2 emissions and for an eventual over-
shoot of the remaining carbon budget set for meeting global warming 
targets [7,8]. Direct air capture (DAC) and storage of CO2 is an option 
[9], but the low concentration of CO2 in the atmosphere makes it energy- 
and capital-intensive. An alternative approach is bioenergy with carbon 
capture and storage (BECCS) [10]. Producing hydrogen as a carbon-free 
fuel from biomass is especially promising as a negative emission 
pathway, since it has the potential to sequester the maximum amount of 
carbon from a given amount of biomass. However, there are limits to the 
amount of biomass that can be produced sustainably [11] and irre-
sponsible deployment of BECCS could even have a negative effect on 
planetary boundaries other than climate change [12]. It therefore be-
comes increasingly important to develop highly efficient technologies to 
maximise both the energy produced and the CO2 captured from this 
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limited resource. 
Biomass can be converted to hydrogen through thermochemical, 

biological, and electrochemical processes, with thermal gasification 
being the preferred option for large-scale processes and high hydrogen 
yields [13]. High-grade heat is required to drive the endothermic gasi-
fication reactions, and the process can be classified as direct or indirect 
gasification based on how this heat is provided. In direct gasification, air 
or oxygen is directly added to the gasifier to combust a portion of the 
biomass, producing the required heat. However, combustion with air 
dilutes to syngas with nitrogen, increasing the cost of hydrogen sepa-
ration and CO2 capture. Combustion with oxygen, on the other hand, 
adds significant cost due to required air separation unit (ASU). Conse-
quently, indirect gasification [14] becomes an attractive alternative for 
hydrogen production with CO2 capture. One option is to utilize a dual 
circulating fluidized bed reactor, where the char is combusted with air 
and the heat is transferred to the gasifier by circulating an inert powder 
[15]. However, scale up of such a circulating fluidized bed concept will 
be challenging at high pressure operating conditions, required for effi-
cient hydrogen production with CO2 capture [16] and the combustion of 
char with air produces a CO2 stream diluted with nitrogen, raising CO2 
capture costs. An alternative is to separately combust a portion of the 
fuel and transfer the heat to the gasifier by means of heat exchanger 
tubes [17]. However, this process is hampered by the low heat transfer 
coefficients of the flue gases, requiring other measures to reduce the 
need for large heat transfer areas which adds to the gasifier cost [18]. 

Thermochemical hydrogen production processes such as gasification 
typically involve a pressure swing adsorption (PSA) unit for hydrogen 
separation from the shifted syngas [19]. In such processes, efficient 
utilization of the low-grade PSA off-gas fuel is of importance to achieve a 
high overall process efficiency. Although this fuel can be combusted to 
raise steam for a relatively low efficiency Rankine cycle [20], a far more 
efficient solution is to combust the PSA off-gas fuel to provide the heat 
for the endothermic gasification process [21], mimicking the typical 
arrangement in steam methane reforming (SMR) hydrogen plants. 
However, carrying out gasification with pressurized solid fuel feeding 
and ash removal in a large number of tubes within a furnace (as in SMR) 
is unlikely to be technically feasible. 

Another challenge is to economically capture CO2, either via pre- 
combustion capture before the PSA or oxyfuel or post-combustion cap-
ture afterwards. Chemical looping technologies [22] have consequently 
attracted large research interest due to their potential to minimize the 
energy penalty of CO2 capture by means of inherent CO2 separation. This 
is achieved by alternating an oxygen carrier material between oxidation 
and reduction steps, preventing mixing of nitrogen from air and CO2- 
containing flue gas. Numerous processes have been proposed to inte-
grate chemical looping with biomass gasification [23], relying on the 
oxygen carrier to transport the heat generated during oxidation to the 
gasifier. However, these processes face challenges related to oxygen 

carrier deactivation during direct contact with biomass, reduced CO2 
capture efficiencies due to transport of unconverted char to the air 
reactor along with the circulating oxygen carrier, as well as scale–up of 
the processes relying on circulating fluidized bed reactors under pres-
surized conditions [24]. 

Gas switching technology has been proposed as a promising alter-
native for application of the chemical looping principle in pressurized 
applications [25]. Here, the oxygen carrier is maintained in a single 
bubbling fluidized bed reactor, only alternating the gas feed to switch 
between the oxidation and reduction steps. This approach eliminates the 
challenge of achieving reliable solids circulation under pressurized 
conditions, and it has been experimentally demonstrated under pres-
surized conditions [26,27] in a concept called gas switching combustion 
(GSC). Several studies have investigated the integration of GSC tech-
nology in low-carbon solid fuel power plants for large efficiency gains 
relative to conventional benchmarks [28–30], with techno-economic 
assessments showing CO2 avoidance costs as low as 22 €/ton [31] 
with further benefits available from flexible electricity and hydrogen 
production [32] for balancing variable renewables. Alternatively, it has 
been shown experimentally that gas switching technology can be 
employed for efficient low-carbon hydrogen production from methane 
via gas switch reforming (GSR) by using the heat from the combustion 
steps in the endothermic reforming step [33]. Techno-economic as-
sessments have shown that GSR can achieve similarly low CO2 avoid-
ance costs (15 $/ton) for low-carbon hydrogen production [34] and that 
flexible power and hydrogen production also presents an attractive 
possibility in this application [35,36]. 

Considering the above status of chemical looping technologies and 
biomass gasification to produce hydrogen with carbon capture, the 
present paper presents a novel technology, the gas switching integrated 
gasifier (GSIG), for efficient conversion of biomass to hydrogen with 
high CO2 capture rates to deliver large negative emissions. Using the 
GSC principle, the aim of GSIG is to efficiently integrate the PSA off-gas 
to provide the heat for gasification, while achieving inherent CO2 sep-
aration and high heat transfer coefficients. Simultaneously, GSIG avoids 
the challenges associated with pressurized solids circulation and direct 
mixing of the oxygen carrier with the biomass. In the following, the GSIG 
concept is first described in detail, for the first time showing how GSC 
can be integrated in an indirect biomass gasification process. Subse-
quently, it is techno-economically benchmarked against a conventional 
process for biomass-to-hydrogen with CO2 capture to evaluate the po-
tential of the innovative GSIG concept. 

2. The gas switching integrated gasifier 

Fig. 1 illustrates the principle of the GSIG concept. Essentially, it is a 
bubbling fluidized bed gasifier designed as a shell-and-tube heat 
exchanger where the gasification happens on the shell side and heating 
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is supplied within the tubes operated as GSC reactors. The GSC reactor 
tubes, which facilitate combustion of the PSA off-gas fuel without mix-
ing of CO2 and N2, are joined together via chambers at the top and the 
bottom. The bottom chamber ensures that gas can be supplied to mul-
tiple tubes via a single sparger and inlet control valve. Similarly, the top 
chamber joins together several tubes to a single outlet and control valve 
and also serves as an expanding freeboard to avoid oxygen carrier 
elutriation. As shown in Fig. 1, the top and bottom chambers are split 
into several sections, each connecting multiple GSC tubes, so that these 
dynamically operated units can approximate steady operation, i.e., fuel 

can be fed to one section and air to another at any given moment in the 
dynamic operating cycle. 

Although the GSC concept is proven in a single reactor, the ability to 
equally fluidize multiple tubes connected by a chamber at the bottom 
and the top remains to be demonstrated. However, if the tubes are wide 
enough, the natural tendency for the static pressure to equilibrate should 
make it impossible for gas to short-circuit through one tube while the 
others are blocked with stagnant solids. The tube diameter of 30 cm that 
emerged in the techno-economic assessment in this study should be wide 
enough to ensure that the plug-like fluidization behaviour required for 
short-circuiting is not possible. 

Another potential challenge is related to fouling of the tube surfaces, 
causing reductions in the heat transfer rate. In this respect, the constant 
abrasion caused by the fluidized particles should have a self-cleaning 
effect, avoiding this problem. It might be necessary to have a hard flu-
idized medium (like silica sand) in the gasifier chamber to ensure that 
the outside of the tubes stay clean. 

Furthermore, the dynamic nature of the GSC operation can cause 
significant transient temperature fluctuations in the heating tubes. 
However, if an oxygen carrier material with exothermic reduction re-
actions (e.g., Cu-based or Mn-based) is used, heat will be released both 
during reduction and oxidation, minimizing temperature variations 
across the cycle. Furthermore, the reactor will be operated so that there 
are always some tubes in oxidation and others in reduction. Hence, if the 
oxidation temperature is slightly above average and the reduction 
temperature slightly below, the average heat transfer rate from the GSC 
tubes to the gasifier will not be significantly affected. 

The potential for leakage of air from the tubes into the gasification 
chamber presents another risk. Here, the fact that the gasifier and GSC 
tubes will be operated at the same pressure will help to minimize the 
likelihood of such leaks occurring. Furthermore, the likelihood of a large 
leak that poses an explosion risk would be very low with a negligible 
pressure difference between the gasifier and the GSC tubes. 

3. Methodology 

3.1. Process modelling 

The process and the GSIG reactor are modelled using Aspen Plus, 
employing the Peng-Robinson equation of state with Boston-Mathias 
modifications, to efficiently integrate the solid biomass into the 
model. This is achieved in the commonly applied way of using a 
“RYield” conversion block to decompose the biomass, a so-called “non- 
conventional component”, with known heating value and elemental 
analysis (see Table 1 for data) into pure elemental components ac-
cording to the mass distribution. The heat that this conversion requires is 
taken from the following gasification reactor. This allows Aspen Plus to 
calculate enthalpies, equilibriums and reactions based on these pure 
components. The biomass is transported into the pressurized reactor by 
a lock hopper system that uses CO2 as a pressurizing agent. Some of this 
CO2 is lost to the environment with each loading, some enters the 
reactor alongside the biomass and some can be recycled (see Table 2 for 
distribution). 

Throughout the whole modelling process, heat integration plays a 
major part as it is necessary to raise a sufficient amount of process steam 

Fig. 1. Simple illustration of the GSIG concept from a top and front view. The 
grey parts represent the gasifier and the blue parts the GSC reactors. 

Table 1 
Elemental analysis of the biomass (beech wood) 
selected for this study.  

Element wt.-% (dry) 

C  49.95 
O  43.56 
H  6.11 
N  0.22 
S  0.15  
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and also use excess heat as efficiently as possible. This is achieved by 
adding a steam turbine cycle. All steam that is generated by cooling 
product gas streams and is raised at a pressure well above the process 
pressure. A high-, intermediate- and low-pressure turbine are added to 
generate power. The process steam is extracted before the intermediate- 
pressure turbine. Low-grade heat that cannot be used within the process 
is rejected to cooling water. Parameters and efficiencies for turbines, 
pumps and other equipment are summarized in Table 2. 

3.1.1. High temperature Winkler reference plant (HTW) 
As a suitable reference for the plants designed around the GSIG 

concept, the standard HTW biomass gasification process shown in Fig. 2 
is modelled. Biomass, O2 from an ASU, and steam are sent to the gasifier 
modelled as a Gibbs free energy minimization reactor, operating at 
850 ◦C and 25 bar. A fraction of 2% of carbon in the feed is assumed to be 
inert. The electricity consumption of the ASU is taken from literature 
(Table 2) as this unit is not incorporated explicitly in the process model, 
with the O2 flowrate adjusted to achieve the targeted gasifier 
temperature. 

Tar formation is not modelled directly, but syngas treatment steps 
are included to account for the effect of tar handling on the process. In 
this basic gas treatment configuration, the syngas emerging from the 
gasifier is quenched and then scrubbed with pressurized water to wash 
out any solid particles and other undesired components such as tars. This 
substantial process simplification downgrades a large amount of high- 
grade heat from the gasifier, which lowers process efficiency, although 
the extra steam introduced into the syngas stream promotes the subse-
quent water–gas shift (WGS) reaction. 

After the scrubbing, the gas is cooled and sent to a two-step WGS 
(equilibrium reactor units) to transform most of the steam and CO pre-
sent to hydrogen and CO2. While sulfur-tolerant catalysts are readily 
available for the high temperature reactor, such catalysts have only 
become available more recently for the low temperature reactor and 
may require relatively large reactor volumes. The process layout in 

Fig. 2 assumes that modern WGS catalysts make low-temperature shift of 
a sulfur-containing syngas feasible from a technical and economic 
standpoint. 

This 2-step WGS is followed by a Rectisol unit to separate H2S and 
CO2 from the shifted syngas. Thus, this is a pre-combustion capture of 
CO2 that can only capture CO2 that is produced in the gasification and 
shift reactions. The Rectisol process is modelled as a simple separator 
that extracts H2S to a content of less than 1 ppm in the clean gas and CO2 
to about 0.7 mol-% in the clean gas. The energy demand for this process 
unit is estimated from literature values (Table 2) and the CO2 captured 
in the Rectisol unit is compressed using a 3-stage CO2 compression train. 
The Rectisol unit is then followed by the PSA, which is modelled as a 
simple separator with an off-gas pressure-dependent hydrogen recovery 
rate based on Nazir, Cloete [16], resulting in H2 recoveries around 87% 
in the present study. The PSA produces a stream of pure hydrogen that is 
compressed to 60 bar for export. Additionally, a PSA off-gas is produced 
near atmospheric pressure, consisting of all other components. 

The combustion of the PSA off-gas is modelled as another Gibbs 
reactor, with the heat used for steam generation. A significant amount of 
CO2 is vented in the flue gas from the combustor, mainly originating 
from CH4 generated in the gasifier. The S/B ratio is an influential opti-
mization variable in the reference plant with a higher S/B ratio 
increasing H2 production (due to less methane formation and more 
WGS) at the expense of higher electricity consumption (due to higher O2 
demand from the ASU and less PSA off gas for power production). In this 
case, an S/B ratio of 0.5 was found to result in a suitable balance in this 
trade-off. 

3.1.2. GSIG with basic gas treatment (GSIG-B) 
For a direct assessment of the effect of the GSIG concept, the 

simplified gas treatment in the reference plant is adapted to a GSIG plant 
illustrated in Fig. 3. The same biomass input is used, but steam is now 
the only gasification agent with heat supplied from GSC tubes instead of 
direct biomass combustion using O2. The only difference from the HTW 
gas treatment described in the previous section is that only H2S is 
removed after the quench and WGS reactors using a Selexol instead of a 
Rectisol process. CO2 can be retained in the stream because it is inher-
ently separated in the GSC tubes integrated into the gasifier. 

The PSA off-gas (stream G10) is then recompressed and combusted 
with compressed air in another Gibbs reactor representing the GSC 
reactor tubes. This step is modelled to be stoichiometric and isothermal 
in order to represent the heat transfer from the GSC to the gasification. 
The reactor is set to a certain temperature (100 ◦C in the base case) 
above the gasification temperature (800 ◦C) to allow a significant 
driving force for heat flow from the GSC tubes to the gasifier. The 
resulting heat duty of the GSC reactor therefore represents the heat 
supply to the gasifier. The gasifier itself is modelled as a Gibbs reactor in 
the same way as in the reference plant. 

Heat supply and demand in the GSIG unit are matched by changing 
the S/B ratio, which affects both the gasifier heat demand (more steam 
requires more heat to reach reactor temperatures and drives more 
endothermic reactions) and the GSC heat supply (more steam reduces 
methane in the syngas, lowering the amount of PSA off-gas fuel available 
for combustion in the GSC tubes). Thus, the S/B ratio cannot be freely 
varied as in the reference plant. 

To simulate the behavior of the GSC tubes, the product gas from the 
combustion is separated into a nitrogen-rich oxidation stage gas (stream 
A05) and the reduction stage gas consisting mainly of CO2 and steam 
(stream G12). However, the imperfect CO2 capture in GSC due to the 
undesired mixing that takes place when switching between the two 
reactor steps is taken into account by mixing 3% of each stream into the 
other, based on earlier work [30]. 

The nitrogen-rich stream is expanded in a turbine and excess heat 
after the expansion is used in the heat integration. Similarly, all heat left 
in the reduction stage gas stream is integrated into the heat exchanger 
network. The stream is cooled to ambient temperatures for drying and 

Table 2 
Parameter for modelling.  

Parameter Unit Value 

Biomass input kg/s 15 
Input temperature for water and biomass ◦C 15 
Process pressure (pressure of gasifier) bar 25 
Temperature approach in gas–gas HEX [16] ◦C 20 
Temperature approach in liquid–gas and condensation 

HEX [16] 

◦C 10 

Pressure loss in heat exchangers for gases [16] % 2 
Pressure loss in heat exchangers for liquids [16] bar 0.4 
Pressure loss in PSA [16] % 1 
Pressure loss in gasifier bar 0.5 
Steam pressure levels HP/IP/LP bar 110/25/ 

0.15 
Steam temperature HP/IP ◦C 550/225 
Cooling water temperature difference/pressure [16] ◦C/bar 12/2.92 
Pump efficiencies water/CO2 [16] % 70/75 
Turbine efficiencies steam HP/IP/LP [16] % 94/92/88 
Turbine efficiencies N2 [16] % 92.5 
Compressor efficiencies air/other gases [16] % 92.5/80 
CO2 flow for lock hoppers [37] kg/s 2.25 
Distribution of CO2 to reactor/recycled/lost [37] % 0.3/0.6/ 

0.1 
Power demand of ASU [38] kWh/tO2 354 
ASU O2 purity [38] % 98 
Power demand of Rectisol [38] kWh/ 

kgCO2 

0.044 

Heat demand of Rectisol [38] kWh/ 
kgCO2 

0.058 

CO2 in Rectisol outlet gas mol% 0.7 
Ratio of quench water to dry gas – 4 
Ratio of pressure wash water to dry gas – 8 
CO2 output pressure [16] bar 115 
H2 output pressure bar 60  
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compressed to supercritical pressure before being pumped to the export 
pressure of 115 bar. A small fraction of the CO2 before compression is 
extracted for the use in the lock hoppers. 

Heat integration consists of steam generation for the gasifier and 
steam turbines. As shown in Fig. 3, although most steam is raised at HP 
conditions, additional IP steam is raised from lower-grade heat, mixed 
with the HP turbine exhaust, and the required process steam for the 
gasifier is then extracted at IP conditions. The remaining IP steam is 
expanded in two stages to the condenser pressure of 0.15 bar for power 
production. 

3.1.3. Gas switching integrated gasification with advanced gas treatment 
(GSIG-A) 

A diagram of this case is shown in Fig. 4 with the same gasifier setup 
as in the GSIG-B case. The same modelling approach of two separate 
Gibbs reactors representing gasification and GSC is employed. Advanced 
gas treatment starts with a cyclone to separate the ash from the gas, 
assumed to achieve 100% separation efficiency. Next, the syngas is 
cooled in a recuperative heat exchanger for desulphurization via 
adsorption on ZnO (with subsequent sorbent regeneration [39]), 
modelled as an H2S separator operating at 400 ◦C. Such high tempera-
ture desulphurization is essential to prevent condensation of the tars to 
be cracked in the subsequent Ni-catalyzed tar cracker [40], modelled as 
an equilibrium reactor. For this, the gas is reheated to about 778 ◦C in 

Fig. 2. Flow diagram of the reference HTW process.  

Fig. 3. Flow diagram of the GCIG process with basic gas treatment.  

A. Helf et al.                                                                                                                                                                                                                                     



Energy Conversion and Management 270 (2022) 116248

6

the aforementioned recuperative heat exchanger and passed through a 
catalytic cracker to convert higher hydrocarbons to light components. 
Subsequently, a two-step water–gas-shift is implemented followed by a 
PSA with the off-gas integrated into the GSIG unit in the same way as in 
the GSIG-B case. 

3.2. Economic assessment 

The economic assessment was completed using the standardized 
economic assessment (SEA) tool [41], and the full SEA tool files for each 
case included in this paper are available online.1 This tool offers a 
convenient platform for bottom-up economic assessments of novel 
processes, starting with capital cost assessments of all process units 
considered in the process simulation. Most of the equipment (turbo-
machines, heat exchangers, vessels) were assessed using the correlations 
of Turton, Bailie [42], while some specialized process units required the 
use of scaling correlations according to Eq. (1) and Table 3. Here, C is the 
bare erected cost of the process unit and S is the required scale. This cost 
is scaled from a reference unit with cost C0 and scale S0 using a given 
scaling exponent e to represent economies of scale for larger units. 

C = C0

(
S
S0

)e

(1) 

The estimation of the gasifier cost in the GSIG plants represents an 
important uncertainty in this study. For this purpose, the following 
methodology was employed. First, the gasifier cost was scaled to € in the 
year 2020 and the required 296.7 MW scale to arrive at a cost of 80.33 
M€. Subsequently, costs related to the syngas coolers, quench, and water 
wash (heat exchangers and vessels calculated via Turton correlations 
[42]) were subtracted to arrive at an isolated gasifier bare erected cost of 
63.23 M€. Subsequently, correlations for process vessels from Turton, 
Bailie [42] were used to estimate the cost of gasifier volume by assuming 
an expensive Ni-alloy liner on the inside, followed by an insulation layer 
and a carbon steel pressure shell on the outside. These vessels amounted 

to a cost of 14.46 M€ and the remaining 48.59 M€ was assumed to 
represent specific gasifier components such as the lock-hopper feed 
system, the ash removal system, cyclones/filters for particle separation, 
all the flanges and connections to the pressurized reactor volume, and 
the control system. 

This cost of 48.59 M€ was kept constant for the GSIG gasifier, and the 
process vessel correlations were used to estimate the increase in cost due 
to additional reactor volume and all the GSC reactor tubes required 
inside the vessel. The added volume of the GSC tubes required the cross 
section of the gasifier to almost double. In addition, all the GSC tubes 
were added as Ni-alloy process vessels and doubled in cost to account for 
the complexity of the GSIG geometry. The diameter of the GSC tubes was 
determined to supply the required rate of heat transfer assuming a 300 
W/m2/K heat transfer coefficient, resulting in about 180 tubes of 30 cm 
diameter. All these additional reactor volume costs combined with the 
cost of valves and oxygen carrier material made the GSIG gasifier in the 
GSIG-B case 77% more expensive than the reference. 

When the bare erected costs of all equipment are determined, addi-
tional plant level costs are added to arrive at the total overnight cost as 
outlined in Table 4. Additional fixed and variable operating costs are 
subsequently determined. 

Once all the costs are assembled, a cash flow analysis is carried out to 
calculate the levelized cost of hydrogen (LCOH) in Eq. (3) so that the net 
present value (NPV) in Eq. (2) amounts to zero. Here, ACF is the 
annualized cash flow, t is a given year in the plant lifetime starting when 
construction commences, n is the plant lifetime, i is the discount rate, ϕ 
is the capacity factor, PH2 (kg/year) is the maximum production rate of 
hydrogen at 100% capacity factor, CVOM (€/year) is the variable oper-
ating and maintenance costs under maximum production, CCapital 

(€/year) is the yearly capital expenses during the construction years, and 
CFOM (€/year) is the annual fixed operating and maintenance costs. 

NPV =
∑n

t=0

ACFt

(1 + i)t (2)  

ACFt = ϕÂ⋅(LCOHÂ⋅PH2 − CVOM) − CCapital − CFOM (3) 

Fig. 4. Flow diagram of the GSIG process with advanced gas treatment.  

1 https://bit.ly/38N7nbi. 
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3.3. Performance metrics 

Three technical performance measures are used in the discussion of 
the results. First, the hydrogen (Eq. (4)) and electric (Eq. (5)) efficiencies 
(η) are determined from the ratio of output to input energy, using lower 
heating values (LHV in MJ/kg) to represent chemical potential energy. 
Here, ṁH2 and ṁBM (kg/s) are the mass flow rates of hydrogen and 
biomass, respectively, whereas WEl (MW) is the net electricity produc-
tion of the plant. 

ηH2
=

ṁH2 • LHVH2

ṁBM • LHVBM
(4)  

ηEl =
WEl

ṁBM • LHVBM
(5) 

Furthermore, the CO2 capture ratio is quantified as the fraction of the 
carbon in the incoming biomass that is contained in the biomass that is 
exported from the process in the CO2 stream for storage (Eq. (6)). Here, 
ṅC (mol/s) is the molar flowrate of carbon. 

CR =
ṅC, export

ṅC, input
(6) 

For the economic assessment, the LCOH (Eq. (3)) is the primary 
performance indicator. It is also broken down into sub-components for a 
richer discussion by dividing annualized costs in different categories by 

the amount of hydrogen produced in one year. 

4. Results and discussion 

Results will be presented and discussed in three parts: 1) techno- 
economic results from the three main cases, 2) the effect of changes to 
the GSIG gasifier operating temperatures, and 3) a sensitivity analysis to 
the most influential economic assumptions. 

4.1. Base case results 

Fig. 5 presents the results for the three main process configurations: 
the HTW benchmark (Fig. 2), the GSIG configuration with simplified gas 
treatment similar to the HTW plant (GSIG-B, Fig. 3), and the GSIG 
configuration with advanced gas treatment (GSIG-A, Fig. 4). Details 
about mass and energy flows in the different process configurations are 
provided in Table 5. 

The main economic output is the levelized cost of hydrogen (LCOH) 
shown in Fig. 5a. All plants have relatively high hydrogen production 
costs of 3 €/kg or higher. Biomass-to-hydrogen routes are relatively 
expensive due to the processing of a challenging and relatively expen-
sive solid fuel without great economies of scale. Hence, the costs to 
produce hydrogen is much higher than large-scale fossil fuel alterna-
tives. However, Fig. 5a shows that over half of this cost is cancelled out 
by the 100 €/ton credit assumed for storing the biogenic CO2 captured 
from the process. This large CO2 credit results in an attractive LCOH in 
the range of 1.31–1.64 €/kg. The 5.2%-points higher CO2 capture ratio 
facilitated by the GSIG concept (Fig. 5c) is a considerable benefit in this 
respect, increasing the revenues from the CO2 credit. On a levelized 
basis, however, the CO2 credit in the GSIC gases is smaller than the HTW 
benchmark (Fig. 5a) because the CO2 credit is levelized over a 
7.5–12.2% higher hydrogen output. 

Under the base assumptions, the GSIG-B configuration achieves a 5% 
reduction in LCOH relative to the HTW benchmark. This saving results 
from the increase in H2 production efficiency (Fig. 5c) facilitated by the 
GSIG concept where the low-grade PSA off-gas fuel is efficiently used to 
supply the heat required for the endothermic steam gasification instead 
of being combusted for low-efficiency power production with associated 
CO2 emissions. As Fig. 5b shows, however, the GSIG-B plant is more 
costly to construct than the HTW benchmark because the much more 
expensive gasifier cancels out the benefits of avoiding the ASU and a 
separate CO2 capture process (included as AGR in Fig. 5b). The need to 
compress and expand air for the GSC tubes also increase turbomachinery 
costs. Despite these higher capital costs, Fig. 5a shows that the levelized 
capital cost remains marginally lower than that of the HTW benchmark 
because of the 7.5% greater hydrogen output facilitated by the improved 
process efficiency. 

Advanced gas treatment in the GSIG-A case leads to a further 12% 
reduction in LCOH relative to the GSIG-B case. Savings arise mainly from 
higher electric and power generation efficiencies. As Fig. 5c shows, 
advanced gas treatment transforms the plant from an electricity 
importer to a slight electricity exporter. This large electricity saving 
substantially reduces the variable operating and maintenance (VOM) 

Table 3 
Scaling parameters, reference costs, capacities and scaling exponents for use with Eq. (1).  

Equipment Scaling parameter Reference cost (M€) Reference capacity Scaling exponent Year Ref. 

ASU Oxygen produced [kg/s]  66.20 25.48 0.67 2007 [43] 
Gasifier including gas cooling and cleaning Thermal input [MW]  95.00 482.8 0.67 2007 [43] 
Selexol acid gas removal (H2S) Syngas flowrate [kmol/s]  32.75 5.44 0.67 2011 [44] 
ZnO acid gas removal (H2S) Thermal input [MW]  46.60 1254.0 0.67 2018 [45] 
Rectisol acid gas removal (CO2 and H2S) Syngas flowrate [kmol/s]  43.58 2.48 0.67 2007 [43] 
WGS and tar cracker Syngas flowrate [kg/s]  9.54 1046.06 0.67 2007 [46] 
Pressure swing adsorption Inlet flowrate (kmol/s)  27.96 4.74 0.6 2007 [46] 
Cooling water tower Cooling water flowrate [ton/s]  1.88 1 1 2002 [47] 
High temperature valves Volume flowrate [m3/s]  0.15 2 0.6 2014 [48]  

Table 4 
Economic evaluation assumptions [22,44,49,50].  

Capital estimation methodology   

Bare Erected Cost (BEC) SEA Tool Estimate  
Engineering Procurement and Construction 

(EPC) 
10% BEC  

Project Contingency (PC) 20% (BEC + EPC)  
Owners Costs (OC) 15% (BEC + EPC +

PC)  
Total Overnight Costs (TOC) BEC + EPC + PC + OC  
Operating & maintenance costs   
Fixed   
Maintenance 2.5 %TOC 
Insurance 1 %TOC 
Labour 60,000 €/y-p 
Operators 50 Persons 
Variable   
Biomass 7 €/GJ 
Electricity 60 €/MWh 
Oxygen carrier 15 $/kg 
CO2 transport & storage 20 €/ton 
CO2 tax 100 €/ton 
Process water 6 €/m3 

Cooling water make-up 0.35 €/m3 

Cash flow analysis assumptions   
1st year capacity factor 65 % 
Remaining years 85 % 
Discount Rate 8 % 
Construction period 3 years 
Plant Lifetime 25 years  

A. Helf et al.                                                                                                                                                                                                                                     



Energy Conversion and Management 270 (2022) 116248

8

costs in Fig. 5a. The increase in electric efficiency comes from much 
larger steam turbine power output because the relatively high-grade 
thermal energy that was rejected in the quenching and water wash 
steps in the GSIG-B plant can now be recovered and used to drive the 
power cycle. Fig. 5b shows that these larger steam turbines increased the 
turbomachinery cost, but that this cost increase is cancelled out by a 
reduction in flash vessel cost (the quench and water wash were costed as 
large flash vessels). The tar cracker also increased equipment costs in the 
GSIG-A case. 

Finally, Fig. 5d shows how the dry syngas composition directly after 
the gasifier and S/B ratio changes between the three cases. The HTW 
benchmark produces a syngas with relatively little CH4 and more CO at a 
lower S/B ratio because of the addition of O2 to the gasifier and the 
higher gasification temperature. The oxycombustion used to supply the 
heat for gasification in this configuration produces significant amounts 
of CO2 as a gasification agent, increasing CO yields, and the higher 

temperature inhibits CH4 formation due to reaction equilibrium con-
siderations. The GSIG cases show a significant change in the syngas 
composition. The absence of O2 requires more steam to be added as a 
gasification agent, resulting in a syngas containing more H2 and less CO. 
Furthermore, the lower gasification temperature (800 ◦C) results in a 
substantial fraction of CH4 in the syngas. The 10% CH4 share in the 
syngas in the GSIG-B case represents 28% of its LHV, which would be a 
problem for conventional processes because this is a large fraction of 
energy that cannot be recovered as H2 in the downstream processing 
units. However, the GSIG process requires a considerable amount of fuel 
heating value for combustion in the GSC tubes to supply the gasification 
energy, allowing the CH4 to be efficiently utilized. The GSIG-A case 
requires a higher S/B ratio than the GSIG-B case where the large amount 
of water added in the quench facilitates a greater shift of CO to H2 in the 
WGS reactors. The GSIG cases also produce a higher syngas flowrate as 
the indirect heat supply allows more H2 and CO to be produced from the 

Fig. 5. Techno-economic results for the three main process configurations. Detailed assessments of each case can be viewed in the individual economic assessment 
files available online1. 1https://bit.ly/38N7nbi. 
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steam gasification of the biomass. A higher S/B ratio in the GSIG-A case 
further increases the flowrate as some CH4 is steam-reformed to H2 and 
CO. 

4.2. GSIG gasifier operating temperatures 

As illustrated in Fig. 6a, raising the temperature in the GSC tubes 
(three cases on the left) or in both the gasifier and the GSC tubes (three 
cases on the right) only had a minor effect on the economic performance 
of the GSIG plant. Fig. 6b shows that the main effect of increasing the 
temperature is an exchange of lower hydrogen production efficiency for 
higher electrical efficiency. A higher GSC operating temperature pro-
duces outlet streams containing more thermal energy that can be 
recovered more efficiently in the gas and steam turbines at the expense 
of having to combust more fuel in the GSC reactors. A higher gasifier 
temperature allows for the use of a lower S/B ratio to produce the 
amount of hydrogen that can be extracted in the PSA while leaving 
enough heating value in the PSA off-gas for combustion in the GSC 
tubes. Thus, more steam can be used in the power cycle, but the gasi-
fication reaction becomes more endothermic as less methane is formed, 
requiring more fuel to be combusted in the GSC tubes instead of being 
extracted as hydrogen in the PSA. 

This trade-off contributes to keeping the LCOH essentially constant 
in the cases where the gasifier and GSC tube temperatures are increased 
simultaneously. Capital costs also increase in this case because of the 
more endothermic gasification reactions that increase the required 
volume and surface area of the GSC tubes. On the other hand, the cases 
where only the GSC tube temperature is increased (higher tube-gasifier 
ΔT) slightly reduced the gasifier cost and the LCOH due to a lower GSC 
tube surface area facilitated by the larger driving force for heat transfer. 

An important uncertainty is the effect of higher gasifier temperatures 
on gasifier capital cost. This effect was ignored in the present study, 
keeping the gasifier cost (excluding GSC tubes) constant with increasing 
gasifier temperature, but there are several complex competing effects to 
consider in practice. Higher gasifier temperatures will increase reaction 
rates that will reduce the required biomass residence time in the gasifier, 
although this effect will be moderated by the increased importance of 
the bubble-to-emulsion mass transfer resistance present in fluidized 
beds. On the other hand, lower temperatures may facilitate the use of 
lower cost construction materials and will reduce the volume of gas to be 
handled. 

As mentioned in the prior discussion around Fig. 5d, the high 

presence of methane in the syngas from relatively low-temperature 
operation at 800 ◦C is not a problem in the GSIG configuration 
because the heating value in the methane can be efficiently exploited in 
the GSC tubes. Thus, it may be possible to operate the gasifier even at 
temperatures below 800 ◦C with little or no economic penalty if the 
biomass reactivity remains sufficiently high. Such low-temperature 
operation may improve the longevity of the internal surfaces required 
for heat transfer in the GSIG unit. 

4.3. Sensitivity analysis 

The variation of the levelized cost of hydrogen to changes in six key 
parameters is illustrated in Fig. 7. Biomass and CO2 prices are the most 
influential variables. The interplay between these two variables will be 
crucial factor in future decades as decarbonization becomes an ever- 
increasing priority. As Fig. 7c illustrates, higher CO2 prices can make 
hydrogen from biomass extremely attractive. In Europe, CO2 prices of 
150 €/ton and beyond will be required to achieve net-zero by 2050. For 
example, the latest IEA World Energy Outlook sees levels of 120, 170, 
and 200 $/ton by 2030, 2040, and 2050, respectively, in advanced 
economies with net-zero pledges. 

Such high CO2 prices will greatly increase the demand for BECCS 
technologies like the biomass-to-H2 pathways investigated in this paper. 
Since sustainable biomass is a limited resource, such a scenario will soon 
drive up biomass prices, incentivising the market to produce more 
biomass. For a technology with a high CO2 capture ratio like GSIG, a 10 
€/ton increase in the CO2 credit received for storing biogenic CO2 can 
cancel out a biomass price increase of about 1 €/GJ. Thus bio-derived H2 
can be produced at a competitive cost of around 1.5 €/kg at CO2 prices 
beyond 150 €/ton even if biomass prices rise above 12 €/GJ. Such a 
scenario should be carefully regulated as it could incentivise unsus-
tainable exploitation of biomass resources. 

Fig. 7b shows a much smaller effect of the electricity price. However, 
higher electricity prices clearly favour the GSIG-A configuration where 
advanced gas treatment allows more heat to be recovered for use in the 
power cycle. Although current large European consumers pay prices 
around 60 €/MWh [51], a rapid decarbonization effort is likely to 
significantly increase electricity prices, so this is an important benefit. 
For example, at an electricity price of 120 €/MWh, GSIG-A is 20% 
cheaper than the GSIG-B. 

The sensitivity to gasifier cost in Fig. 7d shows the importance of the 
uncertainty in estimating the cost of the GSIG gasifier illustrated in 
Fig. 1. Since volume and surface area of the GSC tubes impose consid-
erable additional costs, the GSIG gasifier is substantially more costly 
than the conventional benchmark. Hence, a gasifier cost increase of 50% 
almost cancels out the advantage of the GSIG concept (comparing the 
HTW and GSIG-B cases with similar gas treatment). When only consid-
ering cost increases in the GSIG gasifier with the reference gasifier cost 
kept constant (dashed line in Fig. 7d), a 13% increase is sufficient to 
cancel out the economic advantage of the GSIG-B case relative to the 
benchmark. Put another way, the GSIG gasifier is 77% more expensive 
than the conventional gasifier under base-case assumptions, but the 
advantage in terms of LCOH is lost when this cost increase rises to 100%. 

Due to this sensitivity, minimizing the GSIG gasifier cost is essential 
for its commercial prospects. As discussed around Fig. 6, the gasification 
temperature presents an interesting optimization lever to explore since 
lower operating temperatures can allow cheaper construction materials 
than those assumed in this assessment at the expense of a larger reactor 
volume. Further savings could be achieved by maximizing the gas 
throughput in the GSC tubes to reduce the volume they occupy within 
the gasifier as a relatively conservative superficial velocity of 0.6 m/s 
was employed in this assessment. 

While the gasifier cost uncertainty strongly influences the GSIG 
cases, Fig. 7e shows that the reference HTW case is more sensitive to 
ASU and AGR cost assumptions. The GSIG configurations avoid the ASU 
and the CO2 capture unit, substantially reducing uncertainty related to 

Table 5 
Mass and energy flows for the three main process configurations.  

Case HTW GSIG-B GSIG-A  

Mass flows     
Biomass input  15.00  15.00  15.00 kg/s 
H2 output  1.31  1.41  1.47 kg/s 
CO2-rich stream  24.04  26.46  26.46 kg/s 
CO2 purity  100.00  96.70  96.40 % 
CO2 capture ratio  90.89  96.08  96.11 % 
Heat flows (LHV)     
Biomass heat input  269.66  269.66  269.66 MW 
H2 heat output  157.83  169.76  177.12 MW 
H2 efficiency  58.53  62.95  65.68 % 
Electric efficiency  − 3.25  − 4.38  0.85 % 
Electricity flows     
Water pumps  − 1.19  − 1.06  − 0.78 MW 
H2 compressor  − 2.72  − 2.86  − 3.32 MW 
CO2 compressors & pump  − 9.84  − 3.37  − 3.64 MW 
ASU  − 7.13   MW 
AGR  − 3.95   MW 
Steam turbines  16.06  6.30  21.37 MW 
Air compressors   − 19.06  − 18.14 MW 
Recycle compressor   − 13.03  − 13.27 MW 
N2 turbine   21.28  20.07 MW 
Net power  − 8.77  − 11.80  2.29 MW  
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these process units. 
Finally, Fig. 7f shows the effect of plant availability on the LCOH. 

Since the three plants have similar specific capital costs, the response to 
changes in capacity factor are also similar. The novel GSIG gasifier may 
lead to more downtime (at least for initial plants), and the dashed line in 
Fig. 7f shows that the LCOH advantage relative to the HTW plant at 85% 
capacity factor is lost if the GSIG-B plant capacity factor falls to 80%. 

5. Summary and conclusions 

This study investigated the techno-economic performance of the 
novel gas switching integrated gasification (GSIG) concept for hydrogen 
production from biomass with integrated CO2 capture. The GSIG 
concept was benchmarked against a conventional O2-blown fluidized 
bed gasifier with pre-combustion CO2 capture to assess its potential for 
future development. 

The key novelty of GSIG is combustion of the pressure swing 
adsorption (PSA) off-gas fuel with inherent CO2 separation in tubular 
gas switching combustion (GSC) reactors integrated into the gasifier. 
This integration allows GSIG to avoid the need for an air separation unit 
and a dedicated CO2 capture facility, improving efficiency and CO2 
avoidance. On the other hand, the gasifier becomes considerably larger 

and more complex. 
Process modelling revealed that the GSIG concept can boost 

hydrogen production by 7.5% and CO2 capture by 5.2%-points relative 
to the benchmark. Capital costs increased by 3.5% as higher gasifier 
costs outweighed the avoidance of the ASU and CO2 capture unit. In 
terms of economic performance, these results facilitated a 5.1% reduc-
tion in the levelized cost of hydrogen (LCOH). Advanced gas treatment 
to handle tars using a tar cracker instead of a water wash further 
improved efficiency and eliminated the need for electricity imports to 
achieve a further LCOH reduction of 12.0%. 

Although the GSIG gasifier is more complex, one mitigating feature is 
that lower temperature gasification can be efficiently facilitated because 
the higher fraction of methane forming under such conditions can be 
efficiently combusted in the GSC tubes for heat supply. Due to this 
feature, raising the gasifier temperature from 800 to 900 ◦C did not 
significantly change the LCOH. 

The combination of relatively high capital costs and expensive fuel 
results in high hydrogen production costs in in excess of 3 €/kg. How-
ever, a CO2 credit of 100 €/ton for negative emissions offsets more than 
half of this cost to result in an attractive LCOH ranging from 1.31 €/kg 
for GSIG with advanced gas treatment to 1.64 €/kg for the conventional 
benchmark with standard gas treatment. Even higher CO2 credits, which 

Fig. 6. Techno-economic results for the GSIG-A case when increasing the difference between the gasifier and GSC tube temperatures (left) and when increasing the 
gasifier and tube temperatures simultaneously (right). 
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Fig. 7. Sensitivity of the levelized cost of hydrogen to changes in four influential economic assumptions. Central levels of the variables are specified in Table 4.  
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would be required in ambitious decarbonization scenarios, result in 
extremely low LCOH values that will incentivise large consumption of 
biomass. Such a scenario requires careful regulation to prevent unsus-
tainable biomass exploitation. 

Overall, biomass-to-hydrogen with CO2 capture appears well posi-
tioned for economically achieving negative CO2 emissions in a rapidly 
decarbonizing world. The GSIG concept can significantly enhance the 
efficiency with which the limited biomass resource is utilized and 
potentially create significant economic benefits. Dedicated experimental 
demonstration activities are therefore recommended to reduce uncer-
tainty related to the novel gasifier design. 
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