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Abstract

This study proposes an onboard membrane carbon capture and liquefaction system for LNG-
fueled ships to satisfy the IMO’s 2050 greenhouse gas reduction targets. The exhaust gas from
a natural gas ship has a low CO; fraction (~3%) and high O; fraction (~16%) compared to the
flue gas from power plants. Herein, considering the above distinguishing features, a membrane
carbon capture and liquefaction system has been proposed that is energy efficient and compact
for the application of ships. To ascertain the performance of the proposed membrane-based
system, it is compared to an amine-based onboard system in terms of energy consumption and
major equipment size. This work evaluates four process configurations by varying the number
of membrane stages and associated liquefaction processes at different CO2/N> selectivity and
CO; permeance. The results show that energy consumption (3.98 GJle/tico.) is higher than the
amine-based system (3.07 Gl/ticoz) at the CO2/Nz selectivity of 50, but it can be decreased to
3.14 and 2.82 (GJc/ticoo) With improved selectivity of 100 and 150, respectively. The major
equipment size decreases to 54%, 28%, and 20% of the amine-based system when the
permeance is 1000, 2000, and 3000 GPU, respectively. The results indicate that the new
onboard membrane carbon capture and liquefaction system can be a competitive solution for

the IMO’s greenhouse gas reduction targets for 2050.
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Onboard CCS; Membrane CO; separation; CO> Liquefaction; Process Design; Ship-based
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Nomenclature

membrane area [cm?]

feed flow rate [Scm?/s]

MDO mass flow rate [kg/h]

compression pressure at stage 1 [bar]
compression pressure at stage 2 [bar]
compression pressure at stage 3 [bar]

compression pressure at stage 4 [bar]

permeability of component A [Scm3 - cm / (s - cm? - cmHg)]

feed pressure [cmHg]

permeate pressure [cmHg]

Recycle ratio at 1** membrane [%]
Recycle ratio at 2" membrane [%]
Recycle ratio at liquefaction [%]
membrane thickness [cm]
Temperature before the J-T valve 1 [°C]
Temperature before the J-T valve 2 [°C]

permeate flow rate [Scm?/s]

mole fraction of component i on the feed side [mol%]

mole fraction of permeate 1 stream [mol%]
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1. Introduction

As drastic climate change caused by global warming has emerged as a major environmental
issue, the energy efficiency design index (EEDI), which measures in grams of CO2 emissions
generated by a ship to transport 1 ton of cargo per 1 nautical mile, was adopted by the
International Maritime Organization (IMO) as a mandatory measure to reduce greenhouse gas
(GHG) emissions from international shipping. According to the fourth IMO GHG study, GHG
emissions caused by international shipping increased to 2.89% of the total global GHG
emissions in 2018 [1]. The IMO Marine Environment Protection Committee (MEPC) during
their 74™ proceeding agreed on further strengthening the Phase 3 EEDI requirements. This
includes the EEDI reduction rates for container ships up to 50% and accelerated
implementation of schedules for some ship types starting 2022 [2,3]. In addition, the EEDI
Phase 4 was considered, and the IMO GHG strategy is to reduce EEDI by a minimum of 40%

and 70% by 2030 and 2050, respectively [4].

The IMO’s plan of decreasing EEDI up to 70% now engenders the introduction of carbon
capture and storage (CCS) technologies onboard. The IMO’s EEDI Phase 3 requirements can
be achieved by using LNG fuel, combined with existing technologies such as hull form
optimization, voyage optimization, and speed reduction [5]. This means that its EEDI value is
lower than the EEDI Phase 3 value. To meet the IMO’s 2050 target of reducing EEDI up to
70%, alternative low and zero carbon fuels, such as hydrogen, need to be considered [6,7].
However, various limitations such as fuel supply for shipping, safety concerns, and low energy
density are key hurdles in making near future implementation infeasible. Therefore, to meet
the IMO’s 2050 target, proven technologies that can be applied to ships must be considered.
CCS technology is a proven technology for onshore power plants and can be applied to ships

for onboard carbon capture and storage (OCCS) systems [8—13]. CCS technology works by
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capturing CO» from the ship’s engine exhaust gas, storing the captured CO>, and unloading the

captured CO; to the safe storage sites.

Currently, a chemical absorption process using amines is the most commonly proposed
carbon capture process in OCCS systems. Lee et al. [9] presented an EEDI estimation method
reflecting an OCCS system based on chemical absorption with an activated
methyldiethanolamine (MDEA). Feenstra et al. [10] suggested a chemical absorption process
for carbon capture on diesel and LNG-fueled ships by using MEA and piperazine (PZ) as
solvents and conducted techno-economic evaluations. Van den Akker [12] investigated the
feasibility of carbon capture using MEA solvent on LNG-fueled ships in terms of energy and
economic feasibility. However, the solvent-based chemical absorption process requires
significant space for equipment of the absorber and the stripper. This is an obvious limitation
for an onboard system with limited space. For example, an 8000 DWT general cargo ship with
a 7.3 m draft, one of the main dimensions of ships, requires 10 m and 14 m height of the
absorber and stripper, respectively [12]. This process, which requires two tall columns, can
encounter the economic loss resulting from the cargo loss. Therefore, the size of the OCCS
system is an important factor that must be considered while selecting the onboard carbon

capture system to minimize the cargo loss of ships because of system installation.

Another carbon capture technology, a membrane capture process, requires much smaller
space than the absorption process [14]. Therefore, it is a practical alternative solution for the
application to an onboard system with limited space. Merkel et al. [15] reported that only a 12
ft wide x 47 ft long % 23 ft tall pilot membrane system was required to treat coal-derived flue
gas containing 20 tons CO»/day (20 TPD), while a solvent capture system for a 10 TPD scale
required a 150 ft tall column. Zhao et al. [16] conducted a parametric study for multi-stage

membrane systems that assumed a binary mixture (14 mol% CO; and 86 mol% N>) based on a
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coal-fired power plant. Hussain et al. [17] performed a feasibility study of carbon capture for
low CO> mole fraction (10%) using a membrane with the facilitated transport mechanism to
investigate energy consumption and processing cost. Merkel et al. [18] reported process
sensitivity studies for estimating energy consumption, membrane area, and cost by varying a
stage of the membrane process, flow pattern, and membrane performance based on a coal-fired
power plant. Ramasubramanian et al. [19] investigated a cost analysis of a multi-stage air-
sweep process according to the membrane performance and feed CO; mole fraction. Xu et al.
[20] carried out a membrane gas separation process for a multicomponent mixture to optimize
its space requirements and energy efficiency with flue gas having 68.8% N», 13.5% CO», 15.3%
H>0, and 2.4% O,. Micari et al. [18] explored the techno-economic assessment of post-
combustion carbon capture using nanoporous single-layer graphene membranes. Evaluations
were performed for two flue gas scenarios: one was the case of dry feed with 10% CO> and 90%
N> and the other was the case of wet feed containing 10% CO», 15% H>0, 3% O», and 72% No.
Most of the above-mentioned previous studies focusing on membrane carbon capture processes
were based on coal-based power plants where the mole fraction of CO> in the flue gas is
relatively high. However, the exhaust gas from the LNG-fueled ship has a very low CO; mole
fraction (~3%) and a high O, mole fraction (~16%) [9]. These features can severely affect the
performance of the membrane; therefore, a suitable composition and model should be studied

to appropriately evaluate the membrane capture process for an OCCS system.

This study aims to propose a competitive new OCCS system, an onboard membrane carbon
capture and liquefaction system, considering a ternary mixture of N2, O2, and low mole fraction
CO.. Membrane carbon capture systems were designed to satisfy the IMO’s greenhouse gas
reduction targets for 2050, and the energy consumption of each case was evaluated with various
membrane performances. The results were compared with the amine-based capture process in

terms of energy consumption and major equipment size.
8
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2. Background
2.1 Mathematical model of membrane process

Several ideal flow patterns have been suggested for membrane gas separation [19]. It has
been reported that the complete mixing (perfect mixing) flow pattern has a conservative
separation performance compared to cross-flow, co-current, and countercurrent flows [20],
which means that it is appropriate for a conservative design approach. Figure 1 shows a
complete mixing pattern that assumes no concentration gradient according to the direction of
the gas flow on the low-pressure side (permeate side) and the high-pressure side (feed side),

and the main assumptions of the membrane model are [22]:
® Membrane models for gas separation are isothermal conditions.
® Pressure drop on the permeate side and the feed side are negligible.
® The permeability of each component is independent of pressure.

A mathematical model of complete mixing was derived by Weller and Steiner [21].

Vp = 9L/ Permeate
Vp |

Low-pressure side PL. Yy
1
Ls, x¢ . ‘ L,=(1—-0)Ls
) High-pressure side )
Feed OIC Ph %o Reject

| Xo

Figure 1. Process flow for complete mixing model
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The membrane stage cut 6 is defined as:
v,
0=+ (1)
Ly
where Ly and V}, are the feed flow rate and permeate flow rate (Scm?/s), respectively.

For a binary mixture (components A and B), the permeate mole fraction y, , was calculated

using Eq. (2) [19].

—b ++Vb?% — 4ac )
Yy = -~ 2
where,
a=9+ﬂ—ﬂ9—a9—a&+a&9
Pn  DPn Pn Pn
b=1—9—xf—&+&9+a9+aﬂ—aﬂ9+axf
Pn  Dn Pn Pn
c = —axy

where x; is the mole fraction of component A on the feed side, py, is the feed pressure
(cmHg), p; is the permeate pressure (cmHg), and a4,/ is the A/B selectivity. Eq. (2) is a

simple function of the membrane stage cut when the membrane performance parameters
(selectivity or permeance) and pressure ratio are determined. The membrane area based on the

binary mixture is described as:

10
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(B / O (prxo — D1yp)

3)

m

Xf — Byp

Yo =1 "9

where 7 is the membrane thickness (cm), and P, is the permeability of A in the membrane,
Scm?-cm /(s - cm? - cmHg). For a complete mixing model of a ternary mixture, the

permeate mole fraction of component i, y,;, is described by Eq. (4) [19].

_ Prxri/(1—0)
Yol = Wt/ (Pl An) + 0pn/(1— 0) + p1)

“4)

where xg; is the mole fraction of component i on the feed side and the membrane area, Am,

is calculated using Eq. (5).

V;oypit

i — Oy, 5
P, [ph(g = Q)y ) _ P1Ypi] ©

Figure 2 shows the numerical procedure to calculate yy,;.

11



204

205

206

207

208

209

210
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Update ypa \

Calculate the value of V), using
the known value of stage cut

The membrane area, A,
is calculated using Eq. (5)
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of fraction is equal to
1

Get the values of permeate
side gas mole fraction of each
component, Yp;

Figure 2. Procedure for the calculation of the permeate side gas mole fraction for a ternary

mixture.

2.2 CO: liquefaction process

When the captured CO; is transported by a ship, liquefied CO> (LCO3) is recommended

because of the amount of CO» emissions from the ship’s engine and the volume of the storage
12
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tank [22]. That is, if the captured CO, is transported as gaseous CO, its volume is
approximately 500 times larger than that of LCO» [23]. The triple point of CO> is 5.18 bar and
-56.57 °C; therefore, a storage pressure higher than 5.18 bar is required for liquid storage.
Previous studies proposed a storage pressure of 6.5-20 bar [24-27], and Seo et al. [28]
proposed that 15 bar is an appropriate pressure considering the life cycle cost (LCC) of ship-

based carbon capture and storage chains.

For liquefaction of CO,, various processes have been studied [29,30]. Seo et al. [23]
investigated four prominent liquefaction systems and concluded that a pre-cooled Linde-
Hampson system showed high performance. Based on the results reported in the above
literature, this work assumed the pre-cooled Linde-Hampson system for the liquefaction of

onboard captured COx.

2.3 Reference amine-based OCCS systems (Case 1)

Lee et al. [9] researched an amine-based OCCS system targeting an EEDI 70% reduction.
The CO: from the natural gas ship engine was captured using an activated MDEA solution, and
the captured CO; was liquefied through the liquefaction process using LNG and ammonia.
They reported the energy consumption and sizing results, as shown in Table 1. To compare the
membrane onboard system with the amine-based onboard system, this previous study was

defined as a reference case, Case 1.

Table. 1. Simulation results of an amine-based OCCS system [9]

Category Unit Value

Target ship 3800 TEU container

13
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EEDI reduction rate % 70

Capture SECw Glw/tcoz 3.30
Additional power for capture process kWh/tcos 54.9
Liquefaction SEC kWh/tcoz 98.0
Captured CO; flow rate ton/h 3.651
CO; mole fraction % 2.79
Absorber diameter m 3.1
Absorber packing height m 7
Absorber total height m 13.5
Stripper packing diameter m 1.2
Stripper sump diameter m 3.1
Stripper packing height m 3.25
Stripper total height m 10

To fairly compare the energy consumption for each OCCS system, the specific energy
consumption (SEC) of thermal energy (GJm) for the solvent regeneration of Case 1 was
converted to equivalent electric energy consumption (GJ.) based on the consumption of marine
diesel oil (MDO). The assumptions of the lower heating value (LHV) of the MDO, the thermal
efficiency of the boiler (#5), and the specific fuel oil consumption (SFOC) of the generator are
listed in Table. 2. Firstly, the MDO mass flow rate (MDOy) required to generate the required
equivalent thermal energy for the solvent regeneration of Case 1 (3.30 GJw/tco2) was calculated

using Eq. (6).

1
MDOf [ton/h] = (Total heat duty)((LHVMDo)(Ub)) (6)

Total heat duty [G]g,/h] = (Capture SEC [G)w/teo2]) (Captured CO, flow rate [ton/h])
14
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255

CHpo) (1) [G]/ton] = Required MDO mass flow rate to generate 1 GJy,
MDO

Secondly, the electric energy consumption, which equivalently consumed the MDOy, was

calculated with consideration for the SFOC of the generator, as shown in Eq. (7) and Eq. (8).

(Electric energy consumption [G]./tco2]) (Captured CO, flow rate [ton/h])

_ MDO [ton/h] )
~ (SFOC [ton/G]])

Finally, Eq. (7) was rearranged to calculate the equivalent electric energy consumption.

Electric energy consumption [G],/t.o2](= Amine regeneration)

~ MDOs [ton/h] (®)
~ (SFOC [ton/G]])(Captured CO., flow rate [ton/h])

The required major equipment size for Case 1 was estimated from the reported sizing results

of the absorber, stripper and sump tank from Table 1.

Table. 2. Assumption for energy unit conversion

Category Unit Value
LHVwMmpo GJ/ton 42.7 [31]
Boiler efficiency (nb) % 65 [35,36]

15



SFOC of generator ton/GJ 0.047"!

256 ! The SFOC of the generator was estimated by 5X35-B diesel engine data from WinGD GTD.
257

258 Table 3 shows the conversion of thermal energy to electric energy results, with consideration

259  of Table 2 and the sizing results of Case 1.

260
261 Table. 3. Energy and sizing results of Case 1
Category Unit Value
Capture Amine regeneration 2.52"
Others Gle/tcon 0.198 [9]
Liquefaction = Compression 0.35 [9]
LCO, ton/h 3.651 [9]
Total SEC Gle/ticoz 3.07
Main equipment size m’ 177.37 [9]

262 ! converted by Eq. (8).

263 "2 estimated by the reported sizing results of the absorber, stripper, and sump tank.
264
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3. Modeling and Simulation

This study defined three major cases.

1. Case 1 was a reference case based on an amine solvent capture process combined

with a liquefaction process.

2. Case 2 was a membrane capture process combined with a liquefaction process, and
the exhaust gas was assumed to be a binary mixture of N> and COg; this is not a
practical composition, but was studied to show the effect of O» existence in the

practical exhaust gas.

3. Case 3 was a membrane capture and liquefaction process, but considered a ternary

mixture of N2, Oz and CO..

Cases 2 and 3 studied four different configurations considering the number of stages for the
membrane and the liquefaction processes. M1 and M2 represent the single-stage and two-stage
membrane processes, respectively. L1 and L2 represent the single-stage and two-stage cascade

liquefaction processes, respectively.

Figure 3 shows the four process configurations of M1-L1, M1-L2, M2-L1, and M2-L2 used
for Case 3. For the membrane process, a mathematical model of complete mixing membrane
for a ternary mixture were built based on a previous study [19]. It was coded in a process
simulation software, Aspen HYSYS V10, as a spreadsheet and combined with a splitter module.
For property calculation, the Peng-Robinson equation of state was used. One stage (M1) and
two stages (M2) of the membrane process were considered. Recycling a reject stream to the
inlet stream of the membrane may help increase the resulting target material mole fraction of
the permeate stream. Therefore, two decision points of R1 and R2 were added to evaluate the

effect of recycling reject streams. The captured CO; from the membrane process is liquefied

17
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through the liquefaction process. For the single-stage liquefaction process (L1), a propene
refrigeration cycle was modeled. When the CO; inlet mole fraction is low, the required
temperature for CO> separation becomes lower because of the high N> and O; contents, so the
single-stage liquefaction is not enough; therefore, an ethane-propene cascade cycle (L2) was
modeled. After JT expansion, most nitrogen and oxygen contents are removed as vapor, and
high mole fraction LCO; is generated. The vapor stream is still low temperature, so it is used
to cool down the inlet stream by heat exchange. The vapor stream still contains some portion
of CO», so partial or full recycling of the vapor stream to the inlet stream to the liquefaction
process may increase the liquefaction efficiency. R3 is used to evaluate the effect of
no/partial/full recycling of the vapor stream. For Case 2, a mathematical model of complete
mixing membrane for a binary mixture was built and combined with Aspen HYSYS. The
process scheme is similar to Case 3, but only the single-stage liquefaction process (L1) was
considered for Case 2 because this considered only a binary mixture of N> and COz, resulting
in high mole fraction CO> being captured from the membrane process. Table 4 shows the

assumptions for the membrane and liquefaction processes.
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315 Table. 4. Assumptions for the capture and liquefaction process simulation

Category Unit Value
Membrane process
Flow pattern Complete mixing
Feed pressure bar 1.05
Vacuum pump efficiency (adiabatic) % 85 [33]
Vacuum level (pressure ratio) 20
Membrane CO,/N; selectivity 50 [15]
Membrane O»/N, selectivity 5[34,35]
Membrane CO, permeance GPU 1000 [15]
Thickness cm 10°[15]

Liquefaction process

Compressor efficiency (adiabatic) % 75
Storage pressure bar 15 [28]
Cooling water temperature °C 30
Minimum temperature at coolers °C 5[23]
Pressure drop bar 0[36]
Refrigerant for single liquefaction Propene
Refrigerants for cascade liquefaction Propene and Ethane
316
317 3.1 Target ship and exhaust gas condition

318 In this study, a 3800 TEU container feeder fueled by LNG was selected as the target ship [9].

319  The main specifications are listed in Table 5.
320

321 Table. 5. Main specifications of target ship [37]

20



Category Unit Value

Length over all m 224.8
Breadth m 37.50
Depth m 19.10
Draft, scantling m 12.50

Deadweight DWT 53,200
MCRMain engine kW 1 8,200

Reference speed  knots 17"

322 *I The reference speed was estimated using the Korean Register (KR) GEARs program.
323
324 To design an appropriate capture system, the composition of the feed gas was estimated using

325  the General Technical Data (GTD) application of WinGD, which provided the performance

326  data of the main engine, as shown in Table 6.

327
328 Table. 6. Performance data of main engine from GTD
Category Unit Value
Power % 75
kW 13,650
BSGC g/kWh 140.8
kg/h 1,921
BSPC g/kWh 1
kg/h 13.65
Scavenge air kg/h 122,323

21
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Considering the performance data from the main engine of the LNG-fueled ship, the
composition of the exhaust gas was calculated, and it was assumed that the other components
of the exhaust gas, such as water, NOx, and SOx were removed, as shown in Table 7. Case 2

did not consider the presence of oxygen in the exhaust gas contrary to the Case 3.

Table. 7. Estimated exhaust gas condition of the target ship

Case Components Mole fraction [%]
Case 1: Reference case [9] CO, 2.79
N 75.31
O 14.81
H>O 6.19
Ar 0.9
Case 2: Binary mixture case CO2 2.94
N 97.06
Case 3: Ternary mixture case CO2 2.94
N 81.39
O 15.67

3.2 Required CO: reduction

In order to achieve the desired EEDI level, a proportionate level of CO» reduction is required.
It was assumed that the CO; reduction of the OCCS system was reflected in the carbon

reduction technology term of the EEDI formula [1]. The calculated EEDI values are shown in

22
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Table 8, which shows that the EEDI of the target ship using LNG fuel can satisfy the target of
an EEDI 35% reduction in 2022, but cannot satisfy the IMO’s 2050 target of EEDI 70%
reduction. To satisfy this requirement, an additional 2074 kg/h CO; reduction from the exhaust

gas is required.

Table. 8. Calculated EEDI and CO; reduction of the target ship.

Attained EEDI

EEDI of the target ship 9.1412

Required EEDI

2022 EEDI target (35% reduction) 12.7088

2050 EEDI target (70% reduction) 5.8656
Required CO» reduction rate 2074 kg/h

3.3 Process optimization and major equipment sizing

Energy consumption is a crucial factor in determining the feasibility of an OCCS system. In
this study, the energy consumption consisted of two major parts: the energy consumed by the
vacuum pump in the membrane capture process, and the compressors in the liquefaction
process. There is a trade-off between energy consumption in the capture and liquefaction
processes. If the number of membrane stages increases, the resulting mole fraction of the

captured CO; increases leading to a reduced liquefaction energy.

Therefore, to minimize the total energy consumption required per ton of LCO», the process

was optimized using the Aspen HYSYS sequential quadratic programming (SQP) optimizer
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357  with fixed membrane selectivity and permeance. The optimization variables and constraints

358 are listed in Table 9.

359
360 Table. 9. Optimization variables and constraints of energy consumption
Variables Unit Process
6; (Membrane 1 stage cut) Capture
6, (Membrane 2 Stage cut) Capture
R; (Recycle ratio at 1* membrane) Capture
R» (Recycle ratio at 2" membrane) Capture
P, (Compression pressure at stage 1) bar Liquefaction
P, (Compression pressure at stage 2) bar Liquefaction
P; (Compression pressure at stage 3) bar Liquefaction
P4 (Compression pressure at stage 4) bar Liquefaction
T (Temperature before the J-T valve 1) °C Liquefaction
T, (Temperature before the J-T valve 2) °C Liquefaction
R3 (Recycle ratio) Liquefaction
Constraints Unit Value
Compression ratio at each stage <4 [38]
Minimum approach temperature at heat exchangers °C >3[23]
Required CO; reduction kg/h 2074
361

362 The compact system size is a dominant factor for introducing the OCCS system [39]. The
363  membrane area required for each system was calculated using Eq. (3) for the binary mixture

364 and Eq. (5) for the ternary mixture by varying the CO> permeance to 1000, 2000, and 3000
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384

GPU with a fixed CO2/N; selectivity. After the required membrane area was obtained, the
volume of the membrane system for carbon capture was estimated using specific membrane
module designs based on a previous study; which reported that a 5 m* volume of membrane

module (1 m height x 1 m width x 5 m length) contains a membrane area of 2,500 m? [15].
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4. Results and discussion
4.1 Case 2: membrane process with a binary mixture (CO; and N3)

Table 10 provides the optimized process variables and simulation results of Case 2: membrane
capture and liquefaction process for a binary CO2-N> exhaust gas with three different selectivity
50, 100, and 150. The total SEC may not be the sum of the liquefaction SEC and the capture
SEC because of the different unit. The total SEC and the liquefaction SEC are defined as the
energy consumption required per ton of LCO», and the capture SEC is defined as the energy
consumption required per ton of CO; captured. The results show that there is zero recycling at
R1 of M1-L1 and M2-L1, and this is because the CO> fraction in the reject stream of the 1%
membrane stage is lower than the CO; fraction in the exhaust gas. This means that recycling
through R1 decreases the CO> mole fraction of permeate 1 stream. At R2, however, 100%
recycling was selected because the reject stream of the 2" membrane stage had sufficient CO;

mole fraction to contribute to the higher CO2 mole fraction of permeate 2 stream.
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Table.

10. Simulation results of Case 2: binary mixture

[od Configuration 6, /06, Vi/Y2 R1/R2/R3 Py T2 SEC [GJe/tcoz]
[%] [mol%] [%] [bar] [°C] Capture Liquefaction Total
50 MI1-L1 5.87 22.81 0/-/39 175 -68 1.414 3.571 5.232
/- /-
M2-L1 7.27 22.76 0/100/51 144 -49 2.375 1.083 3.729
/23.16 /71.42
100 MI1-L1 5.23 26.27 0/-/42 170 -65 1.222 3.268 4.740
/- /-
M2-L1 5.79 27.48 0/100/55 67 -46 1.928 0.840 2916
/23.87 /85.13
150 MI1-L1 4.96 27.88 0/-/44 170 -63 1.149 3.132 4.523
/- /-
M2-L1 5.11 29.58 0/100/48 67 -46 1.730 0.766 2.611
/25.98 /88.30

The results show that the two-stage membrane process (M2-L1) has a lower total energy
consumption compared to the single-stage membrane process (M1-L1) at all the selectivities.
Although Case 2-M2-L1 required more energy for capture, a high mole fraction of captured
CO; was obtained; therefore, the required energy consumption of the liquefaction process was
effectively decreased. Figure 4 shows the energy consumption of Case 2 processes compared
to that of the Case 1: the reference amine-based case. When the selectivity of the membrane
was 50, the energy consumption of Case 2 was higher than that of Case 1. However, when the

selectivity was higher than 100, the M2-L1 process showed lower energy consumption than

Case 1.

27



® Total SEC Case 1

- ® Liquefaction SEC Case 3-M1-L1

S6 F # Capture SEC Case 3-M2-L1

S 5.23

O

=5t 74 4.52

2

I

=4t 3.73

=

5 307 B0 202

B 3T o 1.08 B s 2.61

2 0.84

f 2 r 0.77

=

g 272

&1 2.38 . .

141 v i
O i i
0=50 =100 o=150

418 CO,/N, selectivity
419 Figure 4. Total SEC and capture SEC of Case 2: membrane capture and liquefaction for the
420 CO2-N; binary mixture
421
422 The required membrane area and the number of membrane modules of Case 2 for estimating
423 the major equipment size were summarized in Table 11. Figure 5 shows that the required major
424 equipment size for Case 1 and Case 2 at varying permeabilities. It was observed that for Case
425 2, both MI1-L1 and M2-L2 had smaller sizes in all CO; permeance except for M2-L1 of 1000
426  GPU, when compared to Case 1: reference amine-based case, even with the selectivity of 50.
427  The results reveal that the membrane module volume of both designs is decreased by increasing
428  CO; permeance from 1000 GPU to 3000 GPU.
429
430
431
432
433
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434 Table. 11. Results of required membrane area of Case 2: binary mixture

Permeance  Configuration = Membrane area Number of membrane modules™ Major equipment size"> (Modules volume)

[GPU] [m?] [m’]
1000 M1-L1 78,070 32 160
M2-L1 111,653 45 225

2000 MI-L1 39,035 16 80
M2-L1 55,827 23 115

3000 MI-L1 26,024 11 55

M2-L1 37,218 15 75

435  "'rounding up the number of membrane modules to the nearest one.

436 "2 estimated by a 5 m? volume of MTR’s membrane module.

437
438
250
Case 1
e, 225 Case 2-M1-L1
‘e, m Case 2-M2-L1
200
E 177.37
S 160
2 150 | °.
H “e.115
s
S 100 |
3 80
'2? ‘e 75
50 55
O 1 1 1
1000 2000 3000
439 CO, Permeance [GPU]
440 Figure 5. Major equipment size of Case 2 at selectivity 50 mixture
441
442 4.2 Case 3: membrane process with a ternary mixture (COz, N2, and O3)
443 The optimized results of Case 3 for the ternary mixture are shown in Table 12 and Figure 6

444  with CO2/N: selectivity of 50, 100, and 150. A 100% recycling at R2 of M2-L1 and M2-L2 is
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465

selected because the reject stream of the 2" membrane stage had a higher CO» mole fraction
than the exhaust gas. Recycling at R3 in design configurations of M1-L1 and M2-L1 is also
selected because the single-stage liquefaction process (L1) cannot provide sufficiently low
temperature to liquefy the required CO2 compared to the ethane-propene cascade cycle (L2).
This means that CO» in the inlet of the liquefaction process cannot be liquefied all at the
temperature provided by the propene refrigeration cycle. Therefore, to liquefy the required CO»,
partial recycling at R3 of L1, which contains some amount of CO; is selected rather than an
increase in stage cut of the membrane process, and this recycling decreases the energy
consumption. For the ethane-propene cascade cycle, however, most of the CO; in the inlet of
the liquefaction process can be liquefied because of the sufficiently low temperature provided
by the L2. Therefore, the recycling at R3 of L2, which consists mostly of nitrogen and oxygen

1s not selected.
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Table. 12. Simulation results of Case 3: ternary mixture

0, /6, V1/Y2 R1/R2/R3 P4 T, SEC [Gle/tcoz]
[od Configuration
[%] [mol%] [%] [bar]  [°C] Capture Liquefaction Total
50 MI1-L1 6.39 20.31 0/-/38 150 -69 1.591 3.708 5.517
/- /-
M1-L2 5.37 21.58 0/-/0 87 -99 1.494 2.467 3.984
/- /-
M2-L1 9.00 19.55 0/100/48 160 -53 2.999 1.467 4.835
/24.31 /54.62
M2-L2 6.99 20.71 0/100/0 91 -89 2.639 1.262 3.975
/32.14 /49.80
100 MI1-L1 5.40 24.56 0/-/36 164 -64 1.307 3.123 4.642
/- /-
M1-L2 441 26.46 0/-/0 91 -96 1.210 2.092 3.327
/- /-
M2-L1 6.70 24.27 0/100/37.08 140 -49 2.219 1.057 3.539
/26.79 /67.69
M2-L2 5.42 25.50 0/100/0 67 -85 2.016 1.054 3.144
/34.65 /61.04
150 MI1-L1 5.07 26.51 0/-/39 160 -63 1.207 2.998 4418
/- /-
M1-L2 4.05 28.87 0/-/0 92 -95 1.104 1.948 3.077
/- /-
M2-L1 6.10 26.90 0/100/34 115 -47 2.016 0.864 3.074
/25.04 /78.24
M2-L2 4.90 28.09 0/100/0 113 -85 1.810 0.962 2.818
/32.99 /70.23

Figure. 6 shows three major findings for the Case 3. The first one is a trade-off between the
number of membrane stages and the energy consumption. When comparing M1-L1 with M2-
L1, and MI1-L2 with M2-L2, the two-stage membrane process (M2) had less energy
consumption compared to the single-stage membrane process (M1) in all cases. When the CO»

mole fraction captured from a membrane is low, the total flow rate after the capture process
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going into the liquefaction process should increase to satisfy the required amount of CO>
reduction. This makes the energy consumption in the liquefaction process higher. In addition,
the required temperature for liquefaction should be lower when the CO> mole fraction is low,
and this makes the energy consumption for the liquefaction process higher. The two-stage
membrane process can produce higher CO2 mole fraction; therefore, the energy consumption
reduction in the liquefaction process is higher than the energy consumption increase due to the
two-stage capture process. Additionally, when comparing M1-L1 and M2-L1 with M1-L2 and
M2-L2, the energy consumption of the two-stage liquefaction (L2) configurations does not
decrease significantly as the number of membrane stages increases. When the captured CO»
mole fraction is low, the single-stage liquefaction process has to recycle through R3 point to
satisfy the required amount of CO> reduction. While the two-stage liquefaction process
provides a lower temperature for liquefying the CO- than the single-stage liquefaction. This
means that the increase in the total flow rate for achieving the required LCO; is small even

under low mole fraction conditions due to the decrease in the membrane stage.

The second trade-off is between the number of liquefaction stages and energy consumption.
When comparing M1-L1 with M1-L2 and M2-L1 with M2-L2, two-stage liquefaction (L2)
showed less energy consumption than single-stage liquefaction (L1). This was because the
added ethane liquefaction process achieved a lower temperature than the single-stage
liquefaction, which made it possible to decrease the flow rate after the capture process. In
addition, two-stage liquefaction does not require recycling of the vapor stream to the inlet

stream of liquefaction, so the energy consumed by the multi-stage compressors decreases.

The third observation is between the membrane selectivity and energy consumption; by
increasing the CO2/N; selectivity with a fixed O2/Nz selectivity, the energy consumption of the

capture and liquefaction processes was gradually decreased. This was because the increasing
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509

510

511

512

selectivity of the membrane produces high CO> mole fraction at the outlet stream of the
membrane. This causes the total flow rate of the capture and liquefaction processes to decrease
while being able to satisfy the required amount of CO; reduction, so that the energy
consumption of both the capture and liquefaction processes decrease together. When a
membrane with a selectivity of 150 was used, the M2-L2 process showed a lower energy

consumption compared to the reference amine-based case, and M1-L2 and M2-L1 consumed

a similar level of energy as the reference amine-based case.

7
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Figure 6. Total SEC and capture SEC of Case 3: membrane capture and liquefaction for the

a=100

CO,/N, selectivity

CO2-Nz-0O; ternary mixture

Table 13 shows the required membrane area and the number of membrane modules of Case 3
for estimating the major equipment size. Figure. 7 graphically shows the major equipment size
of Case 3 according to the CO, permeance of 1000, 2000, and 3000 GPU with a fixed

selectivity of 50. This indicated that the size of the membrane module drastically decreased
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with increasing the CO; permeance. This means that effort to achieve a higher CO> permeance
is important to reduce the required membrane process size. All cases except M2-L1 with a CO»
permeance of 1000 GPU showed a more compact size compared to that of the reference amine-
based case. When the CO; permeance was 2000 and 3000 GPU, the required sizes of the

membrane process were reduced by 28%—54% and 20%—37% of the Case 1, respectively.

Combining the results of energy and size, the number of stages for membrane and liquefaction
processes influenced the energy consumption because of the characteristics of the LNG-fueled
ship’s exhaust gas which had low CO> mole fraction and high O, mole fraction. In addition,

the required membrane size was strongly affected by the variation in the CO; permeance.

Table. 13. Results of required membrane area of Case 3: ternary mixture

Permeance  Configuration = Membrane area Number of membrane modules™ Major equipment size"> (Modules volume)
[GPU] [m?] [m’]
1000 MI-L1 57,216 23 115
MI1-L2 47,039 19 95
M2-L1 92,986 38 190
M2-L2 75,384 31 155
2000 MI-L1 28,608 12 60
MI-L2 23,520 10 50
M2-L1 46,493 19 95
M2-L2 37,692 16 80
3000 MI-L1 19,072 8 40
MI-L2 15,680 7 35
M2-L1 30,996 13 65
M2-L2 25,128 11 55

*I' rounding up the number of membrane modules to the nearest one.

*2 estimated by a 5 m*® volume of MTR’s membrane module.
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Figure 7. Major equipment size of Case 3 at selectivity 50
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5. Conclusions

This study proposes an onboard membrane carbon capture and liquefaction system for LNG-
fueled ships satisfying the IMO’s 2050 target of EEDI 70% reduction, to overcome the large
size problem of a conventional solvent-based CO; capture process. Because the exhaust gas
from an LNG-fueled ship has the characteristic features of low CO, mole fraction and non-
negligible oxygen content, a membrane process for a CO2-N»-O; ternary mixture was modeled
and the low CO; mole fraction condition of an LNG-fueled ship was considered. Case studies
were performed with various membrane stages, liquefaction stages, membrane selectivity, and
permeance. The resulting energy consumption and membrane size were compared to the
reference case, based on the amine-based capture process. The analyses revealed three major
key points. First, a ternary mixture exhaust gas considering oxygen clearly showed a lower
performance compared to the results of a binary mixture. This means that at least a ternary
mixture exhaust gas should be considered for an LNG-fueled ship because the CO»-N: binary
mixture assumption of an exhaust gas could generate impractical results. Second, for a ternary
mixture exhaust gas, the development of a CO2/Nz selectivity of 100 was required to achieve a
similar level of energy consumption compared to the onboard amine-based capture system.
Third, the membrane OCCS system was much smaller than the conventional amine-based
process. With a membrane permeance of 1000, 2000, and 3000 GPU, the size of the membrane
process can be only 54%, 28%, and 20% of amine-based capture process when comparing the
major equipment size as volume, which indicated that the OCCS system using a membrane can
be a good compact system for a ship. Consequently, these analyses indicated that the onboard
membrane carbon capture and liquefaction system for LNG-fueled ships can be a practical and
viable solution for the IMO’s greenhouse gas targets for 2050, even under a ternary mixture

condition of ship exhaust gas with low CO> mole fraction.
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