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Abstract 1 

This study proposes an onboard membrane carbon capture and liquefaction system for LNG-2 

fueled ships to satisfy the IMO’s 2050 greenhouse gas reduction targets. The exhaust gas from 3 

a natural gas ship has a low CO2 fraction (~3%) and high O2 fraction (~16%) compared to the 4 

flue gas from power plants. Herein, considering the above distinguishing features, a membrane 5 

carbon capture and liquefaction system has been proposed that is energy efficient and compact 6 

for the application of ships. To ascertain the performance of the proposed membrane-based 7 

system, it is compared to an amine-based onboard system in terms of energy consumption and 8 

major equipment size. This work evaluates four process configurations by varying the number 9 

of membrane stages and associated liquefaction processes at different CO2/N2 selectivity and 10 

CO2 permeance. The results show that energy consumption (3.98 GJe/tLCO2) is higher than the 11 

amine-based system (3.07 GJe/tLCO2) at the CO2/N2 selectivity of 50, but it can be decreased to 12 

3.14 and 2.82 (GJe/tLCO2) with improved selectivity of 100 and 150, respectively. The major 13 

equipment size decreases to 54%, 28%, and 20% of the amine-based system when the 14 

permeance is 1000, 2000, and 3000 GPU, respectively. The results indicate that the new 15 

onboard membrane carbon capture and liquefaction system can be a competitive solution for 16 

the IMO’s greenhouse gas reduction targets for 2050. 17 

 18 
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Nomenclature 27 

𝐴!   membrane area [cm2] 28 

𝐿"   feed flow rate [Scm3/s] 29 

𝑀𝐷𝑂"   MDO mass flow rate [kg/h] 30 

P1   compression pressure at stage 1 [bar] 31 

P2   compression pressure at stage 2 [bar] 32 

P3  compression pressure at stage 3 [bar] 33 

P4   compression pressure at stage 4 [bar] 34 

𝑃#$    permeability of component A [Scm% · cm ∕ (s	 · cm& · cmHg)] 35 

𝑝'	  feed pressure [cmHg] 36 

𝑝(   permeate pressure [cmHg] 37 

R1   Recycle ratio at 1st membrane [%] 38 

R2   Recycle ratio at 2nd membrane [%] 39 

R3   Recycle ratio at liquefaction [%] 40 

t   membrane thickness [cm] 41 

T1   Temperature before the J-T valve 1 [℃] 42 

T2   Temperature before the J-T valve 2 [℃] 43 

𝑉)   permeate flow rate [Scm3/s] 44 

𝑥"*   mole fraction of component i on the feed side [mol%] 45 

𝑦+   mole fraction of permeate 1 stream [mol%] 46 
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𝑦&   mole fraction of permeate 1 stream [mol%] 47 

𝑦)*   permeate mole fraction of component 𝑖 [mol%] 48 

 49 

𝛼#/-   A/B selectivity [-] 50 

𝜃    membrane stage cut [-] 51 

𝜃!    membrane 1 stage cut [%] 52 

𝜃"   membrane 2 stage cut [%] 53 

ηb   thermal efficiency of the boiler [%] 54 

 55 

BSGC  Brake specific exhaust gas flow 56 

BSPC  Brake specific gas consumption 57 

CCS  Carbon capture and storage 58 

DWT  Deadweight 59 

EEDI  Energy efficiency design index 60 

GHG  Greenhouse gas 61 

IMO  International maritime organization 62 

LCC  Life cycle cost 63 

LCO2  Liquefied CO2 64 

LHV  Lower heating value  65 
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LNG  Liquefied natural gas 66 

MCR  Maximum continuous rating  67 

MDEA  Methyldiethanolamine 68 

MDO  Marine diesel oil 69 

MEA  Monoethanolamine  70 

MEPC  Marine environment protection committee 71 

OCCS  Onboard carbon capture and storage  72 

PZ  Piperazine  73 

SEC  Specific energy consumption 74 

SFOC  Specific fuel oil consumption 75 

SQP  Sequential quadratic programming 76 

TEU  Twenty-foot equivalent unit 77 

TPD  Ton per day 78 

 79 

 80 

 81 

 82 

 83 

 84 



6 

 

1. Introduction 85 

As drastic climate change caused by global warming has emerged as a major environmental 86 

issue, the energy efficiency design index (EEDI), which measures in grams of CO2 emissions 87 

generated by a ship to transport 1 ton of cargo per 1 nautical mile, was adopted by the 88 

International Maritime Organization (IMO) as a mandatory measure to reduce greenhouse gas 89 

(GHG) emissions from international shipping. According to the fourth IMO GHG study, GHG 90 

emissions caused by international shipping increased to 2.89% of the total global GHG 91 

emissions in 2018 [1]. The IMO Marine Environment Protection Committee (MEPC) during 92 

their 74th proceeding agreed on further strengthening the Phase 3 EEDI requirements. This 93 

includes the EEDI reduction rates for container ships up to 50% and accelerated 94 

implementation of schedules for some ship types starting 2022 [2,3]. In addition, the EEDI 95 

Phase 4 was considered, and the IMO GHG strategy is to reduce EEDI by a minimum of 40% 96 

and 70% by 2030 and 2050, respectively [4].  97 

The IMO’s plan of decreasing EEDI up to 70% now engenders the introduction of carbon 98 

capture and storage (CCS) technologies onboard. The IMO’s EEDI Phase 3 requirements can 99 

be achieved by using LNG fuel, combined with existing technologies such as hull form 100 

optimization, voyage optimization, and speed reduction [5]. This means that its EEDI value is 101 

lower than the EEDI Phase 3 value. To meet the IMO’s 2050 target of reducing EEDI up to 102 

70%, alternative low and zero carbon fuels, such as hydrogen, need to be considered [6,7]. 103 

However, various limitations such as fuel supply for shipping, safety concerns, and low energy 104 

density are key hurdles in making near future implementation infeasible. Therefore, to meet 105 

the IMO’s 2050 target, proven technologies that can be applied to ships must be considered. 106 

CCS technology is a proven technology for onshore power plants and can be applied to ships 107 

for onboard carbon capture and storage (OCCS) systems [8–13]. CCS technology works by 108 
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capturing CO2 from the ship’s engine exhaust gas, storing the captured CO2, and unloading the 109 

captured CO2 to the safe storage sites. 110 

Currently, a chemical absorption process using amines is the most commonly proposed 111 

carbon capture process in OCCS systems. Lee et al. [9] presented an EEDI estimation method 112 

reflecting an OCCS system based on chemical absorption with an activated 113 

methyldiethanolamine (MDEA). Feenstra et al. [10] suggested a chemical absorption process 114 

for carbon capture on diesel and LNG-fueled ships by using MEA and piperazine (PZ) as 115 

solvents and conducted techno-economic evaluations. Van den Akker [12] investigated the 116 

feasibility of carbon capture using MEA solvent on LNG-fueled ships in terms of energy and 117 

economic feasibility. However, the solvent-based chemical absorption process requires 118 

significant space for equipment of the absorber and the stripper. This is an obvious limitation 119 

for an onboard system with limited space. For example, an 8000 DWT general cargo ship with 120 

a 7.3 m draft, one of the main dimensions of ships, requires 10 m and 14 m height of the 121 

absorber and stripper, respectively [12]. This process, which requires two tall columns, can 122 

encounter the economic loss resulting from the cargo loss. Therefore, the size of the OCCS 123 

system is an important factor that must be considered while selecting the onboard carbon 124 

capture system to minimize the cargo loss of ships because of system installation. 125 

Another carbon capture technology, a membrane capture process, requires much smaller 126 

space than the absorption process [14]. Therefore, it is a practical alternative solution for the 127 

application to an onboard system with limited space. Merkel et al. [15] reported that only a 12 128 

ft wide × 47 ft long × 23 ft tall pilot membrane system was required to treat coal-derived flue 129 

gas containing 20 tons CO2/day (20 TPD), while a solvent capture system for a 10 TPD scale 130 

required a 150 ft tall column. Zhao et al. [16] conducted a parametric study for multi-stage 131 

membrane systems that assumed a binary mixture (14 mol% CO2 and 86 mol% N2) based on a 132 
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coal-fired power plant. Hussain et al. [17] performed a feasibility study of carbon capture for 133 

low CO2 mole fraction (10%) using a membrane with the facilitated transport mechanism to 134 

investigate energy consumption and processing cost. Merkel et al. [18] reported process 135 

sensitivity studies for estimating energy consumption, membrane area, and cost by varying a 136 

stage of the membrane process, flow pattern, and membrane performance based on a coal-fired 137 

power plant. Ramasubramanian et al. [19] investigated a cost analysis of a multi-stage air-138 

sweep process according to the membrane performance and feed CO2 mole fraction. Xu et al. 139 

[20] carried out a membrane gas separation process for a multicomponent mixture to optimize 140 

its space requirements and energy efficiency with flue gas having 68.8% N2, 13.5% CO2, 15.3% 141 

H2O, and 2.4% O2. Micari et al. [18] explored the techno-economic assessment of post-142 

combustion carbon capture using nanoporous single-layer graphene membranes. Evaluations 143 

were performed for two flue gas scenarios: one was the case of dry feed with 10% CO2 and 90% 144 

N2 and the other was the case of wet feed containing 10% CO2, 15% H2O, 3% O2, and 72% N2. 145 

Most of the above-mentioned previous studies focusing on membrane carbon capture processes 146 

were based on coal-based power plants where the mole fraction of CO2 in the flue gas is 147 

relatively high. However, the exhaust gas from the LNG-fueled ship has a very low CO2 mole 148 

fraction (~3%) and a high O2 mole fraction (~16%) [9]. These features can severely affect the 149 

performance of the membrane; therefore, a suitable composition and model should be studied 150 

to appropriately evaluate the membrane capture process for an OCCS system. 151 

This study aims to propose a competitive new OCCS system, an onboard membrane carbon 152 

capture and liquefaction system, considering a ternary mixture of N2, O2, and low mole fraction 153 

CO2. Membrane carbon capture systems were designed to satisfy the IMO’s greenhouse gas 154 

reduction targets for 2050, and the energy consumption of each case was evaluated with various 155 

membrane performances. The results were compared with the amine-based capture process in 156 

terms of energy consumption and major equipment size. 157 
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2. Background 158 

2.1 Mathematical model of membrane process 159 

Several ideal flow patterns have been suggested for membrane gas separation [19]. It has 160 

been reported that the complete mixing (perfect mixing) flow pattern has a conservative 161 

separation performance compared to cross-flow, co-current, and countercurrent flows [20], 162 

which means that it is appropriate for a conservative design approach. Figure 1 shows a 163 

complete mixing pattern that assumes no concentration gradient according to the direction of 164 

the gas flow on the low-pressure side (permeate side) and the high-pressure side (feed side), 165 

and the main assumptions of the membrane model are [22]: 166 

l Membrane models for gas separation are isothermal conditions. 167 

l Pressure drop on the permeate side and the feed side are negligible. 168 

l The permeability of each component is independent of pressure. 169 

A mathematical model of complete mixing was derived by Weller and Steiner [21].   170 

 171 

 172 

Figure 1. Process flow for complete mixing model 173 
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 174 

The membrane stage cut 𝜃 is defined as:  175 

  𝜃 =
𝑉)	
𝐿"	

  (1) 

where 𝐿" and 𝑉) are the feed flow rate and permeate flow rate (Scm3/s), respectively. 176 

For a binary mixture (components A and B), the permeate mole fraction 𝑦)# was calculated 177 

using Eq. (2) [19]. 178 

 179 

  𝑦) =
−𝑏 + √𝑏& − 4𝑎𝑐

2𝑎   (2) 

where, 180 

𝑎 = 𝜃 +
𝑝(
𝑝'
−
𝑝(
𝑝'
𝜃 − 𝛼𝜃 − 𝛼

𝑝(
𝑝'
+ 𝛼

𝑝(
𝑝'
𝜃	 181 

𝑏 = 1 − 𝜃 − 𝑥" −
𝑝(
𝑝'
+
𝑝(
𝑝'
𝜃 + 𝛼𝜃 + 𝛼

𝑝(
𝑝'
− 𝛼

𝑝(
𝑝'
𝜃 + 𝛼𝑥"		 182 

𝑐 = −𝛼𝑥" 183 

 184 

where	𝑥"  is the mole fraction of component A on the feed side, 𝑝'  is the feed pressure 185 

(cmHg), 𝑝(  is the permeate pressure (cmHg), and 𝛼#/- is the A/B selectivity. Eq. (2) is a 186 

simple function of the membrane stage cut when the membrane performance parameters 187 

(selectivity or permeance) and pressure ratio are determined. The membrane area based on the 188 

binary mixture is described as: 189 

 190 
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  𝐴! =
𝜃𝐿"𝑦)

(𝑃#$ ∕ 𝑡)D𝑝'𝑥. − 𝑝(𝑦)E
  (3) 

𝑥/ =
𝑥" − 𝜃𝑦)
1 − 𝜃  191 

 192 

where t is the membrane thickness (cm), and 𝑃#$  is the permeability of A in the membrane, 193 

S cm% · cm ∕ (s	 · cm& · cmHg ). For a complete mixing model of a ternary mixture, the 194 

permeate mole fraction of component 𝑖, 𝑦)*, is described by Eq. (4) [19]. 195 

 196 

  𝑦)* =
𝑝'𝑥"*/(1 − 𝜃)

(𝑉0𝑡/(𝑃*$𝐴!) + 𝜃𝑝'/(1 − 𝜃) + 𝑝()
  (4) 

 197 

where 𝑥"* is the mole fraction of component i on the feed side and the membrane area, Am, 198 

is calculated using Eq. (5). 199 

 200 

  
𝐴! =

𝑉)𝑦)*𝑡

𝑃*$[
𝑝'D𝑥"* − 𝜃𝑦)*E

(1 − 𝜃) − 𝑝(𝑦)*]
 

 (5) 

 201 

Figure 2 shows the numerical procedure to calculate 𝑦)*. 202 

 203 
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 204 

Figure 2. Procedure for the calculation of the permeate side gas mole fraction for a ternary 205 

mixture. 206 

 207 

2.2 CO2 liquefaction process  208 

When the captured CO2 is transported by a ship, liquefied CO2 (LCO2) is recommended 209 

because of the amount of CO2 emissions from the ship’s engine and the volume of the storage 210 
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tank [22]. That is, if the captured CO2 is transported as gaseous CO2, its volume is 211 

approximately 500 times larger than that of LCO2 [23]. The triple point of CO2 is 5.18 bar and 212 

-56.57 °C; therefore, a storage pressure higher than 5.18 bar is required for liquid storage. 213 

Previous studies proposed a storage pressure of 6.5–20 bar [24–27], and Seo et al. [28] 214 

proposed that 15 bar is an appropriate pressure considering the life cycle cost (LCC) of ship-215 

based carbon capture and storage chains.   216 

For liquefaction of CO2, various processes have been studied [29,30]. Seo et al. [23] 217 

investigated four prominent liquefaction systems and concluded that a pre-cooled Linde-218 

Hampson system showed high performance. Based on the results reported in the above 219 

literature, this work assumed the pre-cooled Linde-Hampson system for the liquefaction of 220 

onboard captured CO2. 221 

 222 

2.3 Reference amine-based OCCS systems (Case 1) 223 

Lee et al. [9] researched an amine-based OCCS system targeting an EEDI 70% reduction. 224 

The CO2 from the natural gas ship engine was captured using an activated MDEA solution, and 225 

the captured CO2 was liquefied through the liquefaction process using LNG and ammonia. 226 

They reported the energy consumption and sizing results, as shown in Table 1. To compare the 227 

membrane onboard system with the amine-based onboard system, this previous study was 228 

defined as a reference case, Case 1. 229 

 230 

Table.  1. Simulation results of an amine-based OCCS system [9] 231 

Category Unit Value 

Target ship  3800 TEU container 
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EEDI reduction rate % 70 

Capture SECth GJth/tCO2 3.30 

Additional power for capture process kWh/tCO2 54.9 

Liquefaction SEC kWh/tCO2 98.0 

Captured CO2 flow rate ton/h 3.651 

CO2 mole fraction % 2.79 

Absorber diameter m 3.1 

Absorber packing height m 7 

Absorber total height m 13.5 

Stripper packing diameter m 1.2 

Stripper sump diameter m 3.1 

Stripper packing height m 3.25 

Stripper total height m 10 

 232 

To fairly compare the energy consumption for each OCCS system, the specific energy 233 

consumption (SEC) of thermal energy (GJth) for the solvent regeneration of Case 1 was 234 

converted to equivalent electric energy consumption (GJe) based on the consumption of marine 235 

diesel oil (MDO). The assumptions of the lower heating value (LHV) of the MDO, the thermal 236 

efficiency of the boiler (ηb), and the specific fuel oil consumption (SFOC) of the generator are 237 

listed in Table. 2. Firstly, the MDO mass flow rate (MDOf) required to generate the required 238 

equivalent thermal energy for the solvent regeneration of Case 1 (3.30 GJth/tCO2) was calculated 239 

using Eq. (6). 240 

 241 

𝑀𝐷𝑂"	[ton/h] = (𝑇𝑜𝑡𝑎𝑙	ℎ𝑒𝑎𝑡	𝑑𝑢𝑡𝑦)(
1

(𝐿𝐻𝑉123)(𝜂4)
) (6) 

𝑇𝑜𝑡𝑎𝑙	ℎ𝑒𝑎𝑡	𝑑𝑢𝑡𝑦	[GJ!"/h] = (	𝐶𝑎𝑝𝑡𝑢𝑟𝑒	𝑆𝐸𝐶	[GJ!"/t#$%])(𝐶𝑎𝑝𝑡𝑢𝑟𝑒𝑑	𝐶𝑂%	𝑓𝑙𝑜𝑤	𝑟𝑎𝑡𝑒	[ton/h]) 242 
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1
(𝐿𝐻𝑉&'()(𝜂))

	[GJ/ton] = 	𝑅𝑒𝑞𝑢𝑖𝑟𝑒𝑑	𝑀𝐷𝑂	𝑚𝑎𝑠𝑠	𝑓𝑙𝑜𝑤	𝑟𝑎𝑡𝑒	𝑡𝑜	𝑔𝑒𝑛𝑒𝑟𝑎𝑡𝑒	1	GJ!" 243 

 244 

Secondly, the electric energy consumption, which equivalently consumed the MDOf, was 245 

calculated with consideration for the SFOC of the generator, as shown in Eq. (7) and Eq. (8). 246 

 247 

(𝐸𝑙𝑒𝑐𝑡𝑟𝑖𝑐	𝑒𝑛𝑒𝑟𝑔𝑦	𝑐𝑜𝑛𝑠𝑢𝑚𝑝𝑡𝑖𝑜𝑛	[GJ5/t6/&])(𝐶𝑎𝑝𝑡𝑢𝑟𝑒𝑑	𝐶𝑂&	𝑓𝑙𝑜𝑤	𝑟𝑎𝑡𝑒	[ton/h]) 	

=
𝑀𝐷𝑂"	[ton/h]
(𝑆𝐹𝑂𝐶	[ton/GJ]) 

(7) 

 248 

Finally, Eq. (7) was rearranged to calculate the equivalent electric energy consumption.  249 

 250 

𝐸𝑙𝑒𝑐𝑡𝑟𝑖𝑐	𝑒𝑛𝑒𝑟𝑔𝑦	𝑐𝑜𝑛𝑠𝑢𝑚𝑝𝑡𝑖𝑜𝑛	[GJ5/t6/&](= 𝐴𝑚𝑖𝑛𝑒	𝑟𝑒𝑔𝑒𝑛𝑒𝑟𝑎𝑡𝑖𝑜𝑛) 	

=
𝑀𝐷𝑂"	[ton/h]

(𝑆𝐹𝑂𝐶	[ton/GJ])(𝐶𝑎𝑝𝑡𝑢𝑟𝑒𝑑	𝐶𝑂&	𝑓𝑙𝑜𝑤	𝑟𝑎𝑡𝑒	[ton/h])
 

(8) 

 251 

The required major equipment size for Case 1 was estimated from the reported sizing results 252 

of the absorber, stripper and sump tank from Table 1. 253 

 254 

Table.  2. Assumption for energy unit conversion 255 

Category Unit Value 

LHVMDO GJ/ton 42.7 [31] 

Boiler efficiency (ηb) % 65 [35,36] 
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SFOC of generator ton/GJ 0.047*1 

*1 The SFOC of the generator was estimated by 5X35-B diesel engine data from WinGD GTD. 256 

 257 

Table 3 shows the conversion of thermal energy to electric energy results, with consideration 258 

of Table 2 and the sizing results of Case 1.  259 

 260 

Table.  3. Energy and sizing results of Case 1 261 

Category Unit Value 

Capture Amine regeneration 

GJe/tCO2 

2.52*1 

Others 0.198 [9] 

Liquefaction Compression 0.35 [9] 

LCO2 ton/h 3.651 [9] 

Total SEC GJe/tLCO2 3.07 

Main equipment size m3 177.37 [9]*2 

*1 converted by Eq. (8). 262 

*2 estimated by the reported sizing results of the absorber, stripper, and sump tank. 263 

 264 

 265 

 266 

 267 

 268 

 269 
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3. Modeling and Simulation 270 

This study defined three major cases.  271 

1. Case 1 was a reference case based on an amine solvent capture process combined 272 

with a liquefaction process.  273 

2. Case 2 was a membrane capture process combined with a liquefaction process, and 274 

the exhaust gas was assumed to be a binary mixture of N2 and CO2; this is not a 275 

practical composition, but was studied to show the effect of O2 existence in the 276 

practical exhaust gas.  277 

3. Case 3 was a membrane capture and liquefaction process, but considered a ternary 278 

mixture of N2, O2 and CO2.  279 

Cases 2 and 3 studied four different configurations considering the number of stages for the 280 

membrane and the liquefaction processes. M1 and M2 represent the single-stage and two-stage 281 

membrane processes, respectively. L1 and L2 represent the single-stage and two-stage cascade 282 

liquefaction processes, respectively.  283 

Figure 3 shows the four process configurations of M1-L1, M1-L2, M2-L1, and M2-L2 used 284 

for Case 3. For the membrane process, a mathematical model of complete mixing membrane 285 

for a ternary mixture were built based on a previous study [19]. It was coded in a process 286 

simulation software, Aspen HYSYS V10, as a spreadsheet and combined with a splitter module. 287 

For property calculation, the Peng-Robinson equation of state was used. One stage (M1) and 288 

two stages (M2) of the membrane process were considered. Recycling a reject stream to the 289 

inlet stream of the membrane may help increase the resulting target material mole fraction of 290 

the permeate stream. Therefore, two decision points of R1 and R2 were added to evaluate the 291 

effect of recycling reject streams. The captured CO2 from the membrane process is liquefied 292 



18 

 

through the liquefaction process. For the single-stage liquefaction process (L1), a propene 293 

refrigeration cycle was modeled. When the CO2 inlet mole fraction is low, the required 294 

temperature for CO2 separation becomes lower because of the high N2 and O2 contents, so the 295 

single-stage liquefaction is not enough; therefore, an ethane-propene cascade cycle (L2) was 296 

modeled. After JT expansion, most nitrogen and oxygen contents are removed as vapor, and 297 

high mole fraction LCO2 is generated. The vapor stream is still low temperature, so it is used 298 

to cool down the inlet stream by heat exchange. The vapor stream still contains some portion 299 

of CO2, so partial or full recycling of the vapor stream to the inlet stream to the liquefaction 300 

process may increase the liquefaction efficiency. R3 is used to evaluate the effect of 301 

no/partial/full recycling of the vapor stream. For Case 2, a mathematical model of complete 302 

mixing membrane for a binary mixture was built and combined with Aspen HYSYS. The 303 

process scheme is similar to Case 3, but only the single-stage liquefaction process (L1) was 304 

considered for Case 2 because this considered only a binary mixture of N2 and CO2, resulting 305 

in high mole fraction CO2 being captured from the membrane process. Table 4 shows the 306 

assumptions for the membrane and liquefaction processes. 307 

 308 
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309 

310 

311 

 312 

Figure 3. Process flow diagram of the four configurations  313 

 314 
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Table.  4. Assumptions for the capture and liquefaction process simulation 315 

Category Unit Value 

Membrane process 

Flow pattern  Complete mixing 

Feed pressure bar 1.05 

Vacuum pump efficiency (adiabatic) % 85 [33] 

Vacuum level (pressure ratio)  20 

Membrane CO2/N2 selectivity  50 [15] 

Membrane O2/N2 selectivity  5 [34,35] 

Membrane CO2 permeance GPU 1000 [15] 

Thickness  cm 10-5 [15] 

Liquefaction process 

Compressor efficiency (adiabatic) % 75 

Storage pressure bar 15 [28] 

Cooling water temperature ℃ 30 

Minimum temperature at coolers ℃ 5 [23] 

Pressure drop bar 0 [36] 

Refrigerant for single liquefaction  Propene 

Refrigerants for cascade liquefaction  Propene and Ethane 

 316 

3.1 Target ship and exhaust gas condition  317 

In this study, a 3800 TEU container feeder fueled by LNG was selected as the target ship [9]. 318 

The main specifications are listed in Table 5.   319 

 320 

Table.  5. Main specifications of target ship [37] 321 
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Category Unit Value 

Length over all m 224.8 

Breadth m 37.50 

Depth m 19.10 

Draft, scantling m 12.50 

Deadweight DWT 53,200 

MCRMain engine kW 18,200 

Reference speed knots 17*1 

*1 The reference speed was estimated using the Korean Register (KR) GEARs program. 322 

 323 

To design an appropriate capture system, the composition of the feed gas was estimated using 324 

the General Technical Data (GTD) application of WinGD, which provided the performance 325 

data of the main engine, as shown in Table 6. 326 

 327 

Table.  6. Performance data of main engine from GTD 328 

Category Unit Value 

Power % 75 

kW 13,650 

BSGC g/kWh 140.8 

kg/h 1,921 

BSPC g/kWh 1 

kg/h 13.65 

Scavenge air kg/h 122,323 
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 329 

Considering the performance data from the main engine of the LNG-fueled ship, the 330 

composition of the exhaust gas was calculated, and it was assumed that the other components 331 

of the exhaust gas, such as water, NOX, and SOX were removed, as shown in Table 7. Case 2 332 

did not consider the presence of oxygen in the exhaust gas contrary to the Case 3. 333 

 334 

Table.  7. Estimated exhaust gas condition of the target ship 335 

Case Components Mole fraction [%] 

Case 1: Reference case [9] CO2 2.79 

N2 75.31 

O2 14.81 

H2O 6.19 

Ar 0.9 

Case 2: Binary mixture case CO2 2.94 

N2 97.06 

Case 3: Ternary mixture case CO2 2.94 

N2 81.39 

O2 15.67 

 336 

3.2 Required CO2 reduction  337 

In order to achieve the desired EEDI level, a proportionate level of CO2 reduction is required. 338 

It was assumed that the CO2 reduction of the OCCS system was reflected in the carbon 339 

reduction technology term of the EEDI formula [1]. The calculated EEDI values are shown in 340 
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Table 8, which shows that the EEDI of the target ship using LNG fuel can satisfy the target of 341 

an EEDI 35% reduction in 2022, but cannot satisfy the IMO’s 2050 target of EEDI 70% 342 

reduction. To satisfy this requirement, an additional 2074 kg/h CO2 reduction from the exhaust 343 

gas is required.  344 

 345 

Table.  8. Calculated EEDI and CO2 reduction of the target ship. 346 

Attained EEDI  

EEDI of the target ship 9.1412 

Required EEDI  

2022 EEDI target (35% reduction) 12.7088 

2050 EEDI target (70% reduction) 5.8656 

Required CO2 reduction rate 2074 kg/h 

 347 

3.3 Process optimization and major equipment sizing  348 

Energy consumption is a crucial factor in determining the feasibility of an OCCS system. In 349 

this study, the energy consumption consisted of two major parts: the energy consumed by the 350 

vacuum pump in the membrane capture process, and the compressors in the liquefaction 351 

process. There is a trade-off between energy consumption in the capture and liquefaction 352 

processes. If the number of membrane stages increases, the resulting mole fraction of the 353 

captured CO2 increases leading to a reduced liquefaction energy. 354 

Therefore, to minimize the total energy consumption required per ton of LCO2, the process 355 

was optimized using the Aspen HYSYS sequential quadratic programming (SQP) optimizer 356 
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with fixed membrane selectivity and permeance. The optimization variables and constraints 357 

are listed in Table 9.  358 

 359 

Table.  9. Optimization variables and constraints of energy consumption 360 

Variables Unit Process 

𝜃! (Membrane 1 stage cut)  Capture 

𝜃" (Membrane 2 Stage cut)  Capture 

R1 (Recycle ratio at 1st membrane)  Capture 

R2 (Recycle ratio at 2nd membrane)  Capture 

P1 (Compression pressure at stage 1) bar Liquefaction 

P2 (Compression pressure at stage 2) bar Liquefaction 

P3 (Compression pressure at stage 3) bar Liquefaction 

P4 (Compression pressure at stage 4) bar Liquefaction 

T1 (Temperature before the J-T valve 1) °C Liquefaction 

T2 (Temperature before the J-T valve 2) °C Liquefaction 

R3 (Recycle ratio)   Liquefaction 

Constraints Unit Value 

Compression ratio at each stage   ≤4 [38]  

Minimum approach temperature at heat exchangers °C ≥3 [23] 

Required CO2 reduction kg/h 2074 

 361 

The compact system size is a dominant factor for introducing the OCCS system [39]. The 362 

membrane area required for each system was calculated using Eq. (3) for the binary mixture 363 

and Eq. (5) for the ternary mixture by varying the CO2 permeance to 1000, 2000, and 3000 364 
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GPU with a fixed CO2/N2 selectivity. After the required membrane area was obtained, the 365 

volume of the membrane system for carbon capture was estimated using specific membrane 366 

module designs based on a previous study; which reported that a 5 m3 volume of membrane 367 

module (1 m height × 1 m width × 5 m length) contains a membrane area of 2,500 m2 [15]. 368 

 369 

 370 

 371 

 372 

 373 

 374 

 375 

 376 

 377 

 378 

 379 

 380 

 381 

 382 

 383 

 384 
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4. Results and discussion 385 

4.1 Case 2: membrane process with a binary mixture (CO2 and N2) 386 

Table 10 provides the optimized process variables and simulation results of Case 2: membrane 387 

capture and liquefaction process for a binary CO2-N2 exhaust gas with three different selectivity 388 

50, 100, and 150. The total SEC may not be the sum of the liquefaction SEC and the capture 389 

SEC because of the different unit. The total SEC and the liquefaction SEC are defined as the 390 

energy consumption required per ton of LCO2, and the capture SEC is defined as the energy 391 

consumption required per ton of CO2 captured. The results show that there is zero recycling at 392 

R1 of M1-L1 and M2-L1, and this is because the CO2 fraction in the reject stream of the 1st 393 

membrane stage is lower than the CO2 fraction in the exhaust gas. This means that recycling 394 

through R1 decreases the CO2 mole fraction of permeate 1 stream. At R2, however, 100% 395 

recycling was selected because the reject stream of the 2nd membrane stage had sufficient CO2 396 

mole fraction to contribute to the higher CO2 mole fraction of permeate 2 stream. 397 

 398 

 399 

 400 

 401 

 402 

 403 

 404 

 405 
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Table.  10. Simulation results of Case 2: binary mixture 406 

α Configuration 𝜃! / 𝜃" 

[%] 

𝑦!/𝑦" 

[mol%] 

R1/R2/R3 

[%] 

P4 

[bar] 

T2 

[°C] 

SEC [GJe/tCO2] 

Capture Liquefaction Total 

50 M1-L1 5.87 

/- 

22.81 

/- 

0/-/39 175 -68 1.414 3.571 5.232 

M2-L1 7.27 

/23.16 

22.76 

/71.42 

0/100/51 144 -49 2.375 1.083 3.729 

100 M1-L1 5.23 

/- 

26.27 

/- 

0/-/42 170 -65 1.222 3.268 4.740 

M2-L1 5.79 

/23.87 

27.48 

/85.13 

0/100/55 67 -46 1.928 0.840 2.916 

150 M1-L1 4.96 

/- 

27.88 

/- 

0/-/44 170 -63 1.149 3.132 4.523 

M2-L1 5.11 

/25.98 

29.58 

/88.30 

0/100/48 67 -46 1.730 0.766 2.611 

 407 

The results show that the two-stage membrane process (M2-L1) has a lower total energy 408 

consumption compared to the single-stage membrane process (M1-L1) at all the selectivities. 409 

Although Case 2-M2-L1 required more energy for capture, a high mole fraction of captured 410 

CO2 was obtained; therefore, the required energy consumption of the liquefaction process was 411 

effectively decreased. Figure 4 shows the energy consumption of Case 2 processes compared 412 

to that of the Case 1: the reference amine-based case. When the selectivity of the membrane 413 

was 50, the energy consumption of Case 2 was higher than that of Case 1. However, when the 414 

selectivity was higher than 100, the M2-L1 process showed lower energy consumption than 415 

Case 1. 416 

 417 
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 418 

Figure 4. Total SEC and capture SEC of Case 2: membrane capture and liquefaction for the 419 
CO2-N2 binary mixture 420 

 421 

The required membrane area and the number of membrane modules of Case 2 for estimating 422 

the major equipment size were summarized in Table 11. Figure 5 shows that the required major 423 

equipment size for Case 1 and Case 2 at varying permeabilities. It was observed that for Case 424 

2, both M1-L1 and M2-L2 had smaller sizes in all CO2 permeance except for M2-L1 of 1000 425 

GPU, when compared to Case 1: reference amine-based case, even with the selectivity of 50. 426 

The results reveal that the membrane module volume of both designs is decreased by increasing 427 

CO2 permeance from 1000 GPU to 3000 GPU.  428 

 429 

 430 

 431 

 432 

 433 
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Table.  11. Results of required membrane area of Case 2: binary mixture 434 

Permeance 

[GPU] 

Configuration Membrane area 

 [m2] 

Number of membrane modules*1 Major equipment size*2 (Modules volume) 

[m3] 

1000 M1-L1 78,070 32 160 

M2-L1 111,653 45 225 

2000 M1-L1 39,035 16 80 

M2-L1 55,827 23 115 

3000 M1-L1 26,024 11 55 

M2-L1 37,218 15 75 

*1 rounding up the number of membrane modules to the nearest one. 435 
*2 estimated by a 5 m3 volume of MTR’s membrane module. 436 
 437 

 438 

 439 

Figure 5. Major equipment size of Case 2 at selectivity 50 mixture 440 

 441 

4.2 Case 3: membrane process with a ternary mixture (CO2, N2, and O2) 442 

The optimized results of Case 3 for the ternary mixture are shown in Table 12 and Figure 6 443 

with CO2/N2 selectivity of 50, 100, and 150. A 100% recycling at R2 of M2-L1 and M2-L2 is 444 
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selected because the reject stream of the 2nd membrane stage had a higher CO2 mole fraction 445 

than the exhaust gas. Recycling at R3 in design configurations of M1-L1 and M2-L1 is also 446 

selected because the single-stage liquefaction process (L1) cannot provide sufficiently low 447 

temperature to liquefy the required CO2 compared to the ethane-propene cascade cycle (L2). 448 

This means that CO2 in the inlet of the liquefaction process cannot be liquefied all at the 449 

temperature provided by the propene refrigeration cycle. Therefore, to liquefy the required CO2, 450 

partial recycling at R3 of L1, which contains some amount of CO2 is selected rather than an 451 

increase in stage cut of the membrane process, and this recycling decreases the energy 452 

consumption. For the ethane-propene cascade cycle, however, most of the CO2 in the inlet of 453 

the liquefaction process can be liquefied because of the sufficiently low temperature provided 454 

by the L2. Therefore, the recycling at R3 of L2, which consists mostly of nitrogen and oxygen 455 

is not selected. 456 

 457 

 458 

 459 

 460 

 461 

 462 

 463 

 464 

 465 
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Table.  12. Simulation results of Case 3: ternary mixture 466 

α Configuration 
𝜃! / 𝜃" 

[%] 

𝑦!/𝑦" 

[mol%] 

R1/R2/R3 

[%] 

P4 

[bar] 

T2 

[°C] 

SEC [GJe/tCO2] 

Capture Liquefaction Total 

50 M1-L1 6.39 

/- 

20.31 

/- 

0/-/38 150 -69 1.591 3.708 5.517 

M1-L2 5.37 

/- 

21.58 

/- 

0/-/0 87 -99 1.494 2.467 3.984 

M2-L1 9.00 

/24.31 

19.55 

/54.62 

0/100/48 160 -53 2.999 1.467 4.835 

M2-L2 6.99 

/32.14 

20.71 

/49.80 

0/100/0 91 -89 2.639 1.262 3.975 

100 M1-L1 5.40 

/- 

24.56 

/- 

0/-/36 164 -64 1.307 3.123 4.642 

M1-L2 4.41 

/- 

26.46 

/- 

0/-/0 91 -96 1.210 2.092 3.327 

M2-L1 6.70 

/26.79 

24.27 

/67.69 

0/100/37.08 140 -49 2.219 1.057 3.539 

M2-L2 5.42 

/34.65 

25.50 

/61.04 

0/100/0 67 -85 2.016 1.054 3.144 

150 M1-L1 5.07 

/- 

26.51 

/- 

0/-/39 160 -63 1.207 2.998 4.418 

M1-L2 4.05 

/- 

28.87 

/- 

0/-/0 92 -95 1.104 1.948 3.077 

M2-L1 6.10 

/25.04 

26.90 

/78.24 

0/100/34 115 -47 2.016 0.864 3.074 

M2-L2 4.90 

/32.99 

28.09 

/70.23 

0/100/0 113 -85 1.810 0.962 2.818 

 467 

 Figure. 6 shows three major findings for the Case 3. The first one is a trade-off between the 468 

number of membrane stages and the energy consumption. When comparing M1-L1 with M2-469 

L1, and M1-L2 with M2-L2, the two-stage membrane process (M2) had less energy 470 

consumption compared to the single-stage membrane process (M1) in all cases. When the CO2 471 

mole fraction captured from a membrane is low, the total flow rate after the capture process 472 
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going into the liquefaction process should increase to satisfy the required amount of CO2 473 

reduction. This makes the energy consumption in the liquefaction process higher. In addition, 474 

the required temperature for liquefaction should be lower when the CO2 mole fraction is low, 475 

and this makes the energy consumption for the liquefaction process higher. The two-stage 476 

membrane process can produce higher CO2 mole fraction; therefore, the energy consumption 477 

reduction in the liquefaction process is higher than the energy consumption increase due to the 478 

two-stage capture process. Additionally, when comparing M1-L1 and M2-L1 with M1-L2 and 479 

M2-L2, the energy consumption of the two-stage liquefaction (L2) configurations does not 480 

decrease significantly as the number of membrane stages increases. When the captured CO2 481 

mole fraction is low, the single-stage liquefaction process has to recycle through R3 point to 482 

satisfy the required amount of CO2 reduction. While the two-stage liquefaction process 483 

provides a lower temperature for liquefying the CO2 than the single-stage liquefaction. This 484 

means that the increase in the total flow rate for achieving the required LCO2 is small even 485 

under low mole fraction conditions due to the decrease in the membrane stage. 486 

The second trade-off is between the number of liquefaction stages and energy consumption. 487 

When comparing M1-L1 with M1-L2 and M2-L1 with M2-L2, two-stage liquefaction (L2) 488 

showed less energy consumption than single-stage liquefaction (L1). This was because the 489 

added ethane liquefaction process achieved a lower temperature than the single-stage 490 

liquefaction, which made it possible to decrease the flow rate after the capture process. In 491 

addition, two-stage liquefaction does not require recycling of the vapor stream to the inlet 492 

stream of liquefaction, so the energy consumed by the multi-stage compressors decreases.  493 

The third observation is between the membrane selectivity and energy consumption; by 494 

increasing the CO2/N2 selectivity with a fixed O2/N2 selectivity, the energy consumption of the 495 

capture and liquefaction processes was gradually decreased. This was because the increasing 496 
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selectivity of the membrane produces high CO2 mole fraction at the outlet stream of the 497 

membrane. This causes the total flow rate of the capture and liquefaction processes to decrease 498 

while being able to satisfy the required amount of CO2 reduction, so that the energy 499 

consumption of both the capture and liquefaction processes decrease together. When a 500 

membrane with a selectivity of 150 was used, the M2-L2 process showed a lower energy 501 

consumption compared to the reference amine-based case, and M1-L2 and M2-L1 consumed 502 

a similar level of energy as the reference amine-based case. 503 

 504 

 505 

Figure 6. Total SEC and capture SEC of Case 3: membrane capture and liquefaction for the 506 
CO2-N2-O2 ternary mixture 507 

 508 

Table 13 shows the required membrane area and the number of membrane modules of Case 3 509 

for estimating the major equipment size. Figure. 7 graphically shows the major equipment size 510 

of Case 3 according to the CO2 permeance of 1000, 2000, and 3000 GPU with a fixed 511 

selectivity of 50. This indicated that the size of the membrane module drastically decreased 512 
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with increasing the CO2 permeance. This means that effort to achieve a higher CO2 permeance 513 

is important to reduce the required membrane process size. All cases except M2-L1 with a CO2 514 

permeance of 1000 GPU showed a more compact size compared to that of the reference amine-515 

based case. When the CO2 permeance was 2000 and 3000 GPU, the required sizes of the 516 

membrane process were reduced by 28%–54% and 20%–37% of the Case 1, respectively.  517 

Combining the results of energy and size, the number of stages for membrane and liquefaction 518 

processes influenced the energy consumption because of the characteristics of the LNG-fueled 519 

ship’s exhaust gas which had low CO2 mole fraction and high O2 mole fraction. In addition, 520 

the required membrane size was strongly affected by the variation in the CO2 permeance.  521 

 522 

Table.  13. Results of required membrane area of Case 3: ternary mixture 523 

Permeance 

[GPU] 

Configuration Membrane area 

[m2] 

Number of membrane modules*1 Major equipment size*2 (Modules volume) 

[m3] 

1000 M1-L1 57,216 23 115 

M1-L2 47,039 19 95 

M2-L1 92,986 38 190 

M2-L2 75,384 31 155 

2000 M1-L1 28,608 12 60 

M1-L2 23,520 10 50 

M2-L1 46,493 19 95 

M2-L2 37,692 16 80 

3000 M1-L1 19,072 8 40 

M1-L2 15,680 7 35 

M2-L1 30,996 13 65 

M2-L2 25,128 11 55 

*1 rounding up the number of membrane modules to the nearest one. 524 
*2 estimated by a 5 m3 volume of MTR’s membrane module. 525 
 526 



35 

 

 527 

Figure 7. Major equipment size of Case 3 at selectivity 50 528 
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5. Conclusions 543 

This study proposes an onboard membrane carbon capture and liquefaction system for LNG-544 

fueled ships satisfying the IMO’s 2050 target of EEDI 70% reduction, to overcome the large 545 

size problem of a conventional solvent-based CO2 capture process. Because the exhaust gas 546 

from an LNG-fueled ship has the characteristic features of low CO2 mole fraction and non-547 

negligible oxygen content, a membrane process for a CO2-N2-O2 ternary mixture was modeled 548 

and the low CO2 mole fraction condition of an LNG-fueled ship was considered. Case studies 549 

were performed with various membrane stages, liquefaction stages, membrane selectivity, and 550 

permeance. The resulting energy consumption and membrane size were compared to the 551 

reference case, based on the amine-based capture process. The analyses revealed three major 552 

key points. First, a ternary mixture exhaust gas considering oxygen clearly showed a lower 553 

performance compared to the results of a binary mixture. This means that at least a ternary 554 

mixture exhaust gas should be considered for an LNG-fueled ship because the CO2-N2 binary 555 

mixture assumption of an exhaust gas could generate impractical results. Second, for a ternary 556 

mixture exhaust gas, the development of a CO2/N2 selectivity of 100 was required to achieve a 557 

similar level of energy consumption compared to the onboard amine-based capture system. 558 

Third, the membrane OCCS system was much smaller than the conventional amine-based 559 

process. With a membrane permeance of 1000, 2000, and 3000 GPU, the size of the membrane 560 

process can be only 54%, 28%, and 20% of amine-based capture process when comparing the 561 

major equipment size as volume, which indicated that the OCCS system using a membrane can 562 

be a good compact system for a ship. Consequently, these analyses indicated that the onboard 563 

membrane carbon capture and liquefaction system for LNG-fueled ships can be a practical and 564 

viable solution for the IMO’s greenhouse gas targets for 2050, even under a ternary mixture 565 

condition of ship exhaust gas with low CO2 mole fraction. 566 
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