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Abstract

In Waste-to-Energy (WtE) plants, municipal solid waste (MSW) is combusted while power
and/or heat are produced. This approach will largely remain as a promising option to handle the
MSW capacities in the future. Due to the organic waste fractions present in MSW, net negative
CO2 emissions are feasible when integrating carbon capture and storage (CCS) processes into
WIE plants. The calcium looping (CaL) process represents one option to capture CO> from WtE
plant exhaust gases. Hereby, CO: is separated by a circulating limestone-based sorbent being
exposed to cyclic carbonation-calcination reaction regimes. Within this study, a techno-
economic analysis of a CaL retrofit on a generic 60 MW WHE plant is conducted. The analysis
considerers three different types of supplementary fuel for the CaL process, namely coal,
natural gas (NG) and solid recovered fuel (SRF). Based on a detailed process model, economic
key performance indicators were calculated by means of a bottom-up approach. Additionally,
different heat integration concepts were proposed and assessed. The techno-economic results
are discussed in comparison to a benchmark MEA scrubbing process. It was found that

levelized cost of electricity increases quite significantly, which leads to cost of CO2 avoidance
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in the range of 119 EUR/tcoz2av (CaL-SRF) up to 288 EUR/tcoz,av (MEA). It is important to

note, that the supply of negative CO» emissions from a CCS equipped WLE plant enables a cost-

efficient solution to at the same time treat MSW in a carbon neutral way while clean heat and/or

power as well as negative CO2 emissions are delivered.
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looping (CaL) process, CO2 negative solution, bioenergy with carbon capture and storage
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1 Introduction

As a main outcome of the Paris Agreement in 2015, the goal to limit the global mean
temperature increase by 2 °C or preferably 1.5 °C compared to pre-industrial levels was agreed
on. Several global climate scenarios that provide possible pathways to achieve this goal rely on
the large-scale removal of CO> from the atmosphere [1, 2]. Thus, negative emissions
technologies (NETS) need to be deployed to achieve this goal. Examples of NETSs include direct
CO air capture (DAC) [3, 4] and indirect CO> capture due to afforestation, ocean fertilization
or algae culture [5]. Another possibility is the integration of carbon capture and storage (CCS)
processes into industrial systems that emit a significant amount of biogenic CO2 with their
exhaust gases. This approach is typically referred to as bioenergy with CCS (BECCS) [6, 7].
Concerning the life cycle effects of a CCS process chain integrated into conventional power
plants, the global warming potential decreases by up to 75 % [8]. However, several other
environmental impact categories increase because of efficiency penalty, additional
infrastructure and waste related to the capture process [9].

Municipal solid waste (MSW) represents a suitable fuel source for a BECCS system
considering its large organic waste fractions. The generation of MSW is directly related to the
growth rate of population and industrial activities. Thus, its generation is expected to grow from
nearly 1.3 billion tons per year at present, to approximately 4.0 billion tons per year in
2025 [10]. Suitable waste treatment strategies are required in order to limit the pollution of the
ecosystem and the emissions of greenhouse gases caused by improper waste disposal. The
incineration of MSW in waste-to-energy (WtE) plants is a widely used waste treatment
methodology. The main purpose of a WtE plant is the reduction of waste mass, volume and
toxicity while generating power and/or heat by utilizing the energy chemically bound in the
MSW as a useful byproduct [11]. Nearly 28 % of the MSW capacity in the EU-28 is treated by
means of incineration [12]. Worldwide, approximately 750 WLE plants with a yearly MSW
treatment capacity of almost 83 million tons are currently in operation [13]. The net electrical
efficiency of a typical WtE is in the range of 10 - 30 % [14]. This relatively low value is caused
by several reasons such as the low energy content of the raw MSW, its fluctuation in
composition and size as well as the various corrosive species contained in the MSW reducing
the effectiveness of heat recovery. Combustion systems for MSW, such as moving grates or
fluidized beds, are specifically designed to guarantee a stable plant operation, complete fuel
burnout along with non-toxic emissions rather than aiming at maximum boiler efficiency. The
power cycle of a WIE plant is exposed to multiple corrosion phenomena, such as high

temperature corrosion, molten salt corrosion, fouling and the erosion of heat exchanger surfaces



[15, 16]. In order to reduce the high temperature corrosion induced material losses to an
acceptable value, the temperature of the superheated steam is often limited to approximately
400 °C [17]. A WLE plant represents a highly case specific system that is tailored to fit in the
prevailing boundary conditions, such as local stack emissions limits, fuel composition, and the
desired output product such as power and/or heat typically supplied as low pressure steam [18].
MSW or non-hazardous industrial wastes are often pre-processed and upgraded prior to
combustion of the raw material [19]. The so-called solid recovered fuel (SRF) is classified
according to crucial criteria such as maximum particle size, heating value or the content of
chlorine and mercury [20]. Therefore, the combustion and heat recovery system for SRF are
more efficient compared to the units that burn unclassified raw wastes. The utilization of SRF
in CCS processes is beneficial due to the organic waste fractions and their relatively low or
even negative fuel prices [21].

WIE plants represents a stationary CO» emitter that is reasonably large for the implementation
of efficient CCS processes. Thereby, the benefits of an efficient MSW treatment and the
achievement of negative CO2 emissions are combined. Additionally, major disadvantages of
BECCS applications based on cultivated energy crops, such as land system change, biosphere
integrity or freshwater use are avoided, once the already available MSW is used as the biogenic
carbon source [22]. In a recent study, it was found that a net removal of approximately
2.8 billion tons of CO2 per year is globally feasible by 2100, assuming a comprehensive MSW
treatment in WEE-CCS plants [23].

The calcium looping (CaL) process, represents one option for post-combustion CO> capture
from WHE plants. The CaL process is particularly suited for being retrofitted to already existing
industrial plants, such as power, cement, and WtE plants. The process makes use of the

reversible carbonation-calcination reaction of limestone (Eqg. 1).

Shimizu et al. [24] initially proposed the principle of the CaL process for CO capture from
coal-fired power plants. Figure 1 shows a schematic of the CaL process. The CaL process is
one of the more advanced CO2 capture processes under development and is currently at a
technology readiness level (TRL) of 6 [25].
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Figure 1: Schematic of the CaL process.

In this process, a limestone-based sorbent stream circulates between two interconnected
fluidized bed reactors. The flue gas of the host plant is fed to the first reactor, the carbonator,
where CO> reacts exothermically with calcium oxide (CaO) forming calcium carbonate
(CaCO03). The partly carbonated sorbent is subsequently transported to the second reactor, the
calciner, where the temperature of the sorbent is raised to reach calcination conditions.
Consequently, CaCO3z decomposes to CaO and CO». Typically, the carbonator operates at
approximately 650 °C, whereas close to 900 °C are required to ensure the complete calcination
of the circulating sorbent in the calciner. The regenerated sorbent is recycled back to the
carbonator to start the loop again. In the most mature CaL process configuration, the required
heat for the calciner is supplied by means of oxy-fuel combustion of supplementary fuel. In the
proposed concept, an on-site cryogenic air separation unit (ASU) supplies the required
technically pure oxygen. The highly concentrated CO stream available at the outlet of the
calciner needs to be further purified and compressed in a gas processing unit (GPU) in order to
fulfill the requirements for the subsequent transportation, long-term storage or utilization. To
account for the deactivation of the circulating sorbent, a constant flux of fresh limestone is fed
to the process, while ashes and deactivated sorbent are discharged [26]. The performance
characteristics within a CaL system are commonly described by the molar flows of the main
material streams in the system (see Figure 1). Namely, the molar flow of CO; that is fed to the
carbonator with the flue gas of the host unit, Fcoz, the molar flow of Ca-species that circulates
between calciner and carbonator, Fr, and the molar flow of fresh limestone contained in the
make-up that is introduced to the system, Fo. One key metric within the CaL process is the

CO2-absorption efficiency within the carbonator, Ecary according to Eq. 2.

FCOZ,abs FCOZ - FCOZ,ca‘rb,out
Eearp = —p "= = F, 2)
co2 co2

Here, Fco2ans IS the molar flow of CO. that is absorbed by CaO in the carbonator and,
Fcoz,car,out States the molar flow of CO: at the outlet of the carbonator. Due to the very high



CO2 capture ratio of the oxy-fuel fired calciner, the CO: released during the combustion of the
supplementary fuel, Fcozfel, and the CO. released by the first calcination of the fresh
limestone, Fo, are nearly completely captured. Thus, the total CO2 capture rate of the CalL

process, Etot is further increased:

E. . = FCOZ,capt _ FCOZ,calc,out
tot = =
Feozin  Feoz + Feozfue + Fo 3)

Within the past years, continuous CO; capture by means of the CalL process has been
successfully demonstrated in various test rigs up to megawatt scale. The development of the
CaL process is boosted by similarities between the CaL. CFB reactors and the already well-
understood fundamentals of CFB boilers. Experimental results were reported from several
small-scale units (< 300 kW) [27-30] and large-scale units (> 1000 kW) such as the 1 MW
pilot plant at Technische Universitdt Darmstadt (Germany) where the unit has been in
continuous operation for 1,200 h using hard coal and lignite as supplementary fuel [31, 32].
The operation of an SRF-fired CaL process has been successfully demonstrated at same
unit [33, 34]. Other large-scale units are the 1.7 MW, pilot plant in La Pereda (Spain) [35], and
the largest CaL pilot plant (1.9 MW+) in Hsinchu (Taiwan) [36].

Due to the relatively high operation temperatures of the CaL process (Tcab = 650 °C,
Tcaic =900 °C), efficient recovery of excess heat by means of a dedicated supercritical water-
steam cycle is feasible. The heat demand of the calciner represents one key thermodynamic
metric of a CaL system. This parameter is mainly influenced by the required make-up flow and
solid circulation rate needed to achieve the desired CO> absorption efficiency in the carbonator.
Thus, there are several models published in literature that focus on carbonator and sorbent
deactivation modelling [37]. For full-scale state-of-the-art coal-fired power plants, several
research groups have calculated the net electrical efficiency drop to the range of 5 to 8 %-points
(including the power demand of the CO> compression) by means of process simulations [38-
40]. The corresponding costs of CO2 avoidance range from 25 up to 50 EUR/tcoz,av [8, 41].
Until now, no techno-economic evaluation of the CaL process in the framework of WtE plants
has been performed.

In this study, a generic WtE plant retrofitted with the CaL process for CO2 capture is assessed
by means of a techno-economic analysis. Based on a detailed CaL process model, the
investment costs of equipment are calculated using a bottom-up approach. Coal, natural gas
(NG) and SRF are considered as supplementary fuels for the calciner. Subsequently, levelised
cost of electricity (LCOE) and cost of CO. avoidance (CAC) are calculated. In addition to the



techno-economic discussion of a standard back-end integration case, the effects of the CalL
process conditions and- CalL power cycle parameter were assessed thermodynamically.
Moreover, a concept with tight heat integration between WtE plant and CaL process is proposed
and discussed where WLE live steam is superheated externally utilizing excess heat from the

CaL process.

2 Methodology
2.1 Reference WLE plant

A generic 60 MW WHE plant based on a moving grate combustion system for MSW with an
average lower heating value (LHV) of 10 MJ/kg serves as a reference for this study. The
elementary composition of the MSW is given in Table 3 (Appendix). The heat recovery system
delivers superheated steam at 40 bar and 400 °C to the inlet of the steam turbine. Figure
9 (Appendix) shows the thermodynamic power cycle layout. Table 4 (Appendix) summarizes
the boundary conditions of the reference WLE plant. The steam turbine is equipped with three
steam bleedings for preheating of the combustion air and for condensate preheating,
respectively. The flue gas cleaning system consists of a dry sorbent injection (DSI) unit to meet
the stack emission limits. The composition of the WIE flue gas at the interface to the CaL
process is summarized in Table 5 (Appendix). The total specific CO2 emissions of WtE plant
accumulate to 1684 gco2/kWhe, whereof the fossil CO2 emissions (590 gco2/kWhe) are
significantly lower due to the organic waste fractions.

2.2 Process Modelling

2.2.1 CaL Process

The thermodynamic modelling of the CaL process and the connected heat recovery system is
carried out in the ASPEN PLUS 8.8® flowsheet simulation environment, using the Peng
Robinson equation of state. A simplified process flowsheet of the CaL unit including the heat
recovery system is shown in Figure 2. The main modeling assumptions are summarized in Table
7 (Appendix). The solid looping systems consist of the carbonator and the calciner, each
equipped with a cyclone. The calciner is modelled according to the approach of the Gibbs free
energy minimization, assuming isothermal conditions. The specific sorbent circulation rate
(Fr/Fco2) is kept constant, whereas the specific make-up rate (Fo/Fco2) is varied in order to
achieve the desired CO; absorption efficiency within the carbonator. In order to account for the
different ash properties of SRF and coal, cyclone separation efficiencies are altered according

to the type of fuel that is utilized (see Table 7). After each CFB reactor, heat is recovered from



hot gas streams within a convective pass. In order to minimize the risk of high-temperature
corrosion in the case of SRF-firing, the arrangement of the convective heat exchanger surfaces
is modified compared to Figure 2. Accordingly, the hot CO2 product stream at the calciner
outlet is cooled by means of evaporator tubes (EVA 2) before it is used to feed the first steam
superheater (SH 1). In addition to that, a chlorine removal unit is foreseen downstream of the
calciner convective pass in the case of firing with SRF. After each convective heat transfer
section, bag filters separate the remaining fly ash before the gases are further cooled down in
the condensate preheating section. Part of the calciner off-gas is recirculated back to the inlet
of the calciner for dilution of the oxygen. The fresh limestone and the supplementary fuel are
fed directly to the calciner. The oxygen delivered by the ASU is preheated by the purge material.
Table 3 (Appendix) and Table 6 (Appendix) summarize the elementary analysis and LHV of
the solid fuels, and NG.

water/steam gas . solid |

Cooling Water ----- - - » Cooling Water

I &)+ ‘ ----- @4---‘--:

» GPU

Carbonator
Calciner

Purge

Figure 2: Model flowsheet of the CaL solid looping and heat recovery system.



Within the CaL process, the deactivation of the circulating sorbent and the related CO>
absorption efficiency within the carbonator are key parameters. Thus, a detailed sequence for
the calculation of the carbonator performance is implemented in the flowsheet simulation via a
FORTRAN interface. The solid distribution within the carbonator riser is calculated with an
empirical approach from Kunii and Levenspiel [42-44]. Accordingly, the carbonator riser is
distinguished into a dense phase in the lower part of the reactor and the upper lean phase while
in parallel a core and a wall zone is considered. The dense phase has a constant volumetric
particle concentration, (ess = 0.16), whereas the solid population in the lean phase decreases
exponentially according to the decay constant, a. The decay constant is dependent on the
superficial gas velocity, uo, such that auo = 3. The volumetric concentration of solid at the riser
outlet, &, is calculated according to Eq. 4.

Ese = g; + (‘gsd - s;)‘g_aHl (4)
Where H is the height of the lean phase. The saturated capacity of the gas, &, can be derived
from EqQ. 5, where G; is the saturated mass flow of solid, u: is the terminal velocity of the

particles, and ps is the mass density of the solid.

Gs
(uo — ups (5)

*

E =

The saturated mass flow is calculated with a correlation of Geldart et al. [45] according to Eq. 6.

5.4u¢

Gs = 23,7pguge %o (6)

The total solids inventory is then derived from the sum of solid hold up in the lean and dense
phase according to Eq. 7.

W = ApsHyegq + ApsHif; (7)

Here, A is the cross-sectional area of the carbonator, Hg states the height of the dense phase

and, f; states the average volumetric particle concentration in the lean phase (Eg. 8).



fi=e&+—p (8)

The CO> absorption efficiency within the carbonator is calculated using the model of
Romano [46]. This model has been validated by means of experimental data obtained in two
different CaL test facilities [46, 47].

The evolution of the CO> carrying capacity of the sorbent is determined depending on the
deactivation constant, k, and the residual conversion capacity, X, as proposed by Grasa and
Abanades [48]:

1
Xmax,N = -1 + X,

i — ®

In this work, the values chosen for the deactivation constant and the residual conversion
capacity without sulfation are 0.52 and 0.075 respectively. N represents the numbers of
complete calcination/carbonation cycles.

The degree of sulfation of the sorbent has a significant influence on the evolution of the CO>
carrying capacity of the limestone due to the blockage of particle pores [49]. Sulfur species are
introduced into the CaL system by the flue gas from the WtE plant that is fed to the carbonator
and by the sulfur present in the supplementary fuel that is burnt in the calciner. An appropriate
flue gas cleaning system limits the first proportion, whereas the second proportion can be
limited by an appropriate choice of fuel. Calcium sulfate (CaSQOa) that is formed either directly

(Eg. 10) or indirectly (Eq. 11) remains stable under typical CaL process conditions [50].

1
CaCO3(S) + SOZ(g) + 502(9) d Ca504(5) + COz(g) (10)
CaO(S) + SOz(g) + 0502(9) d Ca504(5) (11)
To account for the sulfur induced sorbent deactivation, the deactivation constant and the
residual conversion capacity of the sorbent are calculated depending on the molar sulfating level

of the sorbent, x..s0. . FOr this purpose, experimental data from Grasa et al. [51] are applied to
the empirical Egs. 12 to 14.

kr = kT,O(l + 0.2962 * xCa504) (12)



Xr = Xr,O(l —1.1536 * xCaSO4-)' fOT' Xcasoa <05 (13)
XT = XT,0(0'4230 — 3.076 * xCa504), fOT xcaso4 > 0.5 (14)

The calculation of the CO absorption efficiency within the carbonator is conducted in terms
of the sorbent molar conversion and the material balance, respectively. The first approach takes

into account the average maximum conversion, Xmaxave, Of the sorbent particles:

+o00

Xmax,ave = Z rNXmax,N (15)

N=1

Here, rn, is the age structure of the particles. It is dependent on the number of complete
carbonation-calcination cycles, N, and the real level of carbonation (fcarb) and calcination
(feaic) [52].

The average conversion degree of the particles, Xave, is determined according to Eq. 16. The
average conversion of particles with a residence time greater than tiim is equal to the maximum
conversion at the end of the fast reaction stage, Xn. For particles having a residence time smaller
than tiim, the average conversion is a function of a given CO2 concertation, c;,, and the number

of complete carbonation-calcination cycles.

+ o0
o

Kawe = ) 7() - TOXWN,cion)dt + | O Karnit) (16)

N=1 tiim

The CO2 absorption efficiency, according to the sorbent molar conversion, Ecar,, is then

obtained by Eq. 17 and the given molar flows of CaO and CO: entering the carbonator.

FRXave

FCOZ

Ecarb,l =

(17)

The calculation sequence for the CO2 absorption efficiency depends on the material balance,

Ecarb,11, based on the reaction constant, ki, according to Eq. 18 [53].



_ Psa tim

= Ms,a TN,age f(t) ksSN(1 - X(t: Nage' CZ‘OZ))Z/Sdt (18)

0
Nage=1

kri

Here, ks, is the intrinsic kinetic constant of the carbonation reaction set as 6.05 * 102 m#/mols,
Sn is the specific surface area of CaO-particles having N calcination-carbonation cycles, and
cto, States the given CO2 concentration. The amount of CO2 being absorbed in the carbonator
riser is then calculated according to the K-L model. The overall CO, absorption efficiency
according to the material balance is finally derived from Eq. 19 [46].

Feoz = Vgout * Ccoz,out

(19)

Ecarb,II = F
c0o2

Here, Vg,out is the volumetric flow rate of flue gas at the outlet of the carbonator, and ccozout IS
the CO2 concentration at the carbonator outlet. If the difference between, Ecarb, and Ecarb 11 1S
reasonable small (< 0.005), the average value of both numbers is applied. Otherwise, the initial

start value of c;,, is adjusted iteratively.

2.2.2 Gas Processing Unit

A single stage flash, self-refrigerated GPU suitable for pipeline transport of CO; is used to
purify the CO2-rich stream from the calciner after heat integration. The desired outlet pressure
of the CO2-product is 110 bar at a purity of 96 % (T < 30 °C) according to common specification
for CO2 pipeline transport [54, 55]. A schematic of the GPU is shown in Figure 11 (Appendix).
The CO2 stream after the condenser is compressed to specified pressure depending on the CO>
capture ratio required. This stream is then dried using molecular sieves. This dry gas is cooled
down to -50 °C in a multi-stream heat exchanger to liquefy the CO2 and separate it from the
impurities such as nitrogen and oxygen. The CO: liquid is flashed to reduce the temperature to
-54 °C. The liquid CO2 (before flashing), the vapor CO: (after) flashing) and the N2-rich vent
streams are used to cool down the feed gas to the GPU in the multistream heat exchanger. The
minimum temperature difference between hot and cold composite curves in the multistream
heat exchanger is set to 3 K. The process can be optimized by varying the separator pressure
and keeping the pressure at the outlet of the throttle as high as possible without violating the

minimum temperature difference in the multistream heat exchanger.

2.2.3 MEA-Absorption Process
Reactive CO; absorption with aqueous amine solutions as solvent is considered as the most

mature option for CO> capture. Absorption with amine is the technology used at the first full



scale CO> capture power plant in Boundary Dam in Canada [56, 57]. Absorption with aqueous
solution of monoethanolamine (MEA) is established as reference technology in benchmark
studies of CO> capture processes.

The principle of the technology is shown in Figure 10 (Appendix). The solvent (30 wt.% MEA)
is circulated between an absorber and a desorber. Flue gas is sent through the absorber, where
the CO: reacts with MEA and is dissolved in the solvent. The COz rich solvent is heated and
sent to the desorber. In the desorber the solvent is regenerated by further heating with a reboiler
operated at approximately 120 °C. The reaction is reversed, and CO: is released from the
solvent. The desorber is operated at a pressure of 1-2 bars, which means that the purified CO>
is produced at this pressure. It is sent to further conditioning for transport and storage/reuse by
compression or liquefaction. The CO2 lean solvent is recirculated back to the absorber.

MEA can separate CO> at very low partial pressures, and the CO> is produced at high purity.
However, it requires high thermal energy for regeneration, it is corrosive, and the amine
degrades over time [58]. In this study, the specific heat consumption of 3.9 MJwu/kgco2 is
assumed for 90 % CO> capture from the WtE flue gas. This heat will be supplied by steam

extraction at 4 bar. Moreover, the auxiliary power demand is 0.432 MJe/kgco2.

2.3 Cost Evaluation Methodology

This section presents the cost assessment methodology considered for the evaluation of the CO>
capture and conditioning process and the evaluation of cost-related key performance indicators
(KPI) for the WLE plant retrofitted with the CaL process. All cost numbers presented in this
work are given in 2017 price level. Cost data is taken from literature and available in different
years were updated to 2017 price level using cost indexes such as the Chemical Engineering
Plant Cost Index (CEPCI) [59] or inflation [60]. This paper does not include a techno-economic
evaluation of the WEE plant without CO, capture, therefore, a LCOE of 80 EUR/MWhe is
assumed here [61, 62].

2.3.1 Investment Costs

Figure 3 shows the adopted bottom-up applied in this study to assess the investment costs of
the CO2 capture processes. Accordingly, the equipment and direct costs of the different
components of the capture process have been assessed following different methods: Aspen
Process Economic Analyzer®, cost database, power law, quotations from vendor, etc. In
particular, the equipment and direct cost of standard components (e.g. packed column, heat
exchanger, compressors, pumps) are assessed using Aspen Process Economic Analyzer®,

while the cost of non-standard components (e.g. carbonator, calciner, ASU) are assessed as



illustrated in Table 8 (Appendix) due to their specificity. Process contingencies are then added
to the total direct cost (TDC) [63]. Indirect costs, and project contingencies are added to the
TDC with process contingencies (TDCPC) to reach the total plant cost (TPC) [63, 64]. Process
contingencies, P1, are set to 15 % of TDPC for the CO> conditioning step, whereas 32 % of
TDPC are assumed for the CaL system due to the lower level of maturity [65]. Auxiliary system
process contingencies are set to 5 % of TDCPC. Project contingencies, P2, for all subsystems
are specified by 15 % of TDPC [66].

Finally, the owner costs and interest over construction are added to the TPC to calculate the
total capital requirement (TPC). The owner cost are considered to represent 7% of TDCPC and
the interest over construction are calculated assuming that the construction costs are shared over

a three-year construction period following a 40/30/30 allocation [67].

Direct Cost component 1

Direct Cost component /| [~ Total direct cost

. (TDC) .

. Total direct cost
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Total Capital
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—  (Based on costallocation
and discount rate)

Figure 3: lllustration of the adopted bottom-up approach for evaluation of investment costs.

2.3.2 Operating Costs

Fixed operating costs cover maintenance, insurance and labour costs. The annual costs of
preventive and corrective maintenance (2 %), insurance (2 %), and local taxes (0.5 %) are
calculated as 4.5 % of the total plant cost [64]. Meanwhile, the labour cost composed of three
components (operating labour, maintenance labour, and administrative labour) is derived as
follows [67, 68]. The operating labor is estimated based on the expected number of employees
to run the CO2 capture process and a fully burdened annual cost of 60 k€ per employee. The
maintenance labour is assumed to correspond to 40 % of the total maintenance annual cost. The
administrative labour is assumed to be 30 % of the operating and maintenance labour cost. The
annual variable operating costs of the CO> capture processes are evaluated based on utilities
consumption obtained from the process design and the utilities cost shown in Table

9 (Appendix). While most of these costs are commonly used in literature, it is worth noting



that the SRF cost varies greatly in literature. As a consequence, two SRF cost scenarios are
considered in this study: 10 and 25 EUR/tsrr [68]. These numbers correspond to a production
cost of 0 and 15 EUR/t and transport cost of 10 EUR/tsrr.

2.4 Key Performance Indicators

For the evaluation and comparison of techno-economic process performance, the following
KPI’s are introduced. The CaL process heat ratio, HRcaL, refers to the share of the thermal input
to the CaL process, Pi,caL, 0n the total heat input to the system, P ot according to Eq. 20. Pin,tot

is derived from the sum of the heat input to the WtE plant, P we, and to the CaL calciner.

HR _ Pth,caL _ Pth,CaL
CalL —

Pentor  Penwes + Pencar (20)

Similar to the CaL heat ratio, one can derive the CaL gross electrical ratio, PRcaL according to
EQ. 21. Here, Pei,caLgross IS the gross power output of the CaL water steam cycle, Pelwte gross IS
the gross power output of the WtE water steam cycle, and Pei totgross 1S the sum of CaL process

and WIE plant gross power output.

Pel,CaL,gross Pel,CaL,g‘ross

PRcq, = = (21)

Pel,tot,gross Pel,WtE,gross + Pel,CaL,gross

The specific CO2 emissions of the WtE plant retrofitted by the CaL process, ecozcaL, are
calculated by Eq. 22. Thereby, nicozoss 1S the mass flow of fossil CO2 being emitted to the
atmosphere, ricoz,captbio IS the mass flow of biogenic CO2 being captured and, Peinet is the net

power delivered by the total system.

Mco2,foss — Mco2,capt,bio

eCOZ’CCS B Pel,tot,net (22)

In order to evaluate the energy performance of a CCS unit, the specific primary energy
consumption per CO avoided (SPECCA) is calculated. For CaL applications, the fact of the
additional power supply by the CalL process needs to be considered. Accordingly, the

calculation of the SPECCA can be described as follows:

nniCaL B nne:.Ref n 16 L B [Xi * n 1t' + (1 B xi)n tWtE:|
SPECCA = f B — net,Ca net,i net, (23)

ecozref — €cozcar (1 = Xi) * €coawee + Xi * €cozil — €cozcar



Hereby, nnetccs IS the net electrical efficiency of the WtE plant with CaL, and #net ref IS the net
electrical efficiency of the WtE plant without CaL while considering the efficiency of a state-
of-the-art power plant for each type, i, of supplementary fuel. Moreover, ecozw is the specific
fossil CO2 emission of the reference WtE plant, ecoz;i is the specific CO2 emission for the
conversion of the type of fuel in state-of-the-art power plants. The specific CO2 emissions and
the net electrical efficiency of the reference system are weighted by the share, xi, of the
additional power that is supplied to the grid by the CaL unit. Table 10 (Appendix) summarizes
the boundary conditions for the state-of-the-art power plants to calculate the reference state.

The LCOE measures the unit cost of a power plant, with and without CO capture, and
approximates the average discounted electricity price over the project duration that would be
required as income to match the net present value of costs of the project. It is equal to the

annualized costs divided by the annualized net electricity production, as shown in Eq. 24.

LCOEges - (MWh/y) s + Annualised investmentcs + Annual OPEX s
(MWh/y)ccs

LCOECCS = (24)

where
e LCOE(cs isthe LCOE produced by the plant with CO capture
e LCOERg.t is the LCOE of the reference plant without CO> capture
e (MWh/y)ccs is the annual electricity production of the plant with CO» capture
e (MWh/y).¢s is the annual electricity production of the plant without CO> capture
e Annualised investment qs is the annualized investment cost of the CO, capture
process

e Annual OPEX.s is the annual operating cost of the CO> capture process

Similar to the technical evaluation of the reference state, the LCOERres needs to be modified

according to the additional power that is produced by the CaL unit:

LCOEg,s = (1-x) * LCOEy, + x * LCOE; (25)

Thereby, LCOE; states the LCOE for state-of-the-art power units for each type of
supplementary fuel, respectively (see Table 10, Appendix).

The CAC, which is obtained by comparing the LCOE and the CO2 emission rate to the
atmosphere of the plant with and without CO. capture, shown in Eq. 26. The CAC approximates



the average discounted CO: credit (tax or quota) over the duration of the project that would be
required as income to match the net present value of costs due to the CO» capture

implementation.

LCOE¢cs — LCOE;
CAC = ccs Ref (26)

€coz,Ref — €coz,ccs

LCOE and CAC are calculated assuming a real discount rate of 8 %?. An economic lifetime of

25 years and an average yearly utilization rate of 85 % are further assumed. The annualized
investment are calculated assuming a fixed charge factor of 9.36 % based on the 8 % discount

rate and 25 years of economic lifetime assumptions.

3 Performance Assessment of WtE plant with CO: capture
3.1 Thermodynamic Assessment of the Back-end integration

Relevant mass flows according the nomenclature given in Figure 2 are listed in the
Tables 12 - 13 (Appendix) for each type of fuel, respectively. Table 1 summarizes relevant
process performance parameters for each CCS option.

Table 1: Key results of the CalL process for the different CCS options?.

. CaL
Parameter Unit MEA Coal NG SRE
Specific make-up feed (Fo/Fco2) - - 0.24 0.09 0.24
Specific circulation rate (Fr/Fco2) - - 10.0 10.0 10.0
CO; absorption rate (Ecarb) % - 80.0 80.0 80.0
Total CO> capture rate (Etot) % 90.0 90.8 87.1 91.1
CaCOs3 content at carbonator outlet wt.% - 12.3 134 10.5
CaS0g4 content at calciner outlet wt.% - 2.82 0.51 2.45
Ash content at calciner outlet wt.% - 6.71 0.00 20.1
Oxygen flow to the calciner ka/s - 5.72 5.08 6.55
Calciner thermal input MW, - 62.3 55.6 71.7
Carbonator cross section m?2 - 19.2 19.2 19.2
Calciner cross section m? - 8.9 8.5 115
CaL process heat ratio (HRcaL) % - 50.9 48.1 545
Gross power CaL power cycle MWe - 16.9 15.7 194
CaL process gross power ratio (PRcaL) % - 51.9 50.0 55.2
CCS Auxiliary MWe 2.47 1.58 1.55 1.63
ASU power demand MWe - 4.53 4.03 5.18
GPU power demand MWe - 4.94 3.49 5.13
GPU specific power consumption kJe/kgcoz - 392 396 395

! That corresponds to a nominal discount rate of approximately 10 % based on an inflation rate of 2 %.

2 For the reference WLE plant heat input and net power see Table 4 (Appendix)



GPU CO2 slip % - 2.08 3.30 2.97
Total net power output MWe 5.07 19.6 20.3 21.1

Total net electrical efficiency % 9.64 16.0 17.6 16.0
Reference net electrical efficiency % 224 29.7 34.5 23.6
SPECCA MJtn/CO2av  21.8  9.48 10.2 5.72

Thermodynamically, NG allows for the lowest CaL heat demand and the highest net electrical
efficiency. This is mainly due to relatively low sulfur content and the absence of any fuel ash.
When utilizing SRF or coal as supplementary fuels in the calciner, a higher flux of fuel-sulfur
is introduced to the CalL-system. Accordingly, more make-up is needed to compensate for
sorbent deactivation. Additionally, the accumulation of ashes in the circulating sorbent stream
raises the thermal requirements of the calciner. The ash enrichment is even more of concern for
SRF. In addition to the auxiliary power of the ASU and the GPU, the heat requirement for the
first calcination of the fresh limestone represents a contributor to the electrical efficiency
penalty, since this heat share cannot be recovered. While 4.2 % of the calciner heat input is
consumed by the first calcination while firing NG, this number increases to 9.7 % and 8.5 %
for the cases of coal and SRF, respectively. Among all cases, the CaL gross electrical ratio
exceeds the CaL heat ratio. This is mainly justified by the more efficient layout of the CaL
power cycle in comparison to the existing WtE power cycle. In the case of NG, almost 50 % of
the total gross power is delivered by the CaL power cycle. The SPECCA for the coal and NG
case are relatively high in comparison the corresponding value of SRF. This is partly due to the
fact that the current large scale state-of-the-art net electrical efficiency of coal and NG power
plants allows for a more efficient supply of electricity in comparison to typical SRF power
plants. Thus, it could be stated that in terms of an efficient fuel utilization under the
circumstances of WtE plants, the application of SRF is favorable.

The SPECCA for the MEA based capture process is higher than the values for the CaL process
no matter which type of supplementary fuel is used. It should be noted that the energy penalty
of the MEA process can be reduced through advanced heat integration through the use of heat
pumps etc. Such advanced integration is not included as part of this work.

In addition to drop in the net electrical efficiency of the retrofitted WtE plant, the specific CO>
avoidance is of concern. Figure 4 shows the specific CO2 emissions, the derived specific CO>
avoidance and the negative CO2 emissions on a yearly basis for the MEA case and for different
CaL fuel options. Table 14 (Appendix) summarizes the CO, mass flows within the CaL system
that are applied here. The reference fossil CO> emission in the NG case shows the lowest
specific CO2 emissions due to the low carbon intensity of this type of fuel. When coal is used,
the reference CO2 emissions increase. In case of SRF, the specific CO2 emissions in the

reference state are governed by the low fuel reference net electrical efficiency and the organic



waste fractions. In case of the MEA process, reference CO, emissions are the same as for the
WIE plant w/o CCS, since no additional electrical power is produced. The amount of negative
CO2 emissions shows the highest value in case of CaL-SRF, due to the large quantities of

organic waste fractions additionally burned in the CaL calciner.
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Figure 4: Specific CO2 emissions w/o and w/ CCS and specific CO2 avoidance for each CCS
option.

3.2 Advanced CaL Heat Integration

Within this section, novel heat integration concepts (HIC) for the CaL excess heat integration
into the existing WtE plant power cycle are proposed and discussed. External superheating and
external reheating is a promising approach for efficiency improvements of WtE plants [69, 70].
In the present study, the sensible heat of the CO2-depleted flue gas and of the CO2-product at
the outlet of carbonator and calciner are utilized as additional heat source for the steam cycle
of the WtE plant, respectively. Figure 5 shows the heat integration concepts (left) and the
integration of heat exchanger surfaces within the convective passes (right). Figure 5 a) shows
the back-end case (HIC1) that is typically considered in CaL retrofitting scenarios. In the
external superheating concept (HIC2), see Figure 5 b), excess heat from the CaL process is used
to superheat the live steam in the host WtE power cycle. In another case (HIC3), excess heat
from the CaL process is used to super- and reheat live steam within the WtE power cycle (see
Figure 5 c¢). In each case, the thermal duty of the WtE boiler is kept constant. Along with the

temperature, the live steam pressure was also raised. Practically, this implies modifications of



the existing WLE power cycle. Thus, an economic evaluation is not performed here, because of
large uncertainties regarding the cost for the required modifications.

Carbonator Calciner

40 bar | 400 °C o [ N -
. ol 1| £ oz £|e
WIE Boiler E”’g 2
a) ©
- o —
FW Preheating S ZEz < T3] ) skF
section Condenser o @ w ]

90 bar | 520 °C

ext. SH -

o

b) .
WIE Boiler

90 bar | 520 °C Carbonator Calciner

Coal, NG

ext. SH

f
(SIS o~ wi=
o<z E|F T Z2|0
24 bar| 450 °C <85“§£ 55 2g > Coal, NG
WIE Boiler
o "E T e ‘
o wi e > L_HHH
_ SlFEz SEszg) srF
FW Preheating w 2 W i
]

section Condenser

Figure 5: Heat integration concepts of CaL excess heat (left) and arrangement of CaL
convective heat exchanger surfaces for the different fuel types (right). a) back-end (HIC1), b)
external superheat (HIC2), c) external superheat + reheat (HIC3).

Table 2 summarizes the key results of the retrofitted WtE for the different heat integration
options for each type of fuel. As a reference, the corresponding numbers of the back-end
integration case are given. While increasing the heat integration level, the CaL gross electrical
ratio decreases, whereas the overall net electrical efficiency increases. In all cases, the gain in
net electrical efficiency accumulates to more than 5 %-points, for HIC3. Moreover it can be
seen, that the major efficiency improvements are achieved due HIC2. The additional gain in the
net electrical efficiency between HIC2 and HIC3 is limited to approximately 1 %-point.

Table 2: Key results of the CaL process for the different fuel and heat integration concepts.

HIC Parameter Unit Coal NG SRF
Gross power output MW, 32.7 315 35.1

1 (BE) CaL gross power ratio % 51.9 50.0 55.2
Net power output MW, 19.6 20.3 21.1

Net electrical efficiency % 16.0 17.6 16.0

Gross power output MW, 38.1 36.9 40.6

2 (SH) CaL gross power ratio % 39.7 37.7 43.4
Net power output MW, 24.9 25.6 26.6

Net electrical efficiency % 20.3 22.0 20.3




3 Gross power output MW, 39.0 37.7 41.3

SH-RH CaL gross power ratio % 35.9 33.8 39.9
(SH-RH) Net power output MW, 25.9 26.6 27.3
Net electrical efficiency % 21.2 23.0 20.8

3.3  Sensitivity study

In addition to tight heat integration, the effects of CaL process conditions and live steam
parameter for the CaL power cycle are assessed. The boundaries for the sensitivity analysis are
summarized in Table 15 (Appendix). The sensitivity parameters were chosen in order to address
the most crucial assumptions made during the course of CaL process modelling. This is for
instance the degree of sorbent deactivation, the oxygen concentration at the inlet and the outlet
of the calciner, and the losses of fuel ash through the cyclones. All these parameters
significantly influence the thermal requirement of the calciner, either directly as for the oxygen
concentration or indirectly due to the higher make-up feed to compensate for the accumulation
of fuel ash or forced sorbent deactivation. Additionally, transfer of sensible heat between the
two major solid fluxes is applied in the best case. Moreover, three sets of live steam parameters
for the CaL power cycles are investigated. In Figure 6, the net electrical efficiency depending
on the CaL gross electrical ratio is shown for each heat integration concept while considering
different CaL process conditions and different CaL power cycle live steam parameters. The
results are presented for each type of fuel. Additionally, the net electrical efficiency of the WtE

plant w/o CaL is indicated by a dashed line.
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For the back-end case, the corresponding numbers for PRcaL range from 40 to 65 %, whereas
in the super- and reheating case, the CaL turbine delivers 25 to 50 % of the total gross power.
At the same time, the net electrical efficiency increases if the WtE plant power cycle is upgraded
by CaL excess heat. Thereby, the net electrical efficiency could be raised above the reference
value. With improved CaL process conditions, less heat needs to be supplied to the calciner.
Thus, less excess heat is available for steam generation. As a consequence, the share of the CaL
turbine gross output is the lowest when assuming best CaL process conditions, respectively. On
the other hand, the CaL gross electrical ratio increases along with higher steam parameters, due

to a more efficient conversion of the recoverable excess heat.

4 Techno-Economic Analysis

Figure 7 shows the breakdown of LCOE and CAC for the WtE plant w/ and w/o CCS processes.
For the CaL process, the back-end integration approach according to HIC1 is considered. For
all CCS retrofit options, the LCOE increases considerably. This is mainly due to the fact that
the reference WtE plant inherently has a low net electrical efficiency, especially compared to
large-scale power generation systems. Thus, a relatively high amount of CO2 needs to be
captured per unit of electricity that is produced. Additionally, the size of the WLE plant is
relatively small (Pt = 60 MW) compared to conventional power units (Pw > 500 MW), which
are typically considered for CCS applications. Consequently, the benefits due to the economics
of size are limited. This is especially the case of the reference MEA capture concept, which
results in a very high LCOE (433 EUR/MWhe) due to both, the power loss associated with the
steam requirement for solvent regeneration, as well as the high capture investment and fixed
operating costs. For the CalL based processes, the LCOE varies between 229 and
257 EUR/MWhe depending on the type of fuel that is considered. Among the different CO;
capture options, the SRF-fueled CaL process allows for the lowest LCOE. In that case, the
relatively low SRF price compensates for a higher efficiency penalty in comparison to the coal
and NG options. The cost structure of the retrofitted CaL unit corresponds to the thermal size
of the CaL process (see Table 1). Accordingly, the CAPEX of the NG case represents 33 % of
the total LCOE. CAPEX of the coal and SRF case, accumulate to 36 and 42 %, respectively.
The share of fixed OPEX costs (e.g. maintenance, insurance or labor cost) vary from 17 % (NG)
up to 21 % (SRF). Even though, the utilization of NG allows for the best thermodynamic
performance, the economics are worse due to the high fuel price that is responsible for almost
23.5 % of total LCOE.



As a result of the high LCOE increase, high CAC are obtained. While the CAC of the MEA-
based capture results in costs as high as 288 EUR/tcozav the CAC of the CaL process vary
between 119 and 183 EUR/tcoz,av depending on the type of fuel that is considered. Among
these, the coal- and the NG-fueled CaL processes results in the highest costs due to the higher
LCOEs but also due to the lower amount of specific avoided CO, emissions. In contrast, the
economics of the SRF-fueled CaL process are significantly improved due the low SRF prices

and due to the organic waste fractions, which results in additional negative CO2 emissions.
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Figure 7: LCOE and CAC for the WtE plant w/ and w/o CO> capture processes.

While the costs presented above may seem high, it is important to realize that by considering
CCS on a WLE plant, it enables a new business opportunity. In addition to the thermal treatment
of wastes and the delivery of power and/or heat, the supply of negative CO, emissions
represents another service of a CO capture equipped WtE plant in the future perspective. In
this regard, the economics of a CCS equipped WtE plant are valorized once CO2 emission
credits are sold to other market actors to compensate for their CO2 emissions. In this case, the
cost of delivering negative emissions would be same as the CAC. Even though, this cost range
is still high compared to the current EU ETS price, they are on the lower range of estimates
when compared to some of the other means considered to enable negative CO> emission such
as BECCS and DAC. As shown in Figure 8 [3, 71-73], BECCS are expected to result in CAC
between 50 to 250 EUR/tco2,av and a WEE plant with SRF-based CaL is thus on the lower half



of these estimates. Furthermore, the WtE plant with CaL results in low CACs compared to DAC
systems which are hoped to reach costs in the range of 100-200 EUR/tcoz,av [72] while they
are current being sold for 980 EUR/tcoz,av [74]. Considering this aspect, CCS from WHE plants
could be a cost-efficient solution to at the same time treat municipal waste in an
environmentally friendly way, produce clean power, and enable a significant amount of the
negative emissions required to meet the climate ambitions under the Paris agreement.

However, it is important to realize that the financial credit for the negative emissions may not
be sufficient to fully compensate the cost of implementing CCS to capture both the non-
biogenic and biogenic CO, emissions as shown in Figure 8. Indeed, even when the WtE plant
can sell the negative CO> emissions for its CAC, the plant must compensate for the cost of
avoiding its fossil emissions through higher electricity cost and/or higher fee charged to treat

municipal waste in a climate-friendly way.
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Figure 8: LCOE of the WtE plant w/o and w CCS processes dependent on the negative CO>
emission credit.

5 Conclusions

A techno-economic analysis of a 60 MW WHE plant retrofitted by a CaL process for CO»
capture was performed as part of this work. Based on a detailed process model for the CaL
process, key process performance indicators such levelized cost of electricity and cost of CO>
avoided were calculated. Investment costs were derived by a bottom-up approach based on the
costs for each component. Moreover, the effects of the additional power supply by the CaL
process were taken into account in the course of the techno-economic process evaluation,
according to current state-of-the-art power plant performance characteristics. The techno-
economic results were compared with a benchmark MEA scrubbing process. For the CaL

process, three different types of supplementary fuel namely coal, NG and SRF were taken into



account. It was found, that for all CCS option, the LCOE increases significantly from
80 EUR/MWhe (WLE plant w/o CCS) up to a range of 229 EUR/MWh, (CaL-SRF) to
433 EUR/MWhe (MEA). In contrast to large-scale CaL integration studies, the small thermal
size of the WIE plant and low electrical efficiency of the reference WtE plant are the main cause
for this increase. Corresponding numbers for the CAC range from 119 EUR/tcozav (CaL-SRF)
up to 288 EUR/tcozav. (MEA). The CaL process for CO2 capture involves installing a new
power cycle associated with the CaL process where heat of carbonation and the oxy-fuel
combustion of fuel in the calciner are used for power generation. This additional “power plant”
has a higher efficiency that the WtE plant, thus improving the net electrical efficiency compared
to the reference WtE plant. This is one of the main reasons that can be attributed to why the
CaL process is competitive compared to MEA for CO» capture from WIE plants. Additionally,
this work shows that WtE plants integrated CaL process for CO2 capture can compete with
BECCS and other technologies to provide cost-efficient negative emissions. In a sensitivity
analysis, the influence of CaL process conditions and different CaL excess heat integration
options were assessed. In case of a proper CalL excess heat integration into the existing WtE
power cycle by means of external super- and reheating, the net electrical efficiency could be
raised by more than 5 %-points compared to the reference WtE plant w/o CCS. CCS equipped
WIE plants could be a cost-efficient solution to treat municipal waste in an environmentally
friendly way, while at the same time, delivering clean power and negative CO2 emissions.
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Appendix

Table 3: Composition and lower heating value of the solid fuels.

Parameter Unit MSW Coal SRF
Corganic wt.% 18.8 0 15.2
Cossil wt.% 10.1 66.5 22.8
H wt.% 3.20 3.87 3.78
N wt.% 0.50 1.56 0.97

S wt.% 0.10 0.52 0.29
@) wt.% 23.1 5.46 19.93
Cl wt.% 0.40 0.01 0.74
H-0 wt.% 25.0 8.00 19.4
Ash wt.% 18.8 14.2 154
LHV MJ/kg 10.0 25.2 15.7
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Figure 9: Thermodynamic power cycle layout of the reference WtE plant.



Table 4: Boundary conditions of the reference WtE plant.

Parameter Unit Value

Thermal input MW, 60.0

Boiler efficiency % 61.7
Turbine isentropic efficiency % 75.0
Turbine mechanical efficiency % 94.0
Gross power output MW, 15.7
Gross electrical efficiency % 26.2
Net power output MWe 13.6

Net electrical efficiency % 22.4
Preheating temperature combustion air °C 150
O concentration at boiler exit vol.% 6.07
O concentration at stack vol.% 8.23
Flue gas mass flow ka/s 41.7

Flue gas temperature at stack °C 135

Table 5: Composition of WHE flue gas at the stack.

Species CO; N> H20 02 SO» HCI
Unit vol.% vol.% vol.% vol.% ppmy ppmy
Value 10.0 70.3 114 8.2 19.0 6.8

Table 6: Composition and lower heating value of natural gas.

Parameter Unit Value
CH4 vol.% 89.1
C2Hs vol.% 7.00
CsHs vol.% 1.00
CO; vol.% 2.00

N2 vol.% 0.90
S ppmy <5

LHV MJ/kg 46.5




Table 7: Boundary conditions for CaL process modelling.

Stream Parameter Unit Value
Operating temperature °C 650
Specific solid inventory kg/m? 1000
Superficial gas velocity m/s 5
Carbonator Height diameter ratio - 3
Outlet temperature of CO»-depleted flue gas °C 120
Pressure drop mbar 220
Specific sorbent circulation rate - 10
CO:. absorption efficiency % 80
Operating temperature °C 900
Superficial gas velocity m/s 5
Height diameter ratio - 3
Calciner Oxygen concentration at the inlet vol.% 60
Oxygen concentration at the outlet vol.% 35
Temperature recirculation gas °C 200
Pressure drop mbar 160
Outlet temperature off-gas °C 120
Fuel ash losses (coal) % 60
Global Fuel ash losses (SRF) % 30
Fan isentropic efficiency % 85
Fan mechanical efficiency % 95
Turbine isentropic efficiency % 78
Turbine mechanical efficiency % 97
Live steam temperature °C 485
CaL Heat Live steam pressure turbine inlet bar 60
recovery Pressure drop SH, including turbine inlet valve % 10
system Pump efficiency % 80
Gas phase pressure drop convective pass mbar 35
Evaporator pressure drop bar 20
Condenser pressure bar 0.07
ASU Oxygen purity vol.% 95
Specific power consumption kWh/kg 220
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Table 8: Direct cost methodology for the evaluation of non-standard components.

Non-standard component Direct cost model (k€2017) Source
Carbonator Internal diameter [m]\*° Modified?®
474 - Transferred thermal power [MW,,]+8 360 < 27 > from [75]
Calciner 415.3 - (Fuel thermal input [MW,,,])%5° [75]
Heat recovery and steam pp— <Overall heat recovery duty [MW])O'67 [64]
production system 266
Sealed fan (T<400°C & 63 - <V0lumetric flow rate [m3/h])0'5 +39. <Power [kW])O'65 [75]
P<500kW) 25000 75
Sealed fan (T<400°C & c1g - <Volumetric flow rate [m3/h])0'5 +303 - <P0wer [kW])O'65 [75]
P>500kW) 25000 75
H i H 0.6
Air separation unit 63 645 - <Mass flow 02f7olx7ygen [toz/d]> [75]
HCI removal unit —3.69-1077x (Power output [MW])*+ 6.64-10*xPower output® Regressed
—4.66-10"t xPower output®+133xPower output from [76]
Table 9: Cost of utilities.
Utilities Unit Cost Reference
Coal EUR/GJ 3 [64]
Natural gas EUR/GJ 6 [64]
SRF EUR/t 15 :25 [68]
Limestone EUR/t 30 [75]
MEA EUR/t 1425 [65]
Cooling water EUR/m3 0.04 [65]
Table 10: Techno-economic boundary conditions for state-of-the-art power units.
Parameter Unit Coal Gas SRF
Net electrical efficiency % 45.5 58.3 25.0
Total specific CO2 emissions gco2/kWhe 763 352 1285
Fossil specific CO2 emissions gcoz2/kWhe 763 352 771
Biogenic specific CO2 emissions gcoz2/kWhe 0 0 514

LCOE EUR/MWhe 58.3 54.2 80

3 Modified to include the impact of the carbonator diameter on cost



Table 11: Mass balance for the case WtE+CaL (coal).

Str No. m T | Xvap Molar fraction (-) Mass fraction (-)

kg/s °C - CO2 H2z N2 O CaOo CaCOs3 CaSOs4 Ash Coal
10 417 135 | 1.00 | 010 012 070 0.08 - - - - -
11 36.6 650 | 1.00 { 002 0.13 0.76 0.09 - - - - -
12 36.6 166 | 1.00 | 002 0.13 0.76 0.09 - - - - -
13 36.6 120 | 1.00 | 002 0.13 0.76 0.09 - - - - -
20 572 250 { 1.00 { 0.0 0.0 0.05 0.95 - - - - -
21 100 280 | 1.00 | 0.30 0.06 0.2 0.60 - - - - -
22 187 900 | 1.00 | 0.78 0.16 0.02 0.04 - - - - -
23 187 200 | 1.00 | 0.78 0.16 0.02 0.04 - - - - -
24 433 217 | 1.00 | 0.78 0.16 002 0.04 - - - - -
25 144 120 | 1.00 | 078 0.6 0.02 0.04 - - - - -
30 17.8 420 | 0.00 | 0.00 100 0.00 0.00 - - - - -
31 17.8 421 | 0.00 | 0.00 100 0.00 0.00 - - - - -
32 17.8 809 | 0.00 | 0.00 100 0.00 0.00 - - - - -
33 17.8 263 | 0.00 | 0.00 100 0.00 0.00 - - - - -
34 17.8 288 | 1.00 | 0.00 100 0.00 0.00 - - - - -
35 17.8 485 | 1.00 | 0.00 100 0.00 0.00 - - - - -
36 17.8 420 | 093 | 0.00 100 0.00 0.00 - - - - -
40 341 250 - - - - - 0.00 100 0.00 0.00  0.00
41 247 250 - - - - - 0.00 0.00 0.00 0.00 100
42 89.6 900 - - - - - 90.5 0.00 2.82 6.72  0.00
43 94.7 650 - - - - - 78.8 12.2 2.67 6.36  0.00
44 209  50.0 - - - - - 90.5 0.00 2.82 6.72  0.00




Table 12: Mass balance for the case WtE+CaL (natural gas).

Stream M T Xvap Molar fraction (-) Mass fraction (%)

kg/s °C - CO2 HO N2 Oz NG | CaO CaCOsz CaSOs4 Ash
10 41.7 135 1.00 | 010 012 070 0.08 0.00 - - - -
11 36.6 650 1.00 | 0.02 013 076 0.09 0.00 - - - -
12 36.6 162 1.00 | 0.02 013 076 0.09 0.00 - - - -
13 36.6 120 1.00 | 0.02 013 076 0.09 0.00 - - - -
20 508 250 1.00 | 000 000 005 095 0.0 - - - -
21 8.37 180 1.00 | 021 015 0.02 0.60 0.0 - - - -
22 15.2 900 1.00 | 056 0.38 0.01 0.04 0.0 - - - -
23 15.2 200 1.00 | 056 0.38 0.01 0.04 0.0 - - - -
24 3.29 217 1.00 | 056 0.38 0.01 0.04 0.0 - - - -
25 11.9 120 1.00 | 056 0.38 0.01 0.04 0.0 - - - -
30 165 420 000 { 000 1.00 0.0 0.0 0.0 - - - -
31 165 421 000 { 000 1.00 0.0 0.0 0.0 - - - -
32 165 809 000 { 000 1.00 0.0 0.0 0.0 - - - -
33 16.5 257 0.00 { 0.00 1.00 0.00 000 0.00 - - - -
34 16.5 288 1.00 | 0.00 1.00 0.00 0.00 0.00 - - - -
35 165 485 1.00 | 0.00 1.00 0.00 0.00 0.00 - - - -
36 165 420 093 | 000 1.00 0.0 0.0 0.0 - - - -
40 341 250 - - - - - 0.00 100 0.00 0.00
41 247 250 0.0 { 000 000 000 000 100 | 0.0 0.00 0.00 0.00
42 89.6 900 - - - - - 90.5 0.00 2.82 6.72
43 94.7 650 - - - - - 78.8 12.2 2.67 6.36
44 209 500 - - - - - 90.5 0.00 2.82 6.72




Table 13: Mass balance for the case WtE+CaL (SRF).

Stream ™M T Xvap Molar fraction (-) Mass fraction (%)

kg/s °C - CO2 HO N2 O | CaO CaCOz CaSOs Ash SRF
10 417 135 100 | 010 012 070 0.08 - - - - -
11 366 650 1.00 | 0.02 013 076 0.09 - - - - -
12 366 168 1.00 | 0.02 013 076 0.09 - - - - -
13 366 120 1.00 | 0.02 013 076 0.09 - - - - -
20 655 250 1.00 | 0.00 0.00 005 095 - - - - -
21 109 288 1.00 | 023 013 0.02 0.60 - - - - -
22 213 900 1.00 | 0.60 034 001 0.04 - - - - -
23 213 200 1.00 | 0.60 034 001 0.04 - - - - -
24 436 217 100 | 060 034 001 004 - - - - -
25 16.9 120 1.00 | 0.60 034 0.01 0.04 - - - - -
30 204 420 000 | 000 100 000 0.00 - - - - -
31 204 421 000 | 000 1.00 000 0.0 - - - - -
32 204 809 0.00 | 000 100 000 0.0 - - - - -
33 204 273 000 | 000 100 000 0.0 - - - - -
34 204 288 1.00 | 0.00 100 000 0.00 - - - - -
35 204 485 1.00 | 0.00 100 000 0.00 - - - - -
36 204 420 093 | 000 100 000 0.0 - - - - -
40 344 250 - - - - - 0.00 100 0.00 0.00  0.00
41 457 250 - - - - - 0.00 0.00 0.00 0.00 100
42 105 900 - - - - - 77.5 0.00 2.45 20.1  0.00
43 110 650 - - - - - 68.0 10.5 2.34 19.2  0.00
44 246 500 - - - - - 77.5 0.00 2.45 20.1  0.00




Table 14: CO; flows in the CaL system (kg/s).

Parameter Coal NG SRF
Total CO2 formation WtE plant 6.36 6.36 6.36
Fossil 2.23 2.23 2.23
Biogenic 4.14 4.14 4.14
Total CO2 formation calciner (Fuel) 6.02 2.97 6.39
Fossil 6.02 2.97 3.83
Biogenic 0 0 2.55
Total CO2 formation calciner (Limestone) 1.50 0.57 1.51
Fossil 1.50 0.57 1.51
Biogenic 0 0 0
Total CO; formation WtE plant + CaL process 13.9 9.90 14.3
Fossil 9.75 5.77 7.75
Biogenic 4.14 4.14 6.69
Total CO captured 12.2 8.44 12.6
Fossil 8.99 5.21 6.91
Biogenic 3.20 3.24 5.69
Total CO2 emission 1.69 1.46 1.66
Fossil 0.75 0.56 0.66
Biogenic 0.94 0.90 1.00
Net CO» emission -2.44 -2.68 -5.03

Table 15: Boundary conditions for the sensitivity analysis.

Parameter Unit Worst case  Base Case Best case

Sorbent residual conversion, X, - 0.060 0.075 0.090

Sorbent decay constant, k - 0.624 0.520 0.416
0O2-conc. at calciner inlet vol.% 40 60 80
0O2-conc. at calciner outlet vol.% 4.5 3.5 2.5
Fuel ash losses (coal) % 50 60 70
Fuel ash losses (SRF) % 20 30 40
CaL Turbine isentropic efficiency % 75 78 81
CaL live steam temperature °C 450 485 520
CaL live steam pressure bar 40 60 80

ASU specific power consumption kKWhe/to2 240 220 200
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