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Efficient hydrogen production with Gapture using gas switching reforming

Shareq Mohd NaZft, Jan Hendrik CloefeSchalk Cloeté Shahriar Amirfi®”

®Department of Energy and Process Engineering, NginmeJniversity of Science and
Technology, Trondheim, Norway

SINTEF Industry, Trondheim, Norway

Abstract

Hydrogen is a promising carbon-neutral energy earfor a future decarbonized energy
sector. This work presents process simulation etudf the gas switching reforming (GSR)
process for hydrogen production with integrated, C&pture (GSR-H2 process) at a minimal
energy penalty. Like the conventional steam methesferming (SMR) process, GSR
combusts the off-gas fuel from the pressure swidgogption unit to supply heat to the
endothermic reforming reactions. However, GSR cetesl this combustion using the
chemical looping combustion mechanism to achieve é@mbustion with C@separation.
For this reason, the GSR-H2 plant incurred an gngegalty of only 3.8 %-points relative to
the conventional SMR process with 96% L€apture. Further studies showed that the
efficiency penalty is reduced to 0.3 %-points bgluding additional thermal mass in the
reactor to maintain a higher reforming temperattinereby facilitating a lower steam to
carbon ratio. GSR reactors are standalone bubblirdjzed beds that will be relatively easy
to scale up and operate under pressurized consljiteord the rest of the process layout uses
commercially available technologies. The abilitypgimduce clean hydrogen with no energy
penalty combined with this inherent scalability raskthe GSR-H2 plant a promising
candidate for further research.
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Nomenclature

CA

CcC
CCS
CLC
CLR
CSTR
FTR
GSC
GSR
GSR-H2
LHV
MDEA
NG
NGCC
PSA
SMR
SPECCA
S/IC

TIT
WGS

Symbols
NH2
TNeq,H2
Eco2

Eel
Eeq,co2

Enc

CO, Avoided

CQ Capture

CQ Capture and Storage

Chemical Looping Combustion

Chemical Looping Reforming

Continuous Stirred Tank Reactor

Fired Tubular Reformer

Gas Switching Combustion

Gas Switching Reforming

Gas Switching Reforming Hydrogen plant
Lower Heating Value

Methyl Diethanolamine

Natural Gas

Natural Gas Combined Cycle

Pressure Swing Adsorption

Steam Methane Reforming

Specific Primary Energy Consumption for,@®oided
Steam to Carbon
Turbine Inlet Temperature

Water-Gas Shift

Hydrogen Production Efficiency

Equivalent Hydrogen Production Efficiency

CO, emission intensity from the process

Avoided CQ intensity of electricity export/import
Equivalent CQ emission intensity from the process

CO, emission intensity of NG combustion



Ewn Avoided CQ intensity of thermal energy exports (steam export)

Meq,NG Equivalent mass flow rate of NG

Py Pressure of PSA inlet stream

P, Pressure of PSA off-gas stream from PSA

Qi Thermal energy export in the form of 6 bar steam
We Net electrical power

1 Introduction

The recent release of the Intergovernmental Panéllimate Change (IPCC) report on global
warming of 1.5 °C [1] has once again emphasizeditbency of reducing global greenhouse
gas emissions. Hydrogen offers a versatile soluasna carbon-free energy carrier for
industry, transport and power. However, the vasgoritg of current hydrogen production
comes from fossil fuels with large associated ,Cé&nissions, mainly steam methane
reforming (SMR) [2].

One promising solution for clean hydrogen productis electrolysis using renewable
electricity, but thermochemical conversion of fodgels remains significantly cheaper than
these advanced hydrogen production pathways [3;TH inclusion of C@ capture and
storage (CCS) in conventional fossil fuel-basedrbgdn production processes offers another
solution, but the cost increase associated witlveatonal CCS is high (40-100%) [5].

The primary challenge facing conventional Ofapture processes is the large energy penalty
that results in large CQavoidance costs. In a conventional SMR basggléht, CQ can be
captured from the raw hydrogen gas before PSAgtaslfrom the PSA or the flue gas from
reformer [6]. The cost of CQavoided was estimated to be more than the @@ission tax
(that is between 10-2@/t-CO,) when 90% C@ is captured from the flue gas from the
reformer [6]. In another study by Spallina et &, [ it was reported that the addition of an
MDEA CO, capture process to the conventional SMR prbduction process reduced the
equivalent H production efficiency from 81% to 67%. Such a sabsgal drop in efficiency
has large negative implications on process ecorgrneading to a high CQavoidance cost
around €100/ton [7]. Cormos et al. [8] compared SBR auto-thermal reforming (ATR)
processes with C{rapture to produce pureH'he SMR and ATR processes were integrated
with gas-liquid absorption system to separate t@g, @nd the Hrich gas was further treated
in a PSA to produce >99.95% pure. Hhe SMR plant with C@capture is more energy and
cost efficient when compared to ATR plant for hyglko production [8].

Chemical looping reforming (CLR) [9] offers one gbn to this challenge by deploying an
oxygen carrier material to transport oxygen fromt@ifuel without the energy penalty usually
associated with air separation. However, the cotweal CLR process does not offer a
natural integration of the pressure swing adsompt{ffSA) off-gas fuel to supply the
reforming heat as in the conventional SMR prockdsas therefore been simulated in a pre-
combustion capture configuration using MDEA to captCQ with the H-rich off-gas being
used as a low-carbon fuel for power production [10]
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The integration of membranes into the CLR processachieve hydrogen production without
any energy penalty relative to conventional proegswsiithout CQ capture [7]. This
membrane-assisted CLR process could capture &@ negative cost due to the process
intensification achieved (His produced directly from the membranes with n@déor
downstream processing units). However; fembranes are still at an early stage of
development and will require extensive testinghm hostile fluidized bed environment before
this promising process can become commerciallyl@iab

An important practical challenge faced by all cheathlooping technologies is the scale-up of
the interconnected reactor configuration under ghessurized conditions required for high

process efficiency. Tightly controlled oxygen carrcirculation between the oxidation and

reduction reactors is required to maintain ovenadlss and energy balances for achieving
good fuel conversion. Oxygen carrier circulatiorsiongly influenced by the hydrodynamic

behaviour of each fluidized bed reactor as welthescyclones and loop seals between the
reactors, requiring slow and careful scale-up of technology. Pressurized operation
significantly adds to this complexity.

Several reactor configurations have been propasaddress this challenge, including packed
bed chemical looping [11], the rotating reactor][&48d gas switching technology [13]. This
paper will focus on the gas switching technologyerehthe oxygen carrier is kept in a single
fluidized bed reactor and alternatively exposeoxlizing and reducing gases. In this way,
the cyclones and loop seals required to circulate dxygen carrier material in chemical
looping technology are replaced by simple inlet audet valves. More importantly, the
reactor design is greatly simplified to a standalbnbbling fluidized bed, which can be easily
scaled up and pressurized. Packed bed chemicalntpapffers similar advantages, but
efficient operation is more challenging to achielve to the complex interaction between the
reaction and heat fronts moving through the reaegtbrch can cause high GKlippage [14].

The gas switching reforming (GSR) process illustlain Figure 1 will be the focus of this
paper. In GSR, the reactor cycles through thregsstexygen carrier reduction by PSA off-
gas fuel, steam methane reforming, and oxidatidgh air. Due to the dynamic gas switching
required in this process, a coordinated clustesevkral standalone gas switching reactors is
required to form a steady state processing unif. [ABother important feature of GSR
relative to CLR is that the reduction and reformstgps are inherently separated, allowing for
efficient integration of the PSA off-gas fuel [16Jvhich is important for maximizing
efficiency. This advantage has also been identibgdSpallina et al. [17] for hydrogen or
methanol production using packed bed gas switctefagming reactors.

It is noted that the GSR reactor concept has beeressfully demonstrated experimentally by
Wassie et al. [18] where the reactor performance wtadied as a function of reactor
temperature and cycle length (degree of oxygenietamatilization). Higher reactor
temperature results in higher conversion of fuel aence higher hydrogen yield, whereas
longer cycle lengths (higher degree of oxygen eartitilization) lowers the reactor
temperature during the reforming step and henogcesdthe fuel conversion.
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Figure 1. Left: The gas switching reforming reactor cycles through three steps: reduction, reforming and
oxidation. Right: A cluster of gas switching reforming reactors operating as a steady state processing unit.

The objective of this paper is to present a fifsit® kind system level analysis of the GSR
concept integrated into am, roduction plant. The proposed process configumatienoted
as GSR-H2, is designed to mitigate typical chaksngn hydrogen production with GO
capture such as:

* High efficiency penalty in the case of the convemél SMR plant with amine-
absorption based G@apture [7]. Aside from a small pressure drop, G8Roses no
energy penalty for CQseparation.

* A compromise between hydrogen purity and,Cfream purity in processes with
membrane-assisted or sorption-enhanced water-géisasidl reforming [19]. The
impure CQ stream from the PSA outlet can be efficiently cosibd in the GSR
reactors to yield good Gurity in addition to high Kpurity.

» Scalability of the chemical looping reforming preseat higher pressures. The simple
standalone bubbling fluidized bed reactors of GBfpkfy design and scale-up [20].

A first of its kind techno-economic analysis of & based combined cycle power plant,
referred as GSR-CC, was presented by Nazir eRa]. [The net electrical efficiency of the
GSR-CC plant was estimated to be between 45.1%4 @236, which is ~12%-point less than
the reference power plant without €€apture. The economic analysis revealed thatdnel
capital cost increases due to this relatively lagergy penalty were the major drivers of the
high CQ avoidance cost [21]. Further efforts to reduceeahergy penalty resulted in a GSR-
CC plant with efficiency penalty of 7.2%-points lvitespect to the reference power plant
without CQ capture [22]. Furthermore, since the GSR-CC paas produce a 99.99%
pure H stream that is combusted in the gas turbine tdym® power, it can be configured for
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flexible electricity and pure Hproduction. Such a flexible plant offers attraetieconomic
performance when balancing variable renewable gr{@g].

The energy penalty in the GSR-CC process was pityrettributed to the need to generate
steam for hydrogen production via steam methanermehg [22]. Since commercial ;H
production processes have similar steam requireanéns expected that GSR will compare
more favourably with benchmark technologies for rogegn production than power
production. In addition, the GSR process integrafar H, production is simpler and would
be implemented at a smaller scale than the integrdor power production. For these
reasons, hydrogen production is a more likely tarfge first deployment of the GSR
technology. Previous GSR power plant studies wese lanited to a GSR reactor pressure
close to 18 bar for efficient integration with tpewer cycle operating at pressure ratios
between 18-20 [21]. However, GSR for pure ptoduction does not face this limitation,
allowing the pressure to be freely varied as amuopation parameter.

This work therefore presents a thorough assessofiehé performance of the GSR-H2 plant
over a range of design conditions relative to anexice SMR plant. GSR-H2 is also simulated
without CQ capture to investigate the potential for earlyldgment of the technology before
strong climate policies and G@ansport and storage infrastructure are in pl&oiowing
these results, clear conclusions regarding thenpateof the GSR technology are presented
and the requirements for future work are outlined.

2 Processdescription of reference SMR and GSR-H2 plant

2.1 Reference steam methane reforming plant without CO, capture

A steam methane reforming (SMR) plant with a fitedular reformer (FTR) is considered as
the reference plant for hydrogen production in théper. The schematic of the process is
shown in Figure 2 based on the process describledeb@ Martinez et al. [24] and Spallina
et al. [7]. The SMR plant is reproduced in thisdgtto maintain consistency in the modelling
assumptions across all the studied process casgpical natural gas (NG) input of 10 TPH
is assumed as the basis for all the plants pres@mtéis paper.
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Figure 2: Schematic of the reference SMR plant that uses FTR for reforming without CO, capture.

NG is desulphurized, mixed with steam, pre-reforni@aonvert higher hydrocarbons and
sent for reforming in the FTR at 32.7 bar with &€ $atio of 2.7. The selection of the S/C ratio
is based on industrial practices to avoid catalgstctivation in the FTR [7]. A fraction of NG
(3%) is extracted after the desulphurization stegh @@mbusted along with the off-gas from
pressure swing adsorption (PSA) step in the buohehe FTR to provide the heat for the
reforming reactions. Nearly 80% of the €id reformed in the FTR to form syngas, which is
subsequently cooled and treated in the WGS re&ztoonvert the CO and B into CQ and
H,, before 99.999% pure,Hs recovered in the PSA. The pure id compressed and made
ready for transport. Steam needed for reformingrépared through heat recovery from the
hot streams in the process. The excess steam mwdsiexported.

2.2 Hydrogen plant with gas switching reforming and CO, capture (GSR-H2)

The GSR-H2 process comprises of a cluster of G2Rtoes for reforming NG, a WGS
reactor, a PSA unit, and,Hand CQ compression stages. It is similar to the conveatio
SMR process, where the GSR reforming step replheeBTR tubes, while the oxidation and
reduction steps replace the FTR furnace to achHr&@ off-gas combustion with integrated
CO, capture. The pressurized operation of the comtnustieps requires significant changes
to the heat integration and energy recovery styategipared to the reference plant.

A schematic of the base case GSR-H2 process isrshowigure 3. NG is desulphurized,

mixed with steam, pre-reformed to convert highedrbgarbons and pre-heated before
entering the GSR reforming step that is operat82at bar. The S/C ratio at the GSR inlet is
2.66, which is adjusted in every GSR-H2 simulatsonthat the PSA off-gas fuel (chemical

potential energy not extracted agiH the PSA) is just enough to supply the requaetbunt
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of heat to the reforming reaction. Steam neededréfwrming is produced through heat
recovery in a series of economisers and boilershasvn in Figure 3. NG is reformed with
steam in the presence of the Ni catalyst to formgag. The pre-heating of NG and the NG-
steam mixture in Hex 1, 2 and 3 respectively isedby recovering heat from the hot syngas
exiting the GSR reforming step. Similar to the refee plant, the syngas is treated in the
WGS reactor to produce a stream containing mostlandl CQ, after which 99.999% pure
H, is recovered in the PSA and compressed to 15@rwhB0 °C for export. The PSA off-gas
is compressed, pre-heated and sent to the GSRtimuwstep. The reduction step outlet
stream contains mostly G@nd HO, from which the KO is condensed, and the £8ream

is compressed for transport and storage. The redasggen carrier is oxidized with
compressed air during the oxidation step, leavihgtastream containing mostly,NThe N-
stream is cooled and then expanded in a turbinerdéieing vented.
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Figure 3: Schematic of the base case GSR-H2 plant that uses GSR for reforming (case Py ;)

This paper aims to identify suitable GSR operatorgssures for maximizing equivalent
hydrogen production efficiency. Hence, the GSR-IHZpss is designed and analysed for five
different GSR operating pressures between 10 and I&#, i.e. 10 ,15, 20, 25 and 32.7 bar.
Although most of the process remains the same sxxitled above for the process operating
at 32.7 bar, two important modifications are maoledifferent GSR pressures. First, in the
cases with 10-25 bar pressure, air for the GSRabixid step is compressed in one stage since
the final temperature of compressed air is witlhie limits of the compressor design (<500
°C). For the 32.7 bar case, air is compressed inst&ges with intercooling. Second, in the
cases with 10-25 bar pressure, Economiser 3 itedHid after the Ngas turbine. Two factors
are responsible for this change: 1) the turbineaeis less energy at low pressures, leaving
more energy in the turbine outlet gases and 2B#keratio for reforming becomes lower in
the 20 and 25 bar cases, so more energy can lactextrin the form of work by theoMas
turbine instead of raising steam for reforming. Hieangement for the 32.7 bar case is as
shown in Figure 3. Having higher pressures thar ®ar in the GSR reactor demands a
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higher S/C ratio, for which steam needs to eitleemipported from a source outside the plant
or produced on site by combusting additional fued separate boiler.

As discussed in more detail in the subsequentoeawbdelling section, the GSR-H2 process
is also analysed with increased heat capacity enthd reactors by assuming added thermal
mass in the form of metal rods that result in aldiog of the specific heat capacity. The main
effect of this modification is that lower S/C ratioan be used to achieve the required level of
methane conversion due to the higher average rafgriemperature, thus requiring less
energy for steam preparation. Four cases with 2032.7 and 40 bar pressure were analysed
for additional thermal mass in the GSR reactorsthla case, operation at 40 bar could be
achieved without the need for steam imports or ddit@nal boiler. Depending on the
pressure, these cases also required some modifisatd the M stream treatment when
compared to the GSR-H2 process described abovethEc20 bar case, both Boiler 3 and
Economizer 3 were moved to after the-gds turbine and additional heat was available for
producing steam at 6 bar that is exported. For2theind 32.7 bar cases, the $lream is
expanded in the gas turbine, and the remaining iheie turbine outlet gas is recovered to
prepare saturated steam at 6 bar for export. Id@hlear case, Boiler 3 is situated before the
turbine and the remaining heat in the expandedstkeam is then recovered to prepare
saturated steam at 6 bar for export. The definibbrihe cases analysed in this paper for
different GSR pressures and additional thermal nsasisown in Table 1.

Table 1: Definition of different cases for pressure and additional thermal massin the GSR

GSR Pressure Additional thermal mass Case defmitio

10 No Rc

15 No Rs

20 No Rc

20 Yes BotH

25 No Rs

25 Yes BstH
32.7 No R, 7(base case GSR-H2)
32.7 Yes B> itH

40 Yes RotH

3 Methodology and Assumptions

This section will be presented in two parts: rea@nond process modelling. In the reactor
modelling section, the methodology to obtain restribm a OD model of the GSR reactor is
presented. The reactor modelling section descthmperformance of the GSR reactor for the
base case, i.e. when the GSR reactor is opera&2l abar, both with and without additional
thermal mass. The concentration and temperaturglgsraluring each stage of the GSR
process is shown for these cases. The resultstiterD model of the GSR are then used in
the process model to carry out a system scale sinaly the GSR-H2 process and estimate
the key performance indicators like equivalent bg#gn production efficiency, CGQrapture
and avoidance rate and specific primary energy wopsion for CQ avoided (SPECCA).
The process modelling section outlines the methagdohnd assumptions to model the GSR-
H2 process followed by the equations to calculaeekey performance indicators. A simple



model to estimate the recovery of 99.999% pusefrbim the PSA system is also proposed
based on the data points available in literature.

3.1 Reactor modelling

The transient behaviour of the GSR reactor is nledeh Matlab R2018b by solving the
mass and energy balances of the reactor. This Oizhmbased on two primary assumptions:
1) that the reactor behaves as a continuous stiarddreactor (CSTR) and 2) that chemical
and thermal equilibrium is reached within the reacBoth these assumptions are reasonable
considering the excellent mixing of fluidized bexdwl the large dimensions of industrial scale
fluidized bed reactors. A previous experimentatigteshowed that the highly reactive oxygen
carrier employed in this work achieved equilibriwonversion even in a lab-scale reactor
[18], adding further confidence in this assumptidore details regarding the balance and
chemical reaction equations that are solved irDibenodel can be found in a previous study
[21].

The only important modification in this study isatlthe percentage oxygen carrier utilization,
i.e. the percentage of the 30 mass% active Ni enakygen carrier that is oxidized in the
oxidation step, is set equal to the reactor pressubars. This is done to keep the undesired
mixing when switching between the different readt@ps close to constant for the different
reactor pressures considered in the present sthdg, maintaining a similar level of GO
capture in all cases for ease of comparison.

Figure 4.a shows the general behaviour of the G&ietor over a full cycle of operation in
the base case. In the reduction step (0-1 on #pasy; the fuel in the PSA off-gas reduces the
oxygen carrier, yielding an outlet stream consgstiminly of CQ and HO. In the reforming
step (1-4 on the x-axis), methane is reformed tdrdiyen and carbon monoxide. The reactor
temperature drops rapidly in this step due to tlghlhr endothermic reforming reaction.
Finally, in the oxidation step (4-5 on the x-axtfle oxygen carrier is oxidized by air, heating
the reactor during the highly exothermic reactibhe undesired mixing of nitrogen into the
reduction step and carbon dioxide into the oxidgesitep can also be observed.

Figure 4 shows the effect of reactor pressure erfaBR behaviour. Since the oxygen carrier
utilization is kept proportional to the pressurbke tstep length increases with increasing
reactor pressure. As a result, the temperaturati@mi across the cycle is larger in Figure 4.a
than in Figure 4.b. Since the maximum temperatutée cycle is maintained at 1100 °C, this
leads to lower temperatures being reached in thbehipressure cases, which results in a
lower average methane conversion across the epfweming step. This is clearly visible in
Figure 4, where the 32.7 bar case showed signtfi€iy, slip towards the end of the
reforming step, while ClHconversion in the 15 bar case is almost complete.
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Figure 4: The temperature and composition as a function of the number of reduction step lengths for a full cycle
of the GSR for a) a reactor pressure of 32.7 bar and b) a reactor pressure of 15 bar. The reduction step lengths
are 401 sand 136 srespectively. Both cases are without added reactor thermal mass.

To counteract this challenge, additional cases welleded where it was assumed that steel
rods are inserted into the reactor such that tfextefe heat capacity of the oxygen carrier
doubles. This will require about 25% of the reaatolume to be filled with steel rods and a

33% increase in total reactor volume to keep thigeceactor volume constant. As shown in

Figure 5, doubling the heat capacity in the reaetfactively halves the temperature variation

throughout the cycle for the same oxygen carrigization. Consequently, the case with the

added thermal mass leads to a significantly higiverage temperature in the reforming step,
resulting in a higher methane conversion. The 0% ratio used in the case with added
thermal mass is also clearly visible in the streammpositions in Figure 5.b, showing lower

H.O and higher CO fractions in the reforming step.
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Figure 5: The temperature and composition as a function of the number of reduction step lengths for a full cycle
of the GSR for a) without and b) with added reactor thermal mass. The reduction step lengths are 401 sand
315 srespectively. In both cases the reactor is operated at 32.7 bar.

3.2 Process modelling

All process components are modelled in Aspen HW§$ [25], except the GSR reactor,
which is modelled in Matlab. The Peng-Robinson équaof state is used to estimate the
thermodynamic properties of the components andnihbeures in the streams. A counter-
current shell and tube configuration is assumedHherheat exchangers, boilers, economisers
and superheaters. The pre-reformer and the FTRagdelled using the Gibbs reactor module
and the WGS reactor using the equilibrium reactodate in Aspen Hysys, whereas the PSA
Is modelled as a black box with the Kcovery estimated from Eq. 1. Key process mautglli
assumptions are summarized in Table 2.

Table 2: Modelling assumptions employed in the SMIR and GSR-H2 process simulations

Components SMR plant | GSR-H2
* 70 barand 15 °C
NG conditions * Mole composition: 89% methane, 7% ethane, 1% pm@pgan

0.06% n-butane, 0.05% i-butane, 0.89% 20 CQ

Pressure drop in heat Gas side: 2% of the inlet pressure

exchangers » Liquid side: 0.4 bar
P'olytroplc efficiency of the 80% )
air blower

Polytropic efficiency of the

. - 92.5%
air compressor

Pressure drop in the pre-

0 .
reformer and WGS reactor 1% of the inlet pressure

Pressure drop in the 1% of the inlet pressure in th

reforming reactor FTR 90_5 bar in the GSR

* H, stream pressure is 1% | H, stream pressure is 1%

Pressure across the PSA less than the inlet pressure| less than the inlet pressur

(D
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* PSA off-gas is at 1.18 bar
pressure

* PSA off-gas is at
atmospheric pressure

Combustor pressure drop

1% of inlet pressure

Polytropic efficiency of
hydrogen compressors

80%

Polytropic efficiency of CQ| 80%
compressor ’
Polytropic efficiency of i 80%

PSA off-gas compressor

Adiabatic efficiency of the
pumps

80%

Fresh water conditions

15 °C at 1.01325 bar

Cooling water conditions

17 °C at 2.92 bar (12 i¥e for cooling)

Polytropic efficiency of
steam turbine

80%

Polytropic efficiency of gas
turbine (N-gas turbine)

92.5%

Minimum approach
temperature in heat
exchangers

e 20 °C for gas to gas

e 10 °C for gas to liquid or liquid to gas

CO, stream for transport
and storage

e 25°C

* Final compression
pressure (113-117 bar)
dependent on the qualit
of the stream. The
stream needs to be in
liquid state.

y

H, stream for
transport/storage

30 °C at 150 bar

Exported steam conditions

6 bar and 165 °C

Satisieam at 6 bar

The recovery of 99.999% pure s based on Eq. 1, whePg andP, are the pressures of the

PSA feed and off-gas streams respectively. Thisgu is deduced from four data points [7,

26-28] that were available for high purity Hroduction from PSA in the literature. Although

the equation does not capture the exact behavibtmieoPSA unit, Figure 6 shows that it

provides a reasonable estimate over the rangeesgpre ratios investigated in this study and
that more detailed PSA modelling would only yieldnginal increases in accuracy.

100

Eq. 1
0.2521(%)+1.2706

H, recovery in PSA (%) = 100 —
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Figure 6: The match between Eg. 1 and the four datapoints from which it was derived to estimate hydrogen
recovery around the PSA

Several performance indicators for the hydrogemdpcton processes are defined below.
Some indicators use the equivalent NG consumeldeirptocess as given by Eq. 2, whéke

is the net electrical power production a@g is the thermal energy exports in the form of 6
bar saturated steam. The constants 0.9 and 0.&8tharefficiencies associated with using
natural gas for steam generation in a boiler andgpg@roduction in a combined cycle power
plant respectively [7].

Qh _ Wer

Megneg = Myg X LHVyg — 09 0583

Eq. 2

ch = Mgteam export X (hsteam@ébar - hliqsat@6bar) EQ- 3

The hydrogen production efficiency and equivalegtirbgen production efficiency are
defined as follows:

100% X iy, XLHVy,

Ny, =

- Eq. 4
mpyg XLHV NG

100% X iy, XLHVy,

NeqH, =

5 Eqg. 5
meq,NGXLHVNG

Next, the CQ capture and Cfavoidance are defined, whelfge = 56.8 @o,/MJiny is the
CQO; intensity of natural gas combustion, wheras= 63.3 ¢o,/MJ andEq = 97.7 go,/MJ

are the avoided CQOntensities of steam and electricity exports retipely [7]. The values of
Ew andEg depend on the efficiency of converting natural gasteam (0.9 in Eq. 2) and
power (0.583 in Eqg. 2).
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100% X mass of CO, captured

cCc = - Eq. 6
mygXLHV NG
CA = - 100% X mass of CO, captured Eq.7
MyGXLHVNGXENG=QthXEth—W el XEel
The process CLntensity and its equivalentdg,/MJ) are expressed as follows:
__ mass of CO, emitted
Ecoz = M2 XLHV b7 Eq. 8
mass of CO, emitted — QepXEtp—W e XEg
Eeq’coz = = = Eq 9

My, XLHV 4,

Finally, the specific energy consumption for £@voidance (MJ/kgb,) is calculated
according to Eq. 10.
1 1

SPECCA = 1000 x —=at2z feqHzref Eq. 10

Eeq,COZ,ref _Eeq,COZ

4 Resultsand Discussion

The main results for the analysis for the SMR ar8R&12 plants are shown in Table 3.
Process performance for each case is quantifigdrms of equivalent hydrogen production
efficiency, CQ avoidance and SPECCA. The results for differeaesare discussed below.

4.1 Reference SMR plant and base case GSR-H2 plant (Ps,7 case) analysis

The reference case SMR plant is simulated baséldeoplant described in Martinez et al. [24]

and Spallina et al. [7]. The calculated equivaleydrogen production efficiency is 79.28%,

which is slightly below the 81-83% range in thetedies [7, 24]. This difference is mainly

attributable to differences in the PSA hydrogerovecy percentage, which is set to 86.57%
in this paper (based on the Eq. 1) as opposed%iB83nhe aforementioned works.

The base case GSR-H2 process (casg Bhows an 8.1 %-point better hydrogen production
efficiency than the reference SMR plant, but theiegent hydrogen production efficiency is
3.8 %-points below the reference because of thie hed electric power consumption of the
GSR-H2 plant. The main efficiency penalty in theR5I82 plant with respect to the SMR
plant comes from the air compressor, off-gas cosgmeand the CQOcompression train,
although some of this power consumption is candediet by the Ngas turbine. The SMR
plant, on the other hand, has a steam turbine parek the high-pressure steam (92 bar)
produced through heat recovery in the process, adgttitional low-grade heat export in the
form of 6 bar steam. As a result, the net ele¢yriconsumption in the reference SMR plant is
0.43 MW and 4.5 TPH of 6 bar steam is exported,redeethe base case GSR-H2 plant has a
net electrical consumption of 10.56 MW with no steaxport. It can be noted that the
exported steam has a low economic value and, ifoilvegrade thermal energy in this stream
is neglected in Eqg. 2, the equivalent hydrogen pectdn efficiency of the reference case
drops to 77.48% (only 2 %-points higher than thdR&® base case). When considering only
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high-grade energy in the form of,tnd electricity, the GSR-H2 plant produces 10.3 MW
(LHV) more H, and consumes 10.1 MW more electricity than the SN#Rt. It will therefore
be more competitive in regions with access to lostelectricity.

The base case GSR-H2 plant has a high €&Pture ratio of 96%, but a lower g@voidance

of 84% because of the G@missions from the consumed electricity. The SPEGE the
base case GSR-H2 plant is 1.06 MJ/kg-C® summary, the base case GSR-H2 plant has an
equivalent hydrogen production efficiency penalty8@ %-points with 84% C@avoidance
relative to the reference SMR plant without £€apture. This result compares favourably
with conventional post-combustion @@apture that shows an efficiency penalty of 14 %-
points with 79% C@avoidance [7].
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Table 3: Main results for reference SMIR plant and the GSR-H2 cases defined in Table 1

Cases Units SMR GSR-H2 process
Pio Pis Pao Pao.1H Pas Pas.th Ps2.7 Ps2.7.H Pao-th
(Base
case)
Megne (EQ. 9 TPH 9.83 11.46 11.27 11.14 10.75 11.19 10.76 11.40| 10.76 10.87
Steam to Carbon ratio 2.70 2.99 251 211 1.95 421 1.82 2.66 1.80 1.92
H, produced TPH 3.02 3.12 3.24 331 3.24 3.33 3.28 333. 3.30 3.30
Hydrogen production efficiency (Eq. 4 % 77.92 80.42 83.61 85.27 83.64 85.90 84.74 86.03 0085. 85.22
Equivalent H production efficiency (Eq. 5 % 79.28 70.17 74.22 76.54 77.83 76.76 78.79 75.45 0179. 78.37
Electricity Consumed
Air compressor/blower MW 0.33(0.39) | 4.36(5.03)| 5.09(5.65 5.63 5.86 (6.51) | 6.11(6.60)| 6.37(6.98 6.78 6.98 (7.63) | 7.22(7.86)
(MJ/kg-H,) (6.13) (7.32)
H, compressors MW 2.58(3.08) | 4.92(5.68)| 4.37(4.85 3.82 3.74 (4.16) | 3.47(3.75)| 3.43(3.75 2.90 2.86 (3.13) | 2.50(2.73)
(MJ/kg-Hy) (4.16) (3.13)
Pumps MW 0.13 (0.15) | 0.05(0.06)| 0.04 (0.05 0.04 0.04 (0.04) | 0.05(0.05)| 0.04(0.04 0.06 0.04 (0.05) | 0.05 (0.06)
(MJ/kg-Hy) (0.05) (0.07)
Off-gas compressor MW 3.81(4.40) | 4.05(4.50)| 4.22 4.25(4.72) | 4.31(4.66)| 4.41(4.83 4.41 4.56 (4.98) | 4.46 (4.86)
(MJ/kg-Hy) (4.59) (4.76)
CO, compression MW 1.98(2.28) | 1.53(1.69) 1.22 1.26 (1.39) 1.01(1.09)| 1.04(1.14 0.87 0.81(0.88) | 0.64 (0.70)
(MJ/kg-H,) (1.33) (0.94)
Electricity Produced
Steam Turbine MW 2.61 (3.11) - - - - - - - - -
(MJI/kg-Hy)
N.-gas turbine MW 411 (4.74) | 5.55(6.17)| 6.34 8.01(8.90) | 5.99(6.47)| 8.22(9.00 4.46 8.52(9.31) | 7.89(8.60)
(MJ/kg-Hy) (6.91) (4.82)
Net Electric Power MW -0.43 -11.01 -9.53 -8.59 -7.14 -8.96 -7.06 -10.56 -6.73 -6.98
(MJ/kg-H,) | (-0.51) (-12.71) (-10.58) (-9.35) (-7.92) (-9.69) (-7.74) (-11.40) | (-7.36) (-7.61)
Steam Exported (6 bar) TPH 4.52 0.00 0.00 0.00 4.00 0.00 3.63 0.00 2.70 1.07
Qun(Eq. 3 MJ/hr 9592 0 0 0 8444 0 7653 0 5702 2246
Specific CO, emissions (Eq. § g-CO/MJ 72.90 2.08 1.98 2.00 1.95 2.04 1.95 212 2.00 .04 2
Equivalent CO, specific emissions (Eq. 9 g-CO/MJ 71.64 12.44 10.60 9.62 7.03 9.93 7.02 11.40 77.0 7.87
SPECCA (Eq. 10 MJI/kg-CQ 2.77 141 0.73 0.36 0.67 0.12 1.06 0.07 0.23
CO, captureratio (Eq. § % 96.61 96.87 96.60 96.60 96.14 96.97 96.21 96.57 .1996
CO, avoidance (Eq. 7) % 84.26 85.96 86.69 89.88 85.90 90.14 84.35 89.75 4488
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4.2 GSR-H2 process performance at different GSR operating pressures

The GSR operating pressure affects the performahtlkke GSR-H2 process in terms of
the average temperatures in the different GSR stedshe energy recovery from the N
stream (Table 4). In general, higher reactor pressuequire more oxygen carrier
conversion in each step, leading to a lower avemgéet temperature given the fixed
maximum temperature of 1100 °C (see Figure 4). Tkuction in average reactor
temperature has an adverse effect on the equitibganversion of methane to syngas,
which requires the use of a higher S/C ratio. Tighdr PSA efficiency at higher pressure
ratios (Figure 6) offsets this effect to a certdegree because the process energy balance
can facilitate lower Cllconversion if more of the converted fuel can beaeted as K
This trade-off results in a minimum S/C ratio ie 0-25 bar range (Table 3).

Table 4 indicates that this minimum S/C ratio cspends with a minimum in WGS inlet
temperature and air flowrate as well as a maximumd,tgas turbine inlet temperature. As
shown in Figure 3, the steam required for the GSRpkbcess is produced by recovering
heat from the shifted syngas from WGS, reductiotlebstream from Hex 5, and the N
stream from the GSR oxidation step. For high St@sathe steam requirement is high and
hence more heat is recovered from thesMeam resulting in lower MNyas turbine inlet
temperatures. The work output from the turbine figretion of the TIT and the Nstream
flow that is proportional to the airflow in the otation step of the GSR. Greater steam
requirements also mean that more of the energy thenfuel must be converted to heat for
raising steam. More fuel must therefore be comlbusigng oxygen from a larger air
stream. The small reduction in WGS inlet tempegatuith lower S/C ratio is due to more
cooling of the syngas stream in Hex 1 in Figuré tBé stream contains less sensible heat
from steam.

Table 4: Conditions in the GSR and the N,-gas turbine for different pressure conditions in the GSR-H2

process
Cases B P15 Pao Pas P27
Steam to carbon (S/C) ratio 2.99 2.51 2.11 2.14 62.6
Reforming inlet Temperature (°C) 900 900 900 880 582
Syngas temperature (°C) 1059 1037 1012 985 939
WGS inlet temperature (°C) 316 311 296 291 302
Reduction step outlet temperature (°C 1097 1097 9510 1090 1080
Oxidation step outlet temperature (°C) 1068 1050 3210 1014 990
TIT for N,-gas turbine (°C) 507 720 827 743 456
Air flowrate to GSR (TPH) 52.8 49.0 46.6 45.3 45.5
Heat rejection to cooling water (MW) 21.62 16.95 A 13.48 14.77

Table 3 shows that Htompression work reduces at higher GSR operatiegspres, since
the H, stream exits the PSA unit at higher pressure.iffafscant difference is observed in
the pump work for different cases. The PSA off-gasipressor work increases for higher
GSR reactor pressures, whereas the €if@am compression work reduces.
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The hydrogen production efficiency of the GSR-Haqgass increases with GSR operating
pressure. The equivalent hydrogen production efficy increases for design pressures
between 10 and 25 bar, after which it starts deangaagain. This result indicates that
minimization of the S/C ratio by optimizing the dexoff between the high GSR reforming
temperature at low operating pressures and the RIBA efficiency at high operating
pressures is the most important factor.

The most direct measure of the effect of S/C ratigplant efficiency is the heat rejection
from the low-temperature condensation of excesamst@ Hex 4 and Hex 6 in Figure 3.
As shown in Table 4, lower S/C ratios reduce theowam of heat rejection to cooling
water, leaving more energy for recovery gsfidm the PSA and electricity from the,N
gas turbine.

For all the cases, the G@apture and avoidance remain above 96% and 848éateely.
Hence, 25 bar is an optimum pressure in the GSRtdduce hydrogen from the GSR-H2
process with higher efficiency and €Capture. An economic assessment of the process,
which is not in the scope of this study, will givere understanding in choosing the design
pressure in the GSR. However, ptoduction from natural gas is sensitive to thd fuest

[7], implying that the most efficient plant will sblikely be the most economical.

4.3 GSR-H2 process performance with added thermal massin thereactors

The objective of adding more thermal mass inside @6R reactor is to reduce the
temperature drop during the endothermic reformitggp so that the reforming is carried
out at a higher temperature (see Figure 5). THawval the required degree of methane
conversion to be achieved with lower S/C ratioguké 7 (a, b and c) shows that the
temperatures of the GSR outlet streams increasefisantly when additional thermal
mass is assumed in the GSR reactors. This is dubetdower degree of temperature
variation below the maximum temperature of 1100rf@e GSR cycle.

In Figure 7 (e and @), it is noticeable that the mafiog inlet and WGS inlet temperatures
are higher for the cases with additional thermassnd he temperature increase in these
streams is caused by the higher syngas temperatutiee GSR reforming step outlet
(Figure 7.c) when additional thermal mass is inetlldA higher syngas temperature can
achieve more fuel pre-heating in Hex 3 in Figur@n8 leaves more enthalpy in the stream
exiting Hex 1 before the WGS reactors.

The GSR reforming inlet temperature was cappe®@t’€, resulting in a larger difference
between reforming inlet and outlet temperatureféncases with added thermal mass. This
larger temperature difference requires slightly enfurel to be combusted to heat up the
incoming gas streams. As a result, the air flovthi oxidation step of the GSR (Figure
7.d) is 3-5% higher for the cases with additioh&rinal mass to supply additional oxygen
for fuel combustion, which is also reflected in tiecompression work in Table 3.

As mentioned earlier, the main benefit of adding ttiermal mass to the GSR reactors is a
lower S/C ratio. Because of the lower S/C ratid, thé steam for reforming can be
produced by heat recovery from shifted syngas dlfterWWGS reactor and the reduction
outlet stream from Hex 5 in Figure 3. Therefore, tlot N stream from the GSR oxidation
step can be directly expanded in thedds turbine to extract maximum work. It is seen in
Figure 7.fthat the TIT for the Btgas turbine is higher in the cases with addedntbaker
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mass. The heat from the, Ntream after expansion in the-bis turbine is recovered to
produce saturated 6 bar steam, which is exported.

The equivalent hydrogen production efficiency oé tbases with added thermal mass
(Figure 7.h) is higher than the cases without @oltél thermal mass. This is due to the
lower steam requirement, which allows more of thergy in the N stream from the GSR
oxidation step to the converted to electricity @&t of raising additional steam. Figure 7.h
also shows that the optimum operating pressuren®rGSR-H2 process is higher when
additional thermal mass is included in the reactGese B..;.t1 has the highest equivalent
hydrogen production efficiency of 79.01%, which asly 0.27%-points less than the
reference case SMR plant without £€apture. The SPECCA for the GSR-H2 process in
case By 7.tuis as low as 0.07 MJ/kg-GQconfirming that the GSR-H2 process has a high
potential to efficiently produce hydrogen with rgacomplete CQ capture. However,
electricity imports remain significant and g€@voidance is therefore dependent on thg CO
emissions intensity of the imported electricity.
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Figure 7: Effect of additional thermal mass on conditionsin the GSR-H2 process for different pressuresin
GR

4.4 GSR-H2 without CO, capture

The equivalent hydrogen production efficiency oe tSR-H2 process without GO
capture is shown in Figure 8 for all the casesnéefin Table 1. Instead of Hex 6 and the
CO, compression step in Figure 3, a turbine is useekpmand the COstream to produce
additional power before venting to the atmospherberefore, the overall power
consumption in the GSR-H2 process is reduced aacetjuivalent hydrogen production
efficiency increases by about 3 %-points. Figush8ws that the GSR-H2 process without
CO, capture has higher equivalent hydrogen produdctitiniency than the SMR process
for the cases with an operating pressure of 202tndbar. All the cases with additional
thermal mass in the GSR reactor have a higher alpmivhydrogen production efficiency
than the SMR process.

The superior thermodynamic performance of the G&ktept relative to the conventional
SMR plant is encouraging. Since efficiency hasrgdanfluence on process economics, it
is possible that the GSR-H2 plant without captuee ©®utcompete conventional,H
production processes under current market conditilmthis case, GSR-H2 plants without
CO, capture can be constructed independently of dpusats in climate policies. When
CO, prices eventually increase strongly and ,Q&ansport and storage infrastructure
becomes available, the plant can easily be retedfitor CQ capture by simply adding a
CO; purification and compression train at a smalloggincy penalty of around 3 %-points.
In contrast, retrofitting conventional SMR plantéhapost combustion C{capture will be

a much more complex and expensive operation thetlteein an efficiency penalty of
around 14 %-points [7]. Future economic assessnstmdies will investigate this
possibility in detail.

22



[e0]
=

80
78
76
74

72
5 10 15 20 25 30 35 40 45

Pressure in the Reformer (bar)
B SMR without CO2 capture
GSR without additional thermal mass and without @@gture
GSR with additional thermal mass but without COgtase

Equivalent Hydrogen Prodcution Efficiency (%)

Figure 8: Equivalent hydrogen production efficiency of SMIR and GSR-H2 process without CO, capture and
compression for storage

45 Roleof steam and electricity utilities

As seen in Table 3 and the discussion above, &iggtconsumption and steam exports
significantly influence the equivalent hydrogeni@éncy. In the cases presented above,
electricity is imported from the grid where the gersion of natural gas to electricity is
carried out in natural gas combined cycle (NGC@pfd. In addition, it is assumed that the
excess steam produced from the process is expintgutoductive utilization in a facility
nearby.

However, to make the hydrogen plant independetiiefexports and imports in terms of
steam and electricity, two scenarios are discussethe cases defined in Table 5. All the
GSR cases in Table 5 assume a GSR operating peesgual to 32.7 bar. In scenario 1,
the steam exports remain the same and are assuniex dxported to a facility nearby,
whereas the net electrical efficiency of the povpdant that provides the required
electricity is varied between 20% to 70%. The cleaimgpower plant efficiency is reflected
in Eg. 2, where the constant 0.583 (net electetfatiency of a NGCC plant) is replaced
with the respective net electrical efficiency. lexample, the net electrical efficiency of a
NG fired boiler integrated with a steam turbinebestween 20-30%, whereas advanced
combined cycles could have efficiencies in excé€0o.

The change in the power plant efficiency also affélse CQ avoided and equivalent GO
emissions according to Eq. 11 and Eq. 12 respégtoansidering the term dechanges
according to (kRc/power plant efficiency).

In scenario 2, the excess steam from the proctsanisexport) is expanded (to 0.05 bar) in
a steam turbine (polytropic efficiency of 80%) ot swhereas the net electrical efficiency
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of the power plant is varied between 20% and 70B&. Main results for the two scenarios
are discussed below.

Table 5: Definition of cases to study the scenarios for steam and electricity sources (GSR pressure = 32.7
bar)

Case Definition
SMR SMR plant without C&capture
GSR-i GSR-H2 plant without Capture and no additional thermal mass
GSR-ii GSR-H2 plant with C©capture and no additional thermal mass (case
Ps,;in Table 1)
GSR-iii GSR-H2 plant without C&£capture and with additional thermal mass
GSR-iv GSR-H2 plant with COcapture and additional thermal mass (cage-P
T in Table 1)

45.1 Scenario 1: Steam is exported and electricity feodifferent source

As seen in Figure 9.a, the SMR plant is not sesestt the power plant efficiency since the
electricity requirements are small (Table 3). AletGSR plants are more sensitive to
electricity conversion efficiency because of th&ibstantial power consumption. If a NG
boiler integrated with steam turbine is used onfsiteelectricity production (assuming the
net electrical efficiency of it to be 30%), GSR-lgant with CQ capture (GSR-ii and
GSR-iv) will have 5-11 %-point less equivalent hygen production efficiency than the
SMR plant without capture. However, as seen in iega.b, the C® emissions will
significantly reduce in the cases for GSR-H2 witB,Capture, although lower efficiency
power cycles significantly increase equivalent emiss. Figure 9 also shows that GSR-H2
plant without CQ capture (GSR-iii) will outperform the SMR plant lasg as the power
plant efficiency is above 35%.
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Figure 9: Results for scenario 1. a) Sensitivity of equivalent hydrogen production efficiency with the power
plant efficiency b) Equivalent CO, emissions from the hydrogen plant at different power plant efficiencies
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4.5.2 Scenario 2: Steam is expanded in turbine and aggtirom a different source
Since the SMR plant exports the most steam, it balimost affected when steam exports
are not possible, requiring on-site expansion tmpce power at a low efficiency. In this
scenario, the equivalent hydrogen production efficy of the SMR plant is 2%-points less
than the case where steam is exported. In contitastchange in equivalent hydrogen
production efficiency of the GSR-H2 process witld amthout CQ capture is less than
1%-points between scenario 1 and scenario 2 dieer production of excess steam. As
expected, Figure 10 shows similar trends to Fi@umith the main difference being better
performance of the GSR plants relative to the SMRRchmark. The equivalent GO
emission trends in scenario 2 (Figure 10.b) agh#di higher than observed in scenario 1,
since the energy conversion factor to expand exstessn is less than using it for heating
in a nearby facility.
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Figure 10: Results for scenario 2. a) Sensitivity of equivalent hydrogen production efficiency with the power
plant efficiency b) Equivalent CO, emissions from the hydrogen plant at different power plant efficiencies

5 Conclusions

This study investigated the efficiency of the gastching reforming (GSR) process for
producing pure hydrogen with integrated 8@pture. GSR has high fundamental potential
for efficient production of clean hydrogen becatise heat for the endothermic steam
methane reforming reaction can be produced by cetmiguthe PSA off-gas fuel with
inherent CQ capture without incurring a direct energy penalty.

The GSR operating pressure has an important efiecthe GSR-H2 process. If the
pressure becomes too low, the achievablaséparation efficiency in the PSA unit reduces
substantially, thus lowering the overall procediieincy. On the other hand, excessively
high pressures limit the methane conversion inGI&R reactors with the same negative
effect on process efficiency. An intermediate pues®f 25 bar was found to be optimal in
this case, returning an equivalent pfoduction efficiency that is 3.8 %-points lowhai
the reference SMR plant without G@apture for a SPECCA of 0.67 MJ/kg-£0O
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GSR-H2 process efficiency could be further improvwsd adding thermal mass to the
reactors to reduce the amount of temperature v@macross the transient GSR cycle. This
allowed for higher reforming temperatures, in tatlowing for high methane conversion
with lower S/C ratios. Lower steam requirementsvadd more of the fuel energy to be
converted to electricity instead of raising steam)s increasing the equivalent, H
production efficiency. As a result, the added tredrmass almost eliminated the energy
penalty of the process with an insignificant SPEGEA.07 MJ/kg-CQ.

The GSR-H2 process demands higher electricity itspahen compared to the SMR
plant, but is less dependent on steam exports.eldre; GSR-H2 becomes less attractive
when all power must be produced on site, but mtiraciive when steam exports are not
possible. A fully independent plant that expandsatess steam in a steam turbine and
produces all power requirements onsite with a tlaefficiency of 30% will increase the
SPECCA of the GSR-H2 process to 1.15 MJ/kg-@@d reduce the Cavoided by 6 %-
points.

When the CQ stream produced by the GSR-plant is expanded and vented instead of
compressed for transport and storage, the hydrpgeduction efficiency increases by
about 3 %-points, outperforming the reference SN#Rtp Future work will investigate the
economic performance of the GSR-H2 process withvétitbut CQ capture to determine
whether the attractive efficiencies translate ictmmpetitive H production costs. In
particular, the economic assessment will investigat interesting business case where
GSR-H plants are constructed without €€apture under current market conditions to be
easily retrofitted for C@ capture with a minimal energy penalty when ,Cfrices
eventually rise to high levels.

GSR-H2 is therefore seen as a promising methoctlEan B production. The simple
standalone bubbling fluidized bed GSR reactors daggned for easy operation under
pressurized conditions, allowing for rapid scale-ljpe primary technical uncertainty
arises from the need for high temperature valvésréand after the reactors for operation
in the temperature range of 1000-1100 °C. In aolditthe longevity of the proven and
highly reactive oxygen carrier employed in thisdstushould be thoroughly tested.
Following these steps, the GSR-H2 process will beable candidate for producing clean
hydrogen without a significant energy penalty rie&ato the benchmark process.
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Highlights:

* Process design of the pure-H, production plant with CO, capture (GSR-H2) is
presented

*  Optimum design pressure for the gas switching reforming (GSR) reactor is identified

*  GSR-H2 with 96% CO, capture shows only 3.8%-point efficiency penalty relative to
conventional H, production process

* The efficiency penaty in GSR-H2 is eliminated by including additional thermal mass
in the GSR reactor
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